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Boğaziçi University

2020



iii

ACKNOWLEDGEMENTS

I would like to express my sincere thankfulness to my thesis supervisor Prof. Dr.

Ahmet Kerim Avcı for endless support, patience and trust in me. Working with him

was a privilege and I consider myself fortunate.

I would like to express my sincere gratefulness to my thesis co-supervisor Prof.
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ABSTRACT

A STUDY ON CATALYTIC DIMETHYL ETHER

PRODUCTION FROM SYNTHESIS GAS WITH CO2

Increasing concerns on the emissions of hazardous species have boosted e↵orts

towards development of cleaner alternatives of the conventional, crude-oils based fu-

els. In this respect, dimethyl ether (DME) is envisioned as a promising replacement

of the present fuels due its numerous benefits such as non-toxicity, SO2 and soot free

combustion and compatibility with the existing fuel distribution and processing in-

frastructures. DME synthesis involves conversion of synthesis gas (H2+CO+CO2) on

methanol synthesis and dehydration catalysts. If catalysts are present in the same

reactor, used method is called direct DME synthesis, otherwise is called indirect DME

synthesis. The present study involves the direct route, i.e. the physical mixture of

Cu-ZnO/�-Al2O3 and �-Al2O3, catalysts for methanol synthesis and dehydration, re-

spectively. Synthesis gas (syngas) is formulated either as CO+H2 or CO2+H2, with the

latter being much less studied and technically more di�cult. Catalyst configuration,

GHSV and pressure tests were conducted when the carbon source in syngas was CO.

Replacement of CO with CO2 necessitated a more active dehydration catalyst, which

was obtained by impregnating PTA on �-Al2O3. Relative amounts of the catalysts

and molar inlet H2/CO2 ratio were also studied as additional parameters. Moreover,

sorption assisted CO2-to-DME conversion was also investigated. For the mixed config-

uration of catalysts and sorbent (Zeolite 3A), 30 wt.% PTA impregnation on �-Al2O3

and 3 g sorbent addition were found as the optimum case at 225 0C, 30 bar, H2/CO2 =

3, dehydration to synthesis catalysts ratio = 2, GHSV = ⇠ 1750 h-1. Sorbent addition

led to a notable increase in CO2 conversion and DME yield without sacrificing from the

exit DME molar flow rate. Sorption capacity recovery of the sorbent upon regeneration

was also investigated.
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ÖZET

CO2 İÇEREN SENTEZ GAZINDAN DİMETİL ETHER

ÜRETİMİ

Zararlı maddelerin emisyonlarına karşı artan kaygı geleneksel fosil yakıtlara al-

ternatif temiz yakıt üretimi için olan çalışmaları arttırmaktadır. Bu bağlamda, dimetil

ether (DME)’in toksik olmaması, yanması sonucu SO2 ve is üretmemesi ve mevcut yakıt

dağıtım ve işleme altyapısıyla uyumlu olmasından DME güncel yakıtların yerini almak

için umut vaat etmektedir. DME sentezi sentez gazının (H2+CO+CO2) metanol sen-

tez ve dehidrasyon katalizörleri üzerinde dönüşümünü içermektedir. Katalizörler aynı

reaktörde mevcutsa kullanılan metoda direkt DME sentez metodu denir diğer türlü

metoda indirekt DME sentez metodu denmektedir. Mevcut çalışma sırasıyla metanol

sentez ve dehidrasyon katalizörleri olan Cu-ZnO/�-Al2O3 ve �-Al2O3 fiziksel olarak

karıştırıldığı direkt metodu içermektedir. Sentez gazı CO+H2 ya da CO2+H2 olarak

hazırlanmaktadır ve ikinci formülasyon teknik olarak daha zor olmakla beraber daha

az çalışılmıştır. Katalizör konfigürasyon, GHSV ve basınç testleri sentez gazındaki

karbon kaynağı CO iken yapılmıştır. CO’in yerine CO2’in kullanılması daha aktif de-

hidrasyon katalizörü olan PTA emdirilmiş �-Al2O3’nın kullanılmasını gerektirmiştir.

Katalizörlerin görece miktarları, giriş molar H2/CO2 oranıyla beraber ek parame-

treler olarak çalışılmıştır. Sorban destekli CO2’tan DME sentezi ayrıca incelenmiştir.

Katalizörler ve sorbanın (Zeolite 3A) karışık olduğu durum için 225 0C’de ve 30 bar’da,

H2/CO2 = 3, dehidrasyon katalizörüne sentez katalizörü oranı = 2, GHSV = ⇠ 1750

h-1 iken ağırlıkça %30 PTA emdirilmiş �-Al2O3 ve 3 g sorban ilavesi optimum du-

rum olarak tespit edilmiştir. Sorban ilavesi çıkış DME molar akış miktarından feragat

etmeden CO2 dönüşümünü ve DME verimini dikkate değer miktarda arttırmak için

önemli bulunmuştur. Ayrıca, sorbanın yenilemeden sonra kapasitesinin geri dönüşümü

incelenmiştir.
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1. INTRODUCTION

Sustainable energy production has become an important subject to resolve issues

related to the environmental pollution, global warming and energy security. In this

respect, alternative fuels and technologies that allow for more e�cient usage of energy

have drawn increasing attention. For successful implementation of the fuel, criteria

di↵erent than allowing sustainable energy production are also present. Fuels that can

be stored with ease, that are non-toxic and having high energy density should be de-

veloped and produced abundantly. Dimethyl ether could be this type of alternative

future fuel since it is a clean compression ignition fuel having no SO2 and less CO

formation. Moreover, combustion of DME does not produce soot. In terms of storage,

DME is similar to LPG because it can be liquefied with increasing pressure at room

temperature [1]. Compression ignition of DME is not its single usage, DME can be

used as fuel for power generation using gas turbines. Other than as a fuel, DME can

be used as aerosol propellant and solvent. Other important usage of DME can be as a

chemical intermediate for synthesis of chemicals as shown in Figure 1.1 such as acetic

acid, methyl acetate, dimethoxyethane [2, 3].

Figure 1.1. DME as chemical intermediate [2].
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Figure 1.2. Synthesis gas sources and DME synthesis methods [4].

As seen in Figure 1.2, DME synthesis can be investigated as two parts, which are

synthesis of methanol and its dehydration to DME. The feed to methanol synthesis

is synthesis gas, which is composed of a mixture of CO, CO2 and H2, whose relative

amounts depend on the hydrocarbon source (e.g. natural gas, coal, biomass) and the

process (e.g. autothermal reforming, gasification, partial oxidation) of making syngas.

Two di↵erent methods to synthesize DME is present according to reactions that

take place in the reactor. If methanol synthesis and dehydration reactions take place

in the same reactor on the physical mixture of respective catalysts, that method is

referred as direct DME synthesis method. Direct DME synthesis allows higher single

pass CO conversion compared to the indirect DME synthesis, in which the synthesis

and dehydration reactions take place in two separate reactors.

Synthesizing DME from syngas containing CO2 together with CO and H2 or from

CO2-H2 mixtures where CO2 is the single carbon source are appealing approaches to

deal with global warming as described schematically in Figure 1.3.

The present study involves parametric investigation of conversion of syngas to

DME. The study is grouped into two parts depending on the carbon source of syngas.

In the first part, where syngas is considered as mixture of CO and H2, the e↵ect of

reaction pressure, relative locations of the synthesis and dehydration catalysts and

the GHSV are studied. Learnings from the first part are used in the second part

where syngas is assumed as a mixture of CO2 and H2. Owing to the stable nature

of CO2, hydrogenation to DME necessitates a stronger (i.e. more acidic) dehydration
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Figure 1.3. Proposed CO2 recycle for DME synthesis [3].

catalysts. Therefore, the second part of the work is focused on developing active

dehydration catalysts. Moreover, in an e↵ort to relax the thermodynamic limitations,

CO2 hydrogenation is studied in the presence of a solid sorbent. The impact of the

sorbent was quantified by benchmarking with the respective thermodynamic limits.
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2. LITERATURE SURVEY

2.1. Importance of DME

DME has drawn attention to replace conventional diesel as DME is a clean com-

pression ignition fuel having no SO2 emission, less hydrocarbons and CO emission.

Low NOx can be achieved with EGR application. Hydrocarbons, particulates and CO2

emission values in light-duty vehicles found by life-cycle analysis of Sweden Petroleum

Institute is shown in Table 2.1. Moreover, combustion of DME does not produce soot.

Easy vaporization and absence of C-C bond help soot free operation as DME has high

cetane number, demonstrating combustion delay after fuel injection. Higher cetane

number means less delay between injection and combustion of fuel. These reasons lead

to easy auto-ignition. DME is helpful to reduce local air pollution since combustion of

DME produces less particulate matter. Oxygen content of DME is important for the

reduction of particulate matter after combustion. Oxygen content is also e↵ective on

high cetane number and low autoignition temperature. Further comparison of physical

properties of DME and diesel is shown in Table 2.2 [1, 5–8].

Table 2.1. Life-cycle analysis for DME and diesel in light-duty vehicles [8].

DME Diesel

Hydrocarbons (mg/MJ) 21 54

Particulates (mg/MJ) 3.3 26

CO
2

(mg/MJ) 6700 7500

NO
x

(mg/MJ) 325 281
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Table 2.2. Properties of DME and diesel fuel [5].

Fuel property Unit DME Diesel

Chemical structure CH3-O-CH3 -

Molar mass g/mol 46 170

Carbon content mass% 52.2 86

Hydrogen content mass% 13 14

Oxygen content mass% 34.8 0

Carbon-to-hydrogen ratio 0.337 0.516

Critical temperature K 400 708

Critical pressure MPa 5.37 3

Critical densitiy Kg/m3 259

Liquid density Kg/m3 667 831

Cetane number >55 40-50

Auto-ignition temperature K 508 523

Stoichiometric air/fuel mass ratio 9 14.6

Boiling point at 1 atm K 248.1 450-643

Lower heating value MJ/kg 27.6 42.5

Modulus of elasticity N/m2 6.37E+8 14.86E+8

Kinematic viscosity of liquid cSt <0.1 3

Surface tension N/m 1.2E-2 2.7E-2

Vapor pressure kPa 530 << 10

DME is a non-carcinogenic, non-teratogenic, non-mutagenic, non-toxic and colour-

less gas with ether like odor at room temperature. DME does not exist as natural.

Vapour pressure of DME is between propane and butane, which are main ingredients of

LPG. Higher vapor pressure of DME than diesel allows to use lower pressure injection

system. DME can be liquefied with increasing pressure at room temperature. Because

of these, storage of DME is similar to LPG, which can allow the use of the same infras-

tructure as LPG with some modifications [1,5,6,9–11]. On the other hand, volumetric

energy density of diesel is greater than DME, storage tank required for DME should
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be twice the size of storage tank required for diesel [1].

As drawbacks of DME usage in CI engines, lower fuel lubricity, lower viscosity,

lower density and higher compressibility, higher vapor pressure than diesel can be

shown. To overcome these drawbacks, some improvements have to be done in fuel

injection system. Another drawback of DME usage is combustion of DME produces

formaldehyde, acetaldehyde and formic acid [5, 6].

DME can also be used as fuel for power generation using gas turbines. Other

than as a fuel, DME can be used as aerosol propellant and solvent. Other important

usage of DME can be as a chemical intermediate for synthesis of chemicals as shown

in Figure 1.1 such as acetic acid, methyl acetate, dimethoxyethane [2, 3].

2.2. DME Synthesis Methods

DME synthesis can be investigated considering three reactions, which are methanol

synthesis, methanol dehydration and water-gas shift reaction. These reactions are

shown respectively in equations 2.1, 2.2 and 2.3. For CO2 hydrogenation, a seperate

equation does not have to be written. Using reactions 2.1 and reverse of 2.3, a reac-

tion for CO2 hydrogenation can be obtained. Reactions 2.1 and 2.3 take place on the

same metallic catalyst while reaction 2.2 takes place on a catalyst with acidic function.

Location of these two catalysts whether in the same reactor or not determines the

preferred method (i.e. indirect or direct) for DME synthesis [3, 12].

CO + 2H2 ⌦ CH3OH �H298K = �90.6
kJ

mol
(2.1)

2CH3OH ⌦ CH3OCH3 +H2O �H298K = �23.4
kJ

mol
(2.2)

CO + H2O ⌦ CO2 +H2 �H298K = �41.2
kJ

mol
(2.3)
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2.2.1. Indirect DME Synthesis

Indirect DME synthesis method utilizes two consecutive reactors in which methanol

synthesis from synthesis gas and methanol dehydration to DME take place respectively.

Example scheme can be seen in Figure 2.1. As feed gases, CO2 and H2 are selected

in the process shown in Figure 2.1. Nevertheless, CO2 can be replaced with CO as well.

Figure 2.1. Process flow sheet for indirect DME synthesis [13].

2.2.1.1. Thermodynamic Analyses. In order to show the di↵erence between indirect

and direct (Section 2.2.2) methods clearly, a preliminary thermodynamic analysis is

conducted via the Gibbs Free Energy minimization technique using Chemcad plat-

form [3, 12, 14]. With thermodynamic analysis, achievable conversion of carbon con-

taining gas in the feed gas can be determined. Thermodynamic analysis for indirect

method is conducted assuming dehydration to DME is not taking place, only hy-

drogenation of CO or CO2 taking place depending on the feed gas. As feed gases,

stoichiometric amount of reactants are used for DME synthesis. For CO containing

feed gas and CO2 containing feed gas, achievable conversion values are shown in Table

2.3, separately. Comparison of these figures with the figures of available other method,

direct DME synthesis, for the same feed and reaction conditions is made in Section

2.2.2.1. Conversion di↵erence between the two feed gases, CO containing and CO2

containing, comes from the reverse water-gas shift reaction. Formation of water as a

result of reverse water-gas shift reaction limits the CO2 conversion since water-gas shift

reaction is an equilibrium reaction.
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Table 2.3. For indirect DME synthesis method thermodynamic analyses at 225 0C

and 30 bar while 20% N2 is present.

CO as feed gas CO
2

as feed gas

Conversion of carbon containing feed gas (%) 47.5 20.1

2.2.2. Direct DME Synthesis

Direct DME synthesis method, schematically presented in Figure 2.2, involves

a single reactor in which methanol synthesis and methanol dehydration catalysts are

loaded in mixed form. When CO and H2 are selected as feed gases, simultaneously

taking place water-gas shift reaction helps to remove H2O formed by increasing CO2 as

a result of methanol dehydration reaction. Higher CO conversion values are in reach

with direct DME synthesis method by observing increase in DME yield because of

water usage in the reaction and by observing increase in CO2 formation.

Figure 2.2. Process flow sheet for direct DME synthesis [13].

2.2.2.1. Thermodynamic Analyses. For thermodynamic analysis of direct DME syn-

thesis method, methanol dehydration is included to observe the e↵ect of reactor inten-

sification. For direct synthesis method, achievable conversion of carbon source in the

syngas and DME yield are shown in Table 2.4. When CO is used as carbon source,

direct DME synthesis method o↵ers conversion increase compared to indirect DME
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synthesis method with in-situ conversion of methanol to DME, relaxation of thermo-

dynamic limit of methanol synthesis, and with in-situ conversion of water formed as

a result of dehydration of methanol to H2 through water-gas shift reaction. Increase

in CO2 conversion between two methods is not that much drastic as in the case of

CO feeding. Formation of water both as a result of reverse water-gas shift reaction

and methanol dehydration limits the conversion of CO2. Increase in the conversion

can be explained with a decrease in the methanol and CO concentration. E↵ect of

intensification obtained with usage of a single reactor is not that significant when CO2

is present as carbon source compared to CO. In this respect, in-situ removal of H2O

can be envisioned as a promising solution to elevate CO2 conversion and DME yield [15].

Table 2.4. For direct DME synthesis method thermodynamic analyses at 225 0C and

30 bar while 20% N2 is present.

CO as feed gas CO
2

as feed gas

Conversion of carbon containing feedgas(%) 96.7 28.5

DME yield(%) 66.2 21.0

2.2.2.2. Operating Conditions. This subsubsection includes important operating con-

ditions to consider. These operating conditions include compositions of gases in feed

gas, GHSV through the reactor, pressure inside the reactor, temperature of the re-

actor, reduction conditions for the methanol synthesis catalyst, ratio of the methanol

synthesis catalyst to the dehydration catalyst and relative configuration of catalysts

inside the reactor.

For CO or CO2 as only carbon source in feed stream, di↵erent H2/COx ratios are

used. In general, the pertinent stoichiometric values (i.e. H2/CO=2 and H2/CO2=3)

are selected. Other than single carbon source cases, both CO and CO2 can co-exist

within syngas. In this case, a variety of CO2/CO ratios can be used. Single carbon

source case is covered in this thesis. For CO as only carbon source case, H2/CO

ratio 2 gives higher CO conversion than lower ratios. Higher ratios reduces desired

DME production rate [4, 16]. For CO2 as only carbon source case, H2/CO2 ratio
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3 is selected in various articles as H2/CO2 ratio 3 is stoichiometric ratio for CO2

hydrogenation [17–19].

Considering GHSV dependance of methanol synthesis catalyst, loading amount of

methanol synthesis catalyst and reactant flow rate through the reactor are important.

When CO is selected as only carbon source, methanol synthesis catalyst to methanol

dehydration catalyst ratio 1 is used. When 1 g of each catalysts is loaded, 30 Nml min-1

reactant flow is passed over the catalyst. This value corresponds to about 1500 h-1 for

methanol synthesis which is below the maximum recommended value in the handbook

of the HiFUEL R120 methanol synthesis catalyst [16].

According to the Le Chatelier’s Principle, for methanol synthesis reaction, in-

creasing the pressure favors the formation of methanol. Majority of articles used pres-

sures between 20-50 bar to increase the conversion of carbon containing feed gas [17–19].

In order to increase thermodynamic limit both as yield and conversion lower tempera-

tures are preferred while higher temperature favors reactions kinetically. Higher limit

of the temperature is usually limited by the onset of sintering of the Cu-based methanol

synthesis catalysts. Therefore, temperature is ranged between 220-300 0C [20–23].

For di↵erent carbon sources available in the feed stream, mass ratio of methanol

synthesis catalyst to methanol dehydration catalyst changes. When CO is only carbon

source in the feed stream, the ratio is usually selected as 1. For CO2 as only carbon

source in feed stream, more reactive surface is required for dehydration of methanol.

Increasing the dehydration catalyst amount to twice of the synthesis catalyst is ben-

eficial especially when the methanol concentration is low inside the reactor during

hydrogenation of the CO2 [20].

Configuration of the two catalysts inside the reactor is important when water-gas

shift reaction is considered. When CO is the only carbon source inside the feed, water-

gas shift reaction is important for the removal of water formed as a result of methanol

dehydration reaction. Water-gas shift reaction takes place on methanol synthesis cat-
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alyst so mixing of these two catalyst is required especially for CO hydrogenation. For

CO2 hydrogenation, mixing is also important considering the formed H2O as a result

of reverse water-gas shift reaction. H2O formed as a result of reverse water-gas shift

reaction can reduce the dehydration of methanol if reverse water-gas shift reaction

reaches equilibrium before dehydration of methanol reaction starts [24].

2.3. Catalysts for DME Synthesis

DME synthesis being independent of the method used for synthesis can be inves-

tigated as two parts consisting of di↵erent reactions, methanol synthesis and methanol

dehydration. For methanol synthesis part, the same catalyst can be used being inde-

pendent of the carbon source of the feed stream, CO or CO2. In contrast with the

metallic nature of the synthesis catalyst, methanol dehydration catalysts should have

acidic properties. Depending on the carbon source in feed stream, acidity of the dehy-

dration catalyst becomes important. Methanol synthesis and dehydration catalysts are

usually physically mixed together before they were loaded to the reactor. Other than

physically mixing together those two catalysts, another option available is to prepare

a single grain on which those two functions are available. In this case, the catalyst is

called as a hybrid catalyst. A concise review of the methanol synthesis and dehydration

catalysts is provided in the following sections.

2.3.1. Methanol Synthesis Catalysts

Arena et al. [25] prepared Cu–ZnO/ZrO2 catalysts which have constant 44 wt.%

ZrO2 loading with varying CuO and ZnO loadings between 0-56 wt.% for hydrogenation

of CO2 to methanol. For the preparation of the catalyst, reverse co-precipitation

method was used. An aqueous solution containing Cu(NO3)2, Zn(NO3)2, ZrO(NO3)2

was added to 0.1 M NaHCO3 solution keeping pH of the solution in the range 7.0

- 7.5 with continuous addition of 0.1 M NaHCO3 solution. Precipitate was aged,

filtered, washed, dried and calcined. Calcination was conducted under air at 623 K

for 4 h. Method applied, reverse co-precipitation with ultrasound irradiation, provided
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improvement in the surface area exposure and dispersion. Strong promoting e↵ect

of ZnO was proven on the surface area, dispersion and reducibility of the catalyst.

Commercial Cu–ZnO/Al2O3 was used for comparison. Negative e↵ect of water on the

rate of methanol formation was related with the reference Cu–ZnO/Al2O3 catalyst.

Reaction conditions were 473-513 K, 10 - 30 bar, H2/CO2/N2 = 9:3:1 and GHSV =

4400 - 8800 NLh-1kgcat-1. At higher GHSV, both methanol selectivity and conversion

of the reference catalyst was low compared to Cu–ZnO/Al2O3. According to STY for

methanol, Zn/Cu ratio of 0.3 - 0.5 displayed maximum performance both at low GHSV

and high GHSV. At low GHSV, 30 bar, selectivity to methanol was about 70% at 473 K

and decreased to about 50% for all supports and Zn/Cu ratios. At low GHSV, 30 bar,

CO2 conversion was about 7% at 473 K and increased to about 17% for all supports

and Zn/Cu ratios. During the stability test conducted for 18 h at 473 K, 10 bar and

low GHSV, selectivity and conversion values of reference and Cu(9)ZnO(3)/ZrO2(6)

catalysts remained unchanged.

Pérez-Ramirez et al. [26] studied CO2 hydrogenation to methanol using Indium

Oxide as catalyst and comparing Indium Oxide catalyst to conventional Cu-ZnO-Al2O3

catalyst as benchmark. Solution of In(OH)3.xH2O dissolved in a 1:3 mixture of deion-

ized water and alcohol was used for impregnation of supports. Supported In2O3 cat-

alysts containing 9 wt.% In were prepared in powder or extrudate forms evaporating

solvent from impregnated supports and drying, calcining them. Calcination was con-

ducted at 573 K for 3 h under static air. Activation condition for In2O3 catalysts was

573 K and 5 bar for 1 h under Ar atmosphere. Reaction conditions were 473-573 K,

50 bar, H2/CO2=4:1 and GHSV=16000 h-1. Explanation given for the usage of high

GHSV was to diminish compared to slower reverse water-gas shift reaction. Reverse

water-gas shift reaction requires much higher GHSVs to diminish on Cu-ZnO-Al2O3

compared to In2O3. 47% selectivity was the highest obtained with Cu-ZnO-Al2O3

catalyst at 473 K. On the contrary, In2O3 showed 100% selectivity on the given tem-

perature range. On In2O3 catalyst STY for methanol was ⇠ 0.33 gMeOH h-1 gcat-1 while

on Cu–ZnO/Al2O3 catalyst ⇠ 0.13 gMeOH h-1 gcat-1 at 573 K. Supported In2O3 catalyst

was stable for 1000 h on stream while Cu-ZnO-Al2O3 lost 44% in 100 h.
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Jingfa et al. [27] prepared Cu/ZnO/Al2O3 catalysts having the same copper,

zinc, aluminun ratio, 45:45:10, with three di↵erent methods to test their activity for

methanol synthesis from CO2 hydrogenation. Methods used were conventional ox-

alate coprecipitation, oxalate gel-coprecipitation, conventional carbonate coprecipita-

tion. For conventional oxalate coprecipitation, 1 M aqueous oxalic acid solution 20%

excess was added on 0.1 M copper nitrate, zinc nitrate and aluminum nitrate aqueous

solution. Precipitates dried at 110 0C. Volume shrinkage was not observed during dry-

ing process. For oxalate gel-coprecipitation, nitrate solutions were dissolved in ethanol

instead of aqua being di↵erent than conventional oxalate precipitation. Upon drying,

volume shrinkage to fifth of initial volume was observed. For conventional carbonate

precipitation, 0.1 M carbonate solution and 0.1 M nitrate solution were simultaneously

added into 100 ml deionized water at 80 0C with vigorous stirring. During mixing,

pH of the solution was kept between 6.5-7.0. Precipitates were aged for 30 min at

50 0C, filtered and washed with hot deionized water, later dried at 110 0C overnight.

Calcination procedure was 150 0C for 1 h, 200 0C for 1 h, 250 0C for 1 h, 300 0C for

1 h and 360 0C for 4 h. For reduction, reactor was heated to 240 0C with 2 0C min-1

ramp. Reduction duration was 10 h under 40 ml min-1 containing 5% H2 and 95% Ar.

CO2/H2 ratio in reactant gas was 1:3. Temperature and pressure range was 180 0C -

300 0C and 5 - 40 bar, respectively. GHSVs used were 3600 and 10000 h-1. According

to the data provided, catalysts prepared by oxalic acid precipitation methods showed

higher CO2 conversion both at lower and higher GHSVs compared to the catalyst pre-

pared using carbonate precipitation. Reaction conditions for the given data was 240

0C, 20 bar. Highest methanol yield was obtained with the catalyst prepared using ox-

alate gel-coprecipitation method. Even at the highest GHSV, catalyst prepared with

oxalate gel-coprecipitation method retained CO2 conversion and methanol selectivity.

Retaining high conversion level and methanol selectivity at high GHSV led to high

methanol yield.

Ning et al. [28] studied e↵ect of preparation method on the element distribution

of Cu/ZnO/Al2O3 catalyst. Oxalate gel-coprecipitation method and conventional am-

monium bicarbonate coprecipitation procedures were compared. Catalysts prepared
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with these methods were named as U8 and C9, respectively. CuO and ZnO mass ratios

were 60:40 in catalysts prepared with both methods. For oxalate gel-coprecipitation

method, oxalic acid solution was added upon solution of copper nitrate, zinc nitrate

and aluminum nitrate dissolved in ethanol. Precipitates were aged for 30 min and

solvent were evaporated at 323 K. 383 K was the over night drying temperature. Cal-

cination was applied at 423 K for 1 h, 473 K for 1 h, 523 K for 1 h, 573 K for 1 h and

633 K for 4 h under air atmosphere. 300 bar pressure were applied for pelletizing and

pellets were crashed into 40-60 mesh size. Cu and Zn were mixed homogeneously in

U8 catalyst prepared using oxalate gel-coprecipitation method. Cu aggregates more on

the surface of C9 catalyst prepared with conventional ammonium bicarbonate copre-

cipitation method. Aggregation of Cu on the surface makes reduction of C9 catalyst

easier. On the contrary, U8 has more close to isomorphous distribution of Cu and

Zn. Reaction conditions were 513 K, 10 bar, 3600 ml gcat-1 h-1. Methanol peak area

read using gas chromatograph was presented as performance criteria fot the catalysts

and methanol peak areas for U8 were higher than C9. Higher activity of U8 were

related with Cu-Zn species since ZnO helped reverse spill over of H2, related with the

acceleration of methanol synthesis.

Liu et al. [29] prepared Cu/ZrO2 catalysts using di↵erent methods for CO2 hy-

drogenation for methanol synthesis. Three di↵erent methods used were deposition-

precipitation(DP), impregnation(IM) and co-precipitation(CP). For IM and DP cata-

lysts, zirconia aerogel prepared with supercritical fluid drying method having higher

specific surface area and larger pore volume were used. E↵ect of catalyst compo-

sition and catalyst preparation method were investigated. For the selected catalyst

composition and catalyst preparation method, e↵ect calcination temperature were also

investigated. To prepare zirconia aerogel, 0.17 M ZrOCl2.8H2O solution and 0.2 M

ammonia solution were added to a beaker containing 100 ml deionized water keeping

the pH of the solution between 6.5-10.0. Precipitate was filtered and washed with first

deionized water, later with ethanol. For supercritical fluid drying of the precipitate,

ethanol and high pressure autoclave were used. Supercritical drying conditions were

260 0C, 76 bar and 15-20 min. CP catalysts were prepared mixing 0.1 M NaOH solu-
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tion with a solution containing 0.17 M ZrOCl2 and Cu(NO3)2 at constant pH of 7.0.

IM catalysts were prepared by impregnating zirconia aerogel with 0.1 M Cu(NO3)2.

After impregnation, drying and calcination were applied. DP catalysts were prepared

using zirconia aerogel and precipitate of 0.1 M NaOH solution and 0.1 M Cu(NO3)2

solution at constant pH of 7.0. Standard calcination temperature was 350 0C and

for the selected catalysts showing better catalytic activity with selected preparation

method and composition, calcination temperature 450, 550 and 650 0C were also tried.

Catalysts prepared with DP method showed larger specific surface area, more uniform

and smaller particle size. Reaction conditions were 220-240 0C, 20 bar, 5400 h-1 and

H2/CO2=3. Highest methanol yield, ⇠ 0.36 g gcat-1 h-1, was obtained in a reaction

at 240 0C with 30-40% copper oxide containing catalyst prepared with DP method

calcined at 350 0C.

Tsang et al. [30] studied methanol synthesis from CO2 hydrogenation over Pd@Zn

core-shell catalysts at low pressure 20 bar. Pd based catalyst was preferred because

Pd was more active compared to Cu and Pd was more durable against sintering. Rea-

son behind selection of core and shell structure was to suppress RWGS reaction. To

prepare ZnO-CdSe support, CdSe and ZnO were grown sequentially. CdSe were syn-

thetized using solutions of Na2SeSO3 and Cd(NO3)2. Na2SeSO3 were prepared using

Se powder and Na2SO3. Cd(NO3)2 and sodium citrate containing solution were mixed

with Na2SeSO3 to prepare CdSe particles. Zinc nitrate and NaOH were dissolved in

deionized water and CdSe particles dispersed in ethanol were added to the prepared

zinc solution. Ethylenediamine was also added to the mixture. After stirring white

crystalline product were formed and collected with centrifuge. Product was washed

with water and ethanol. Later, prodect was dried in oven at 60 0C for 12 h. Prepared

support was impregnated immersing support into Pd(NO3)2 in ethanol solution. Solu-

tion were dried at 50 0C. Calcination was in air at 450-500 0C for 2 h. Reduction were

conducted under 20 ml min-1 H2 flow at 280 0C for 2 h. Reactor outer diameter was

12.7 mm. H2/CO2 ratio was 2.8:1 in the feed stream and feed gas flow rate was 30 ml

min-1 over 0.1 g catalyst. Pd impregnation was 5 wt.%. Studied catalyst shows higher

methanol yield at low temperature and pressure compared to industrial Cu based cata-
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lysts. Pd@Zn surfaces show high ability to activate H2 because of higher H adsorption

energies and they stabilizes HCOO species more than COOH species allowing to sup-

press RWGS reaction. At 20 bar and 270 0C, 6.1 gmethanol gactive metal
-1 h-1 with 70%

selectivity was obtained with the studied core and shell catalyst containing 26.4 wt.%

CdSe while commercial Cu based catalysts gave below 5% selectivity and close to zero

yield.

2.3.2. Methanol Dehydration Catalysts

Goodman et al. [31] studied dehydration of methanol to DME over di↵erent

solid acid catalysts, �-Al2O3, H-ZSM-5, amorphous silica-alumina and titania modified

zirconia. Activity for the reaction was observed together with the DME selectivity on

all catalysts. Aqueous ammonia or sodium hydroxide was slowly added on to aqueous

ethanol solution of TiCl4 and ZrCl4 until pH of the solution reach to ⇠ 8.0 to prepare

50 mol% TiO2/ZrO2. Obtained precipitate was filtered and washed until chlorine ion

was detected. Precipitate was dried at 110 0C and calcined at 550 0C for 3.5 h. Pure

TiO2 and ZrO2 were obtained using the same procedure. 1.0 wt.% TiO2/Al2O3 was

prepared using the same procedure, as well. According to precipitant, NH4
+ or Na+

was added before to the name of the catalyst. Amorphous silica-alumina, �-Al2O3 and

ZSM-5 were supplied prepared. Sample was activated under 40 ml/min air flow at 550

0C for 1 h. Under 60 ml/min He flow, sample was lowered to the reaction temperature.

At 116 Torr methanol partial pressure, conversion increased from 6.3% to more than

90% at 250 0C over �-Al2O3. DME and water were the only reaction products. 23

Torr water addition to the reaction medium increased activation energy for the DME

formation from 25 kcal mol-1 to 37 kcal mol-1 over �-Al2O3. Competitive adsorption

of water with methanol reduces conversion level that can be achieved. Upon 113 Torr

H2O addition, conversion achieved was 39% under 81.4 Torr methanol partial pressure

at 250 0C. NH4
+-TiO2/Al2O3 showed similar behavior to �-Al2O3. Na+-TiO2/Al2O3

had lower activity and coke formation since Na+ blocks strong acid sites. Reduced

coke formation was important for the life time of the catalyst. Activity and stability

of the catalyst can be tuned by amount of Na+ present. 50 mol% TiO2/ZrO2 showed
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higher catalytic activity from the pure constituents because of the acid base harmony

of the constituents, however, activity of 50 mol% TiO2/ZrO2 is less than �-Al2O3. H-

ZSM-5(50) containing both lewis acid and bronsted acid sites was a↵ected from water

addition, however, H-ZSM-5(150) containing bronsted acid sites, because of less Al

amount, was not a↵ected from water partial pressure increase. Using H-ZSM-5(50),

78% methanol conversion and 100% DME selectivity was obtained at 190 0C. H-ZSM-

5(50) catalyst showed the highest catalytic activity while obtained DME selectivity was

20% at 280 0C. Increasing temperature was not found good for selectivity of DME when

H-ZSM-5(50) was used as catalyst. Increasing acidity on amorphous silica-alumina with

increasing silica content decreases rate of methanol dehydration. Compared to other

tested catalysts amorphous silica-alumina catalyst containing 20 wt.% silica (SIRAL20)

showed the highest yield at 280 0C while having wider temperature tolerance range.

Shen et al. [32] studied nature, strength and number of surface acid sites of H-

ZSM-5, steam de-aluminated H-Y zeolite (SDY), �-Al2O3, Ti(SO4)2/�-Al2O3 catalysts

for the dehydration of methanol to DME. Microcalorimetric adsorption of ammonia,

infrared spectroscopy and isopropanol decomposition were the used methods. NH4-

ZSM-5 having SiO2/�-Al2O3 ratio of 25 was calcined at 823 K for 3 h to prepare

H-ZSM-5. NaY zeolite was ammonium exchanged and, later, steam treated at 873 K

for 5 h to prepare SDY. 5 wt.% Ti(SO4)2 was impregnated on �-Al2O3. Impregnated

�-Al2O3 was dried at 383 K overnight and calcined at 723 K for 1.5 h. GHSV was

3400 ml gcat-1 h-1 and feed compositon was 21:79 methanol to N2. H-ZSM-5 and SDY

contained high number of Br�nsted acid sites. High number of Br�nsted acid sites was

not preferable at high temperature since hydrocarbons and coke were produced above

513 K. Above 553 K, coke formation on H-ZSM-5 and SDY was serious. H-ZSM-5

showed high activity as low as 423 K. At 443 K, activity was maximum and activity

decreased thermodynamically with temperature increase. Strong acid sites can be se-

lectively poisoned for usage of H-ZSM-5 at higher temperatures. Steam de-alumination

produced extra framework of aluminum, which helped to increase surface Lewis acid-

ity of SDY. Activity of the SDY, which was deactivated by coke formation, can be

regenerated by burning o↵ the coke formed. Below 573 K, conversion of methanol was
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less on �-Al2O3 eventhough DME selectivity was high. Low activity of �-Al2O3 in

temperature range of 493-553 K required modification especially for using �-Al2O3 as

acidic catalyst in direct DME synthesis at lower temperatures. Ti(SO4)2 modification

of �-Al2O3 improved Br�nsted surface acidity so reaction activity for methanol dehy-

dration to DME. Hydrocarbon by-product and coke formation was not observed on

Ti(SO4)2/�-Al2O3 in temperature range of 513-593 K. At 513 K, thermodynamically

limited conversion, ⇠ 85%, was obtained using Ti(SO4)2/�-Al2O3. Order of catalyst

activities was found as H-ZSM-5>SDY>Ti(SO4)2/�-Al2O3>�-Al2O3.

Hwang et al. [33] studied methanol dehydration to DME over H-ZSM-5, NaH-

ZSM-5 and compared them to �-Al2O3. Commercial �-Al2O3 and ZSM-5 were pro-

vided. Hydrogen form H-ZSM-5 was obtained by calcining at 823 K for 10 h under

flowing air with 10 K min-1 ramp. NaH-ZSM-5 was obtained treating H-ZSM-5 with

1M NaNO3, washing three times with de-ioned water, drying at 393 K for 2 h and cal-

cining at 823 K for 10 h under flowing air with 10 K min-1 ramp. Activation conditions

for catalyst was pure N2 flow at 773 K for 4 h. Reaction conditions were WHSV=4 h-1,

523 K. Conversion on H-ZSM-5 decreased slightly through the 500 min reaction time

while conversion on �-Al2O3 decreased initially and continued stable. DME selectivity

on �-Al2O3 decreased slightly through the 500 min reaction time while DME selectivity

on H-ZSM-5 decreased more. At ⇠ 575 K, methanol conversion reaches thermodynamic

limit on �-Al2O3 while at ⇠ 500 K, methanol converison reaches thermodynamic limit

on H-ZSM-5. Increasing Si/Al ratio was useful to increase DME selectivity even though

catalytic activity was decreased. H-ZSM-5(50) and H-ZSM-5(140), where numbers in

paranthesis denote SiO2/Al2O3 ratio, showed similar catalytic activity together with

DME selectivity of >99. Catalytic activity of H-ZSM-5 and NaH-ZSM-5 was higher

than �-Al2O3. Order of catalyst activities was found as H-ZSM-5(30)>NaH-ZSM-

5(30)>�-Al2O3. DME selectivity of Na+ ion-exchanged H-ZSM-5(NaH-ZSM-5) was

higher than H-ZSM-5 because of removed strong acid sites.

Catizzone et al. [34] studied e↵ect of water on methanol dehydration to DME

over Ferrierite versus �-Al2O3 catalysts. FER-type zeolites having di↵erent acidity



19

levels and Si/Al ratios of 10, 25, 45 were prepared. Structure directing agent(SDA) for

FER10, FER-type zeolite having Si/Al ratio of 10, was pyrrolidine. SDA for FER25

was pyridine and synthesis gel having Si/Al ratio of 30 was used to prepare FER25.

SDA for FER45 was pyridine and synthesis gel having Si/Al ratio of 60 was used to

prepare FER45. Hydrothermal crystallization duration was 90 h. Solid was recovered

with filtration and washed with distilled water several times. Calcination was done

under air flow at 550 0C. Commercial �-Al2O3 was provided. Temperature range used

for reaction was 140-240 0C. WHSV for reaction was 2.7 gMeOH h-1 gcat-1. Di↵erent

ratios of water/methanol were investigated without changing the methanol WHSV.

Most e↵ective FER-type zeolite was also tested at 280 0C for 60 h to investigate e↵ect

of water on coke deposition. Order of catalytic activity for methanol conversion was

FER10>FER25>FER45>�-Al2O3. Above 200 0C, catalytic activity of �-Al2O3 was

higher than FER45. Catalytic activity of �-Al2O3 reduced more compared to tested

FER-type zeolites upon water addition to reactant stream. At 200 0C, methanol con-

version over �-Al2O3 decreased from 30% to 13% with water addition to stream equal

to 0.1 times the methanol fed to the reactor. Above 200 0C, zeolites showed negligi-

ble deactivation upon water addition to reactant stream. Water addition also reduced

amount of coke formed on zeolite catalysts together with intial coke formation rate.

Selectivity of FER10 decreased from 0.97 to 0.92 upon temperature increase from 180

0C to 240 0C. For FER25 and FER45 decrease was from 1.0 to 0.97.

Ojeda et al. [35] studied methanol dehydration to DME over niobium (V) oxalate

impregnated using method of incipient wetness TiO2 catalysts with di↵erent loadings.

Before impregnation, TiO2 was treated at 823 K for 4 h under air. Impregnation

was done at room temperature using aqueous solutions of niobium (V) oxalate. With

increasing Nb loading, number of Lewis acid sites decreased and acid site strength

increased. Impregnated solids were dried at 393 K overnight while calcination was

done at 773 K for 4 h under ambient air. Prepared catalyst with di↵erent Nb loadings

were denoted as xNb/TiO2, where x was the Nb atoms present at nm-2. Reaction

conditions were 573 K, 6.1 kPa methanol partial pressure, 13.9 mmol h-1 gcat-1. SiC

was used as inert filler while loading to the reactor. Methanol conversion rate and
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selectivity to DME of TiO2 support were 0.32 mmol h-1 gcat-1 and 83%, respectively.

At highest Nb loading, 9.0Nb/TiO2, methanol conversion rate and selectivity to DME

increased to ⇠ 0.9 mmol h-1 gcat-1 and 93%, respectively. At highest Nb loading,

Br�nsted acid were also present. Catalytic activity of NbOx/TiO2 catalysts prepared

showed increasing trend with the strength of acid sites present.

Tatsumi et al. [36] studied dehydration of methanol to DME over zeolites Rho,

KFI  200 0C and compared results of Rho and KFI with �-Al2O3, SSZ-13, RUB-

13 and ZSM-5. For synthesis of zeolites, gels with the Si/Al ratio of 5.0 were used.

Rho zeolite synthesized without using SDA. Al(OH)3 was dissolved refluxing at 100

0C in aqueous NaOH solution and was cooled to room temperature in a Teflon beaker.

Aqueous solution of CsOH. H2O was addded to the cooled solution and with slow ad-

dition of colloidal silica AS-40 under vigorous stirring, homogeneous synthesis gel was

obtained. Composition of the gel was 1.8Na2O:0.3CsO:1.0Al2O3:10SiO2:100H2O. Gel

was homogenized for 2 h with stirring and transferred to a polypropylene bottle. Hy-

drothermal crystallization was 10 day long without agitation at 80 0C in a pre-heated

oven. Solid product was obtained with vacuum filtration, later, washed and dried at

70 0C. Other Rho type zeolites having Si/Al ratio of 10 and 20 were also prepared.

To prepare KFI zeolite, Al(OH)3 was dissolved refluxing at 100 0C in KOH solution.

Solution was cooled to room temperature and poured to Teflon beaker. Later, solution

was mixed with the SrCl2.H2O and 18-crown-6 with stirring. With slow addition of

colloidal silica AS-40 under vigorous stirring, homogeneous synthesis gel was obtained.

Composition of the gel was 2.3K2O:0.1SrO:1.0Al2O3:10SiO2:220H2O:1.0(18-crown-6).

0.5 h extra stirred gel was transferred to a teflon vessel enclosed in steel bomb. Hy-

drothermal crystallization was 120 h at 150 0C in a pre-heated oven. Solid product

was obtained with vacuum filtration, later, washed and dried at 70 0C. Organic SDA

for preparation of KFI was 18-crown-6. Dried precipitate was calcined at 550 0C to

remove SDA. Catalyst pretreatment was at 500 0C for 1 h. Reaction conditions were

5-20 kPa methanol partial pressure, 150-200 0C and WHSV of 1.0-3.8 h-1. Rho zeolite

showed ⇠ 93% methanol conversion with 100% DME selectivity at 200 0C and at 150

0C, methanol conversion and DME selectivity were ⇠ 70% and 100%, respectively. At
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150 0C, Rho zeolite showed more than 10 times catalytic activity of �-Al2O3. WHSV

increase in the range given in the reaction condition did not a↵ect activity of Rho type

zeolite. At 200 0C and WHSV of 1.0 h-1, Rho, KFI and SSZ-13 showed thermodynamic

level of methanol conversion with 100% selectivity. Zeolite RUB-13 showed catalytic

activity lower than �-Al2O3 being related with 2-D framework. Rho type had more

solid acid sites than KFI. Below 200 0C, small-pore zeolites with medium-strong acidity

and 3-D channels showed better catalytic activity compared to �-Al2O3. Important

features of Rho zeolite a↵ecting catalytic performance were surface area and smaller

crystallite size, which were 812 m2 g-1 and 1 µm, respectively. Performance of Rho

zeolite was stable in a 3 day run.

Yi et al. [37] studied methanol dehydration to DME over nano-sized SAPO-11

zeolite synthesized using seed-induced quasi-solvothermal conversion protocol without

a secondary porogen. For preparation of micro-sized and nano-sized gels, the same

solution was used. For preparation of used solution, aluminium isopropoxide was hy-

drolyzed in deionized water for 12 h with stirring and H3PO4 was added and homog-

enized for 4 h. Later, di-n-propylamine was firstly added, tetraethyl orthosilicate was

secondly added. Micro-sized SAPO-11 was prepared transferring prepared solution to

Teflon-lined stainless steel autoclave and hydrothermally crystallizing at 433 K for 24

h. For preparation of nano-sized SAPO-11, prepared gel was pre-crystallized at 433

K for 24 h. Solvent of the gel evaporated at 333 K and 25 mL ethanol was added

with stirring. Residual solvent was evaporated at 333 K for 48 h. Obtained solid was

crashed into powder, which was later transferred into crucible, which was placed into

Teflon-lined stainless steel autoclave. Between autoclave and crucibel, 20 ml of ethanol

was added for quasi solvothermal conditions. Autoclave was left in an oven at 473 K

for 24 h. Recovered products with filtration were washed with deionized water, dried

at 373 K and calcined at 873 K for 6 h. Activation conditions were 473 K, 2 h and

under 20 ml min-1 N2 flow. During reaction, N2 to methanol ratio was 240. Com-

positon of SAPO-11 was 1.0 Al2O3: 1.0 P2O3: 2.0 di-n-propylamine: 0.3 Tetraethyl

orthosilicate: 50 H2O. Advantages of method used to synthesize nano-sized SAPO-11

were promotion of SAPO-11 nucleation, nanoscale proximity between seed structure
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and amorphous compound, lower level of Si atom incorporation and smaller crystalliza-

tion of SAPO-11 when ethanol was modifier. Large particles with 200nm average size

formed by aggregation of smaller 20-30 nm sized SAPO-11 nanocrystals had lower acid-

ity, larger surface area and higher inter-crystal mesoporosity than micro-sized SAPO-11

crystals. Performance of nano-sized SAPO-11 was better than micro-sized SAPO-11

and �-Al2O3. Order of catalyst activity per area was nano-SAPO-11 > micro-SAC-

SAPO-11 > �-Al2O3. At 500 K, methanol conversions on nano-SAPO-11 and �-Al2O3

were ⇠ 30% and ⇠ 15%, respectively while DME selectivities were close to unity.

Li et al. [38] studied methanol dehydration to DME over metal ion, which were

Al, Ga, Sn, Zr and Fe, doped MCM-41 prepared using hydrothermal synthesis method.

Si/Al ratios of 5, 10, 20, 30 and 50 were prepared. Tetraethyl orthosilicate was dissolved

in dilute sulfuric acid solution and 10 wt.% cetrimonium bromide was added. AlCl3

and NaOH were added. pH of the solution become 10-11. In Teflon-lined rotating auto-

clave, solution was crystallized at 110 0C for 48 h. Cooled product was filtered, washed,

dried at 110 0C and calcined in air at 550 0C for 6 h. At 90 0C, calcined sample treated

with 1.0 M NH4Cl solution for 2 h. Filtering, washing, drying repeated and calcination

was conducted for 2 h at 550 0C. Ratio of ingredients, CTAB:TEOS:Al2O3:NaOH:H2O,

were 0.16:1:x:0.24:110. For other than Al doping, Si/M ratio was 10 and instead of

aluminium chloride, chloride of corresponding metal was used. Activation conditions

were 400 0C, 30 ml min-1 N2, 4 h. Reaction conditions were 300-425 0C, 1 bar and

0.1 ml min-1 liquid methanol flow to be vaporized. Metal ion doped MCM-41 cata-

lysts, M-MCM-41, showed similar structure to MCM-41, which had long-range ordered

mesoporous structure. As the reaction temperature was increased, methanol conver-

sion increased even though methanol dehydration is thermodynamically limited, where

increasing temperature reduces achievable conversion. Amount of weak acid site in-

creased with increasing amount of Al doping. Highest catalytic performance obtained,

which was achieved when Si/Al ratio molar ratio was 10, was 80% conversion and

100% selectivity. Order of catalytic activity, according to metal ion doped and coordi-

nation number of doped metal ion, was Al-MCM-41 > Ga-MCM-41 > Zr-MCM-41 >

Fe-MCM-41 > Sn-MCM-41=0.
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2.3.3. Bifunctional and Hybrid Catalysts

Ruan et al. [39] studied e↵ect of zeolite type on single-step DME synthesis from

syngas over CuZnAl-zeolite bifunctional catalyst. Bifunctional catalysts used were pre-

pared physically mixing Cu-ZnO-Al2O3 and zeolite in 2:1 ratio, respectively. Activation

conditions were 5% H2 flow diluted with N2, 245 0C and 10 h. Reaction conditions

were H2/CO ratio of 2, 260 0C, 50 bar and 1500 ml gcat-1 h-1. Zeolite type used for

the process a↵ected activity, selectivity and stability of the bifunctional catalyst. CO

conversion and DME selectivity were a↵ected by weak and strong acid sites, pore struc-

ture and Si/Al distribution. Si:Al ratios given in parentheses; ZSM-5(30), Y(5.1) and

Ferrierite(20) showed higher DME yield compared to other zeolites. Maximum CO

conversion, DME selectivity and DME yield were 93%, 65.9% and 301.7 g kgcat-1 h-1.

Rooney et al. [40] studied DME synthesis from synthesis gas admixing di↵erent

solid acid catalysts; NH4ZSM-5, HZSM-5 and �-Al2O3; with CZA. For NH4ZSM-5,

Si/Al ratio of both 23 and 80 were used while Si/Al ratio of 80 was used for HZSM-5.

Activation conditions were 20 ml min-1 5% H2 flow diluted with He, 250 0C and 6 h

at atmospheric pressure. Composition of the feed gas composed of H2:CO:CO2:Ar was

62:31:4:3. Reaction conditions were 200-260 0C, 20 bar and 2400 ml gcat-1 h-1. Admixed

bifunctional CZA/HZSM-5 catalyst having Si/Al ratio of 80 and containing 25 wt.%

solid acid catalyst showed high stability. 16.2% of initial catalytic activity was lost

over 212 h continuous reaction time. Deactivation was related to the coke formation

on methanol synthesis catalyst, which can be removed above sintering temperature.

Highest CO conversion obtained was 63.43% at 260 0C with CZA/NH4ZSM-5(80) while

second highest, not much di↵erent, was 59.77% with CZA/HZSM-5(80), which had

DME selectivity of ⇠ 70%.

Huang et al. [41] studied synthesis gas conversion to DME over bifunctional cat-

alysts to investigate e↵ect of preparation method and dehydration component. Activa-

tion conditions were H2 flow, 230 0C and 4 h. Reaction conditions were 290 0C, 40 bar,

1500 h-1, H2/CO ratio of 2 with 5% CO2 compositon in feed flow. Highest catalytic



24

activity was obtained with CZA/HSY and CZA/HZSM-5, prepared with coprecipitat-

ing sedimentation, showing 89% CO conversion and 99% DME selectivity in organic

products. Synergistic e↵ect of catalytically active parts of bifunctional catalyst was ob-

served. CO conversion increased dramatically since thermodynamic limit of methanol

synthesis was broken.

Bonura et al. [42] studied direct synthesis of DME from CO2 hydrogenation over

CuZnZr-zeolite catalysts. Prepared CuZnZr catalysts had Cu loading ratio between 33-

60%. Prepared MFI type zeolite catalysts had Si/Al ratio of 15, 25, 50 and 100. Beside

physical mixing of methanol synthesis and methanol dehydration catalysts, catalysts

were chemically combined by precipitating CuZnZr catalyst in an oxalic acid solution

containing zeolite finely dispersed. Physical mixing ratios of methanol synthesis and

methanol dehydration catalysts were 1:1 and 9:1. Chemical mixing ratio of methanol

synthesis and methanol dehydration catalyst was 9:1. Activation conditions were pure

hydrogen flow, atmospheric pressure, 300 0C and 1 h. Reaction conditions were 180-

240 0C, 30 bar, feed gas H2:CO2:N1 ratio of 9:3:1 and 10000 h-1. CuZnZr catalyst

containing 60 wt.% Cu showed highest CO2 conversion, 18.0%, and methanol yield,

51.1% , which were close to equilibrium values. Si/Al ratio of 25 for zeolite was impor-

tant when catalytic activity and resistance to deactivation in presence of water were

considered. DME synthesis showed lower CO2 conversion compared to methanol syn-

thesis on the same catalyst due to water accumulation. Prepared bifunctional catalyst

with physical mixing of CuZnZr having 60 wt.% Cu and MFI(25) in 9:1 ratio showed

15.4% CO2 conversion and DME selectivity of 37.6%, both of which were higher than

corresponding values for mixing ratio of 1:1. Chemically mixed catalyst showed higher

CO2 conversion, 15.9%, and DME yield, 38.5%. Decreasing GHSV to 2500 h-1 showed

positive e↵ect both on CO2 conversion and DME yield on hybrid catalyst. After de-

creasing GHSV, with increasing pressure to 50 bar, CO2 conversion increased to 23.6%

while DME selectivity increased to 49.3%.

Suh et al. [43] studied CO2 conversion to DME over bifunctional Al2O3/Cu/ZnO

having Al composition between 30-80 mol% prepared with sequential precipitation and
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also investigated Ferrierite type zeolite addition to form dual bed system. Activation

conditions were 100 ml flow containing 20% H2 diluted in N2, 573 K and 5 h. Reaction

conditions were H2:CO2:N2 ratio of 72:24:4, 573 K, 50 bar and 1450 L kgcat-1 h-1.

Activity and acidity of catalysts having 60-80% Al content was higher than commercial

Al2O3. Cu dispersion was 6-7% being independent of Cu loading. CO2 conversion of

25% and DME selectivity of 75% excluding CO selectivity were obtained with prepared

bifunctional catalyst Al2O3/Cu/ZnO having 80% Al. Dual bed system enabled CO free

DME selectivity to increase 82.2% while GHSV was reduced to 355 L kgcat-1 h-1 due to

addition of more catalyst to the system. Fraction of methanol was converted to DME

and fraction of DME was converted to methyl acetate over Ferrierite.

Frusteri et al. [44] studied one step hydrogenation of CO2 to DME over four dif-

ferent combination of methanol synthesis catalyst, Cu-ZnO-ZrO2 (ZCZ), and methanol

dehydration catalyst, HZSM-5. Reverse co-precipitation of ZCZ in a solution contain-

ing finely dispersed HZSM-5, dual-bed of ZCZ and HZSM-5, pelletization of homoge-

nous mixture of ZCZ and HZSM-5 in powder form, homogeneous physical mixture

of ZCZ and HZSM-5 were tested combination methods. Activation conditions were

pure hydrogen flow at atmospheric pressure, 573 K and 1 h. Reaction conditions were

H2:CO2:N2 ratio of 69:23:8 in feed stream, 443-563 K, 1-50 bar and 4500-36000 NL

kgcat-1 h-1. Reverse co-precipitation of ZCZ in a solution containing finely dispersed

HZSM-5 caused loss of weak-medium acidity of zeolite. Highest DME productivity

of 4.4 mmol kgzcz-1 s-1 was obtained over bifunctional prepared with physical mixing

method at 513 K, 30 bar and 9000 NL kgcat-1 h-1. At 493 K, 9000 NL kgcat-1 h-1 and 30

bar; CO2 conversion was ⇠ 10% and DME selectivity was ⇠ 50%. Metal/oxides-acid

interface was determined as main factor for CO2 conversion and DME productivity.

Catalytic behavior of Cu-ZnO-ZrO2/HZSM-5 was highly dependent on the ratio of

metal oxides to acid surface sites. 50 wt.% zeolite loading was more e↵ective compared

to higher and lower loading ratios.

Liang et al. [45] studied one-step CO2 hydrogenation to DME over mixture of Cu-

ZnO based catalysts prepared with concentrations ranging from 0.1 to 1.0 and HZSM-5
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to investigate catalyst preparation and reaction conditions. Activation conditions were

20 ml min-1 pure H2 flow, 250 0C and 10 h. Reaction conditions were H2:CO2 ratio of

3, 220-280 0C, 21-42 bar and 1525 NL kgcat-1 h-1. Increasing concentration of precursor

resulted in a decrease in Cu surface area and Cu dispersion. At 42 bar and 260 0C,

30.5% CO2 conversion and 72.0% DME selectivity were obtained. Prepared catalyst

showed 21.4% CO2 conversion and 55.5% DME selectivity after 100 h at 28 bar and 240

0C. Optimum temperature for DME synthesis was found as 240-260 0C on bifunctional

catalyst depending on the condition.

Frusteri et al. [12] studied CO2 hydrogenation to DME over CuZnZr-ferrierite

hybrid catalysts prepared with two di↵erent methods, wet impregnation and gel-oxalate

coprecipitation, combining metal oxide and acid sites on a single grain to investigate

e↵ect of metal loading and element dispersion on nature and morphology of the active

sites. Reduction conditions were pure hydrogen flow at atmospheric pressure, 300 0C

and 1 h. Reaction conditions were H2:CO2:N2 ratio of 9:3:1, 220-260 0C, 50 bar and

8800 NL kgcat-1 h-1. Decreasing zeolite ratio caused an decrease in surface area. Increase

in metal loading caused to formation of core and shell type structure, in which zeolite

was core, when catalyst was prepared with wet impregnation, on the other hand,

metal oxide clusters were distributed homogeneously when catalysts were prepared

using gel-oxalate coprecipitation. Catalysts prepared with gel-oxalate coprecipitation

shows increasing CO2 conversion with incresing metal loading and for catalyst prepared

with wet impregnation, case is the opposite. For catalytic activity and selectivity,

CuZnZr:FER weight ratio greater than 1 was better. Key parameters determined for

higher activity and selectivity were particle size, number of acidic dehydration sites

and homogeneous distribution of metal-oxide and acid sites. At 260 0C, 23.6% CO2

conversion, the highest conversion achieved, and 47% DME selectivity were obtained

over catalyst prepared with gel-oxalate coprecipitation with metal oxide to acid ratio of

2. At lower space velocity, 2200 NL kgcat-1 h-1, with increasing CO2 conversion, DME

selectivity also increased opposed to decreasing DME selectivity with increasing CO2

conversion at higher GHSV.
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Atakan et al. [46] studied CO2 hydrogenation over a hybrid catalyst consisting

of Zr-doped mesoporous silica supports with intergrown Cu nanoparticles, copper-

zirconium-SBA-15, to investigate e↵ect of morphological and chemical properties on

conversion and selectivity. Two di↵erent silica precursors used for synthesis of Zr-

SBA-15 framework were tetraethyl orthosilicate and sodium metasilicate. Cu loading

methods used were evaporation induced wetness impregnation and infiltration. Activa-

tion conditions were H2 flow, 400 0C and 9 h. Reaction conditions were H2:CO2 ratio

of 3, 250 0C and 33 bar. Silica precursor a↵ected activity of the catalyst while Cu

loading method a↵ected the selectivity of the products. Zr dispersion and bonding to

the silica matrix led to higher activity of tetraethyl orthosilicate materials compared

to sodium metasilicate. Tetraethyl orthosilicate had larger pore size, microporosity,

specific surface area and better adhesion between the Cu nanoparticles. Higher num-

ber of acid sites having higher acid strength were observed for tetraethyl orthosilicate

compared to sodium metasilicate, which led to higher DME selectivity, together with

an increased reoxidation state of Cu nanoparticles. Infiltration method as Cu loading

allowed methanol conversion to DME because evaporation induced wetness impregna-

tion led to lower Cu oxidation state due to higher Zr content. Catalyst prepared with

tetraethyl orthosilicate as silicate source using infiltration method showed 15% conver-

sion, which is highest among the combinations, together with ⇠ 70% DME selectivity.

Zha et al. [47] studied CO2 hydrogenation to DME over HZSM-5 packed CuO-

ZnO-Al2O3 nanoparticles. Spherical carbons prepared using aqueous glucose were re-

moved with calcination to yield CuO-ZnO-Al2O3 nano particles after aqueous Cu+2,

Zn+2, Al+3 ions covered spherical carbons. CuO-ZnO-Al2O3 nanoparticles were packed

hydrothermally onto HZSM-5 membrane. Activation conditions were 4 h pretreatment

under 5% H2/N2 at 270 0C flow for 4 h and pure H2 flow at 270 0C for 2 h. Reaction

conditions were H2/CO2 ratio of 3, 30 bar, 270 0C and 1800 NL kgcat-1 h-1. CO2 con-

version and DME yield obtained were 48.3% and 23.4%, respectively for the catalyst

having core and shell structure, in which HZSM-5 was the shell and CuO-ZnO-Al2O3

nanoparticles was the core. Increasing pressure above 30 bar was not helpful to increase

CO2 conversion further.
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2.4. Sorption Enhanced DME Synthesis

Methanol dehydration, water-gas shift reactions, (Equations 2.2, 2.3, respec-

tively) involve water in equilibrium. Sorption enhanced means removal of the water

inside the reactor to shift involved reactions forward to increase both CO2 conversion

and DME yield beyond thermodynamic limit. Sorption enhancement can be obtained

with a membrane system, where water is continuously withdrawn from the system,

and with a sorbent, which should be water specific. For membrane system, core and

shell type catalysts can be one type of example. Disadvantage of core and shell type

catalyst is deactivation of shell, where dehydration catalyst is present. Disadvantage

of the sorbent usage is related with its capacity. After capacity of sorbent is filled,

regeneration of the sorbent is conducted utilizing either pressure swing or temperature

swing desorption techniques [48, 49].

Iliuta et al. [50] studied a model of DME production with CO2 hydrogenation in

the presence of in-situ H2O removal by adsorption. H2O removal was helpful to increase

methanol and DME yields together with DME selectivity while methanol selectivity

was decreased. Maximum CO2 conversion was increased to triple of the initial while

1% of carbon feed was CO. DME yield was also increased to triple of the initial however

33% of the carbon feed was CO.

Rahimpour et al. [51] studied a model of methanol dehydration to DME in a gas-

solid-solid trickle flow reactor while Zeolite 4A was present as adsorbent. Advantage

of gas-solid-solid trickle flow reactor was continuous adsorbent regeneration. 11.17%

enhancement in dimethyl ether production with gas-solid-solid trickle flow reactor with

water adsorption was observed upon conventional reactor.

Recently, Kampen et al. [15] reviewed steam separation enhanced reactions. DME

yield obtained for CO2 feed could be increased to ⇠ 80% with sorption enhancement

while DME yield usually obtained was below 9% without sorption enhancement. Kam-

pen et al. [52] mentioned that CO2 yield with sorption enhancement can be low as much
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as 2% allowing simplification of down stream seperation and recycle.

The literature review shows that in contrast with CO-to-DME conversion, CO2

hydrogenation, which is technically more challenging due to in-situ steam formation,

is studied to a much less extent. Moreover, the number of studies that address the

benefits of in-situ steam adsorption under the conditions of CO2 hydrogenation is

scarce. Therefore, this study is primarily aimed to provide useful insight into the

impacts of sorption enhancement and to synthesize a dehydration catalyst for increasing

DME yield under the conditions of CO2 hydrogenation.
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3. EXPERIMENTAL WORK

3.1. Materials

3.1.1. Catalysts, Active Metal Precursors and Sorbent

Table 3.1 presents the catalysts supplied prepared, sorbent used in the experi-

ments and active metal precursor to prepare more active dehydration catalyst.

Table 3.1. Catalysts, Active Metal Precursors and Sorbent.

Chemicals Formula Supplier Usage

HiFUEL R120 Cu/ZnO/Al2O3 (CZA) Alfa Aesar Methanol Synthesis

Catalyst

�-Alumina �-Al2O3 Alfa Aesar Methanol Dehydration

Catalyst

Phosphotungstic 12WO3.H3PO4.xH2O Sigma Aldrich Impregnation of Methanol

Acid Hydrate Dehydration Catalyst

Molecular KnNa12-n Sigma Aldrich Sorbent

Sieves 3Å [(AlO2)12(SiO2)12.xH2O]

3.1.2. Gases

Table 3.2 presents reaction, calibration and carrier gases denoting application

and specification. Composition of reaction gases in the feed stream was provided in

the Section 3.2.3.

3.2. Pre-reaction

Pre-reaction section includes preparation of catalysts and sorbent used, loading

of the reactor, reduction conditions, feed stream compositions and pressurization of the



32

Table 3.2. Reaction, Calibration and Carrier Gases.

Gas Purity(%) Supplier Application

H2 99.995 Linde Reaction

CO 99.999 Linde Reaction

CO2 99.995 Linde Reaction

N2 99.998 Linde Internal Standard

DME �99.9 Sigma Aldrich Calibration

CH4 99.995 Linde Calibration

Ar 99.995 Linde Carrier Gas

He 99.998 Linde Carrier Gas

Dry air 78.4 N2 Linde Pneumatic Actuation

21.5 O2

reactor before reaction was started. Crushing, sieving catalysts supplied prepared to

desired mesh size and impregnation of dehydration catalyst was covered in preparation

of catalysts. Loading of the reactor covers configuration of the catalysts inside the

reactor, whether mixed or consecutive loading, methanol synthesis catalyst to methanol

dehydration catalyst ratio and leak test to check if initiation of reaction is suitable.

Feed stream compositions includes CO and CO2 as di↵erent carbon sources beside H2

and H2/CO2 ratios. Pressurization of the reactor is about increasing pressure of the

reactor to desired pressure level with target feed stream composition.

3.2.1. Catalyst Preparation

In this study, HiFUEL R120 (CZA) catalyst, high surface area �-Al2O3 catalyst

and Molecular Sieve 3Å were crushed and sieved to 45-60 mesh size (corresponding to

particle size range of 250-354 µm) using Retsch sieves. An example of crushed and

sieved catalysts can be seen in Figure 3.1.

In an e↵ort to obtain a more active dehydration catalyst when CO2 was the

carbon source present in the feed stream, �-Al2O3, sieved to 45-60 mesh size, was
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Figure 3.1. Crushed and sieved catalysts before loading to the reactor.

impregnated with phosphotungstic acid solution using incipient wetness impregnation

method. KNF diaphragm vacuum pump evacuated air from the pores of the support,

placed in a büchner flask. Zeneer Water Purification System was used to prepare

deionized water with a conductivity less than 0.1 µS cm-1. Precursor solution was

added onto catalyst support using Masterflex peristaltic pump. Support-precursor

solution was continuously mixed using Retsch UR1 ultrasonic mixer. To determine

required amount of deionized water, support was wetted until excess water rest beside

the support. Determined deionized water amount was 1 ml, taken with micropippette

at four times, for 1 g �-Al2O3 support. Batch size was taken as 3 g. For 30 wt.%

PTA/�-Al2O3, 2.1 g �-Al2O3 and 0.9 g PTA were used. The latter was dissolved in

2.1 ml deionized water. Before addition of precursor solution to support, support was

vacuumed for 30 min while ultrasonic mixer was on and bottom of the büchner funnel

was inside distilled water placed in the ultrasonic mixer. After precursor solution was

evenly added onto the support using peristaltic pump at a actual speed of 2 ml min-1,
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büchner flask was left horizontally for 30 min, inclined to one side for 30 min and

inclined to other side for another 30 min while vacuum pump and mixer were on.

After impregnation was over, impregnated support was dried over night at 110 0C.

Dried impregnated support was transferred to a crucible and temperature of furnace

was increased to 500 0C in 46 min and leaved for 3 h at 500 0C before transfering

crucible to desiccator [53].

3.2.2. Catalyst Loading and Reduction

A stainless steel, tubular down flow reactor having 17 cm length, 1.27 cm outer

diameter and 1.02 cm inner diameter was used in the present study. Depending on

the sorbent and dehydration catalyst amount, bed height changed between 5 and 11

cm. At the bottom of the bed, quartz wool layer having 2 cm height was placed while

quartz layer at the top which was used to prevent falling of the bed while tightening

nut of the reactor using clamp, was 1 cm in height. Particle size range of catalysts and

sorbent loaded to the reactor were between 250 and 354 µm. Di↵usive transport terms

were neglected and plug flow assumption were made since when lowest bed height and

largest particle diameter were considered, bed height to particle diameter ratio was ⇠

140 (>50 [54]) and tube diameter to particle diameter ratio was ⇠ 29 (>15 [54]).

For feed streams containing CO as carbon source, sorbent was not loaded and

two di↵erent configurations were tried. In the first configuration, methanol synthesis

and dehydration catalysts were loaded consecutively as methanol synthesis catalyst at

the top of the methanol dehydration catalyst. In the second configuration, the cata-

lysts were mixed homogeneously before loading the mixture to the reactor. For feed

streams containing CO2 as carbon source, methanol synthesis and methanol dehydra-

tion catalysts were loaded to the reactor in a homogeneously mixed form. If sorbent

was present, sorbent was also present in the mixture.

Leak tightness of the reactor was important since low GHSV was required in

pressurized vessel and H2 was one of the reactants. Unions, with which reactor was
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connected to the system, were wrapped with PTFE band. After loaded reactor was

connected to the system in a way flow was from top to bottom, the reactor was pres-

surized with N2 to 32 bar and later, gas inlet and outlet were stopped while pressure

of the system was monitored. If 0.1 bar decrease in the system pressure was observed

in 75 min, leaking connection was found with bubble and tightened. Test was repeated

until pressure decrease was not observed. Loaded reactor, installed into the system,

can be seen in the Figure 3.2.

Figure 3.2. Loaded reactor installed into the system.
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Before pressurization of the reactor, methanol synthesis catalyst had to be re-

duced. For reduction of the methanol synthesis catalyst, di↵erent strategies are present.

Reduction duration, temperature, flow rate and H2 composition in the reducing gas

are typical pre-treatment parameters. The reduction conditions in this study are set

to ensure reproducibility of the experiments and complete reduction of the CZA cat-

alyst. Referenced article for this paragraph contains the closest reduction procedure

applied in the experiments [55]. Reduction was conducted at atmospheric pressure and

temperature of 230 0C for 2 h. Reduction temperature was above the reaction temper-

ature, which is 225 0C. Reactor temperature was increased from room temperature to

reduction temperature at a rate of 5 0C min-1 under 50 Nml min-1 N2 flow. During the

reduction, conducted at 230 0C, H2 flow rate was 10 Nml min-1. After 2 h of reduction,

H2 flow was switched to 50 Nml min-1 N2 flow and temperature of the reactor was

cooled to reaction temperature, 225 0C, as purge step which lasted for 1 h [55].

Table 3.3. Flow rates used in experiments during pressurization and reaction.

Flow Rate Pressurization (Nml min-1) Reaction (Nml min-1)

Carbon Source H
2

CO
x

N
2

H
2

CO
x

N
2

CO 68 36 26 12 6 5

CO 68 36 26 18 9 7

CO 68 36 26 23 12 9

CO 68 36 26 35 18 13

CO 68 36 26 57 30 22

CO 68 36 26 68 36 26

CO
2

- - - 9 7.1 5

CO
2

68 29.4 26 12 4.7 5

CO
2

77 22 26 13 3.4 5

CO
2

93 7.8 26 16 1.1 5
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3.2.3. Mixture of Feed Streams and Pressurization

Table 3.3 shows options of flow rates used in the experiments as entered into mass

flow controllers depending on the carbon source of the feed stream for both pressur-

ization condition and reaction condition of the reactor. Given values in Table 3.3 can

be converted to actual flow rates using the data given in Appendix Chapter B. Dur-

ing pressurization of the reactor, pressurization flow rate was supplied into the reactor

using mass flow controllers and valve of back pressure regulator was in closed position.

After switching to reaction flow rate, valve of the back pressure valve was turned into

open position. For CO as carbon source, di↵erent reaction flow rate values were given

for the corresponding GHSVs, which were calculated based on the CZA volume. For

CO2 as carbon source, di↵erent pressurization flow rate values and reaction flow rate

values were given for the corresponding H2/CO2 ratios. Pressurization flow rate of the

first line for CO2 carbon source was not given since reactor was not pressurized with

H2/CO2 ratio of 1 initially. For the ratio, only reaction flow rate was given. Data

for the corresponding ratio was taken for the comparison purpose. After taking data

for another ratio, flow rate was switched to flow rate for the corresponding ratio and

waiting duration was longer since reaction flow rates were lower than the pressurization

flow rates. Data for the corresponding ratio was taken after reactor reached equilib-

rium. Sorbent regeneration was carried out by swinging the pressure. In this context,

regeneration was conducted for 1h at reaction temperature under 50 Nml min-1 N2 flow

and atmospheric pressure after reactor was depressurized. To complete regeneration

cycle, reactor was pressurized back.

3.3. Reaction System

Figure 3.3 shows integration of reaction and analysis systems. In Figure 3.4,

appearance of reaction system, which was called Parker Autoclave Engineers’ BTRS-

Jr PC, was shown. Controlled in-flow of pressurized reaction gases in feed stream,

temperature control of the oven, pressure control of the reactor were all provided by

BTRS-Jr PC and features of BTRS-Jr PC could be reached over connected computer.
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Mass flow controllers inside BTRS-Jr PC, belonging to H2, CO and N2, were shown

in Figure 3.5. Mass flow controllers of H2, CO and N2 gases were BROOKS Delta

SLA5800. Mass flow controllers outside BTRS-Jr, belonging to CO2, was shown in

Figure 3.6. Mass flow controller of CO2 was Bronkhorst El-Flow. Flow rate amount

controlled gases were mixed upon entrance to the temperature controlled oven. For

feed gas analysis, bypass of reactor was available. Pressure of the gas mixture was

measured at the entrance of the reactor with a pressure transmitter and pressure of

the system was controlled with a pneumatically actuated back pressure regulator, which

was shown in Figure 3.7, by changing exit flow rate. Exit stream of BTRS was heated

to 145 0C until the septum, with which samples were taken to qualitatively analyse

presence of methanol and water, to prevent condensation of methanol and water before

the cold trap.
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Figure 3.4. Appearance of BTRS-Jr PC.

Figure 3.5. MFCs inside the BTRS.
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Figure 3.6. External MFC.

Figure 3.7. Back pressure regulator of BTRS.
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3.4. Analysis Systems

Analysis systems were used to measure concentrations of compounds in the exit

stream of the reactor. Using inert gas, N2, as internal standard allowed to measure flow

rate of the exit stream after cold trap. Exit flow rates of the compounds were calculated

knowing total flow rate of exit stream and concentrations of compounds. GCMS, one

of two separate analysis systems, was able to detect smaller compound concentrations

so smaller sample injection sizes were preferred compared to other analysis system,

GC, to prevent saturation of the MS detector and to analyse concentration of DME

quantitatively. First analysis data of reactor exit stream was taken at 30th min and for

the following data data taking interval was 45 min.

3.4.1. Gas Chromatography with Thermal Conductivity Detector

Shimadzu GC-2014, shown in Figure 3.8, was calibrated to detect concentrations

of H2, N2, CO, CH4 and CO2, written in the order of retention time. Knowing concen-

tration of inert, N2, at the exit stream, exit total flow rate was calculated. Sampling at

the exit stream after cold trap was conducted with a valve connected to a sample loop

having 1.1 ml of volume. Used analysis method was shown in Table 3.4. GC analysis

method was independent of the carbon source in the feed stream.

Figure 3.8. Shimadzu GC-2014 System.
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Table 3.4. Analysis Method of GC.

Parameters

Carrier Gas Argon

Carrier Gas 25 ml min-1

Flow Rate

Sample Loop 1.1 ml

Volume

Injection Temperature 150 0C

Column Packing Carboxen-1000

Material

Column ID 2 mm

Column Length 6 m

Oven Temperature 1 60 0C

Oven Temperature 1 10.6 min

Duration

Oven Temperature 2 100 0C

Oven Temperature 2 9.1 min

Duration

Oven Temperature 3 150 0C

Oven Temperature 3 6.7 min

Duration

Oven Temperature 25 0C min-1

Ramp Rate

Detector Current 50 mA

Detector Temperature 175 0C

3.4.2. Gas Chromatography-Mass Spectrometer

GCMS-QP2010 Ultra, shown in Figure 3.9, was calibrated to quantitatively de-

tect DME and to qualitatively detect methanol and water. Sampling method, being

di↵erent than the one used for GC-2014, was conducted with septums and gas-tight
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Figure 3.9. Shimadzu GCMS-QP2010 Ultra.

syringes. One of the septums used was before the cold trap and the second one was

after the cold trap. Septum before the cold trap was used for qualitative determination

of methanol and water in the exit stream. Septum after the cold trap was used for

quantitative determination of DME in the exit stream. For di↵erent carbon sources,

syringes di↵erent in size were used and di↵erent analysis methods were applied since

DME concentration at the exit of the reactor changed depending on the carbon source

in the feed stream. Features of di↵erent analysis methods including used syringes were

given in Tables 3.5 and 3.6, respectively for CO and CO2. Quantitative DME analysis

were conducted after vacuum of the system was established.
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Table 3.5. Analysis Method of GCMS for CO as Carbon Source.

Parameters

Syringe Type Gas Tight Syringe

Syringe Size 10 µl

Carrier Gas Helium

Flow Control Mode Linear Velocity

Linear Velocity 99.6 cm sec-1

Split Ratio 19

Column Flow 7.05 ml min-1

Total Flow 141.0 ml min-1

Column Rt-Q-Bond

Column Diameter 0.53 mm

Column Thickness 20 µm

Column Length 30 m

Injection Temperature 150 0C

Oven Temperature 120 0C

Analysis Duration 1.5 min

Ion Source Temperature 220 0C

Interface Temperature 250 0C

Detector Voltage Relative To Tuning

-0.4 kV

Acquisition Mode Scan

Event Time 0.2 sec

Start m/z 10

End m/z 100
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Table 3.6. Analysis Method of GCMS for CO2 as Carbon Source.

Parameters

Syringe Type Gas Tight Syringe

Syringe Size 100 µl

Carrier Gas Helium

Flow Control Mode Linear Velocity

Linear Velocity 99.6 cm sec-1

Split Ratio 9

Column Flow 7.05 ml min-1

Total Flow 70.5 ml min-1

Column Rt-Q-Bond

Column Diameter 0.53 mm

Column Thickness 20 µm

Column Length 30 m

Injection Temperature 150 0C

Oven Temperature 120 0C

Analysis Duration 1.5 min

Ion Source Temperature 220 0C

Interface Temperature 250 0C

Detector Voltage Relative To Tuning

-0.4 kV

Acquisition Mode Scan

Event Time 0.2 sec

Start m/z 10

End m/z 100

3.5. Complete Procedure as Flowchart

Flowchart for the complete procedure applied to conduct an experiment can be

found in Figure 3.10.
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Figure 3.10. Flowchart Depending on Carbon Source and Presence of Sorbent.
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3.6. Definitions

This section summarizes the definitions used throughout the study. Volumetric

flow rate of each component in the inlet stream was found using compositions obtained

with GC in the feed gas analysis and volumetric flow rate of the feed gas measured

with soap bubble meter as follows:

Qin ⇥ xi,in = Qi,in (3.1)

Volumetric flow rate of exit stream was calculated based on exit N2 composition

obtained with GC, inlet volumetric flow rate and inlet N2 composition as follows:

Qin ⇥ xN
2

,in

xN
2

,out
= Qout (3.2)

Volumetric flow rate of each component in the exit stream was found using com-

positions obtained with GC as follows:

Qout ⇥ xi,out = Qi,out (3.3)

COx conversion was found comparing the exit COx volumetric flow rate with the

COx inlet volumetric flow rate as follows [3, 40, 45]:
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QCO
x

,in �QCO
x

,out

QCO
x

,in
⇥ 100 = XCO

x

(3.4)

When H2 to COx ratio was equal or above the stoichiometric ratio, valid for the

experiments present, maximum DME volumetric flow rate in the exit stream can be

calculated based on the number of carbon atoms present in the COx, 1, and DME, 2,

molecules as follows:

QCO
x

,in

2
= QDME,out,max (3.5)

Comparing DME exit volumetric flow rate with maximum achievable DME exit

volumetric flow rate, DME yield can be calculated as follows [40, 45]:

QDME,out

QDME,out,max
⇥ 100 = YDME (3.6)

Maximum CO2 volumetric flow rate and CO2 yield were calculated using the same

method for maximum DME volumetric flow rate and DME yield as follows [40,45]:

QCO
x

,in

1
= QCO

2

,out,max (3.7)
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QCO
2

,out

QCO
2

,out,max
⇥ 100 = YCO

2

(3.8)

For calculation of GHSV, volume of 1 g CZA and feed gas volumetric flow rate,

having unit ml h-1, were used. Volume of 1 g CZA was obtained using height and

diameter of 1 g CZA placed in the reactor. Feed gas volumetric flow rate, having unit

ml h-1, and GHSV were calculated as follows:

Qin ⇥ 60 = Qin,h-1 (3.9)

Qin,h-1 ⇥ ⇢CZA,45-60

1
= GHSVCZA (3.10)

Sorption recovery percentage was calculated based on initial DME yield before

sorbent was regenerated for the first time. DME yield obtained after each sorbent re-

generation was compared with initial DME yield to obtain sorption recovery percentage

as follows [56]:

YDME,i

YDME,1
⇥ 100 = SRi (3.11)
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4. RESULTS AND DISCUSSION

Results were divided into three section depending on the carbon source and sorp-

tion enhancement obtained when CO2 was carbon source in the feed stream. Section

4.1 included the findings related with the e↵ects of relative locations of the catalysts

(i.e. catalyst configurations), reactor pressure and GHSV, when the carbon source in

syngas was CO. These findings set path to the studies that involved the use of CO2 as

the carbon source in the feed whose results were presented in Section 4.2. Results of

increasing H2 ratio in the feed stream when CO2 was carbon source in the feed stream

were demonstrated in Section 4.2.1. More active dehydration catalyst requirement due

to presence of water and lower concentration of methanol when CO2 was the carbon

source necessitated synthesizing more acidic dehydration catalysts and increasing their

relative amounts in the packed bed. The related results were reported in Section 4.2.2.

E↵ect of in-situ water removal with sorbent addition to the reactor on DME yield and

CO2 conversion were covered in Section 4.3.

Presence of exothermic reactions, except reverse water-gas shift reaction when

carbon source in the feed is CO2, sets a decreasing thermodynamic limit on the carbon

source conversion and DME yield with increasing temperature. When CO2 is carbon

source in the feed stream, increasing temperature reduces equilibrium DME selectivity

while equilibrium CO selectivity increases due to endothermic reverse water-gas shift

reaction as seen in Figures 4.1 and 4.2. Reaction temperature was selected considering

higher thermodynamic limit zone while satisfactory kinetics could also be obtained.

Therefore 225 0C was used as the reaction temperature being independent of the section

[3].
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Figure 4.1. E↵ect of Temperature on DME Selectivity at Di↵erent Pressure Levels

When H2/CO2 Ratio is 3 [3].

Figure 4.2. E↵ect of Temperature on CO Selectivity at Di↵erent Pressure Levels

When H2/CO2 Ratio is 3 [3].
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Figure 4.3. E↵ect of Temperature on CO2 Conversion at Di↵erent Pressure Levels

When H2/CO2 Ratio is 3 [3].

Figure 4.4. E↵ect of Pressure on Equilibrium CO2 Conversion and DME Yield at 225

0C When H2/CO2 Ratio is 3.
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For CO2 as carbon source, increasing pressure from 30 bar to 50 bar produces an

increase in CO2 conversion and DME yield from ⇠ 33 and ⇠ 25, respectively, to ⇠ 43

and ⇠ 35 as shown in Figures 4.3 and 4.4 according to thermodynamic analysis con-

ducted. Rate of CO2 conversion and DME yield increase decreases with a small slope

as pressure increases. E↵ect of sorbent addition was expected to be more pronounced

than pressure increase above 30 bar. On the other hand when CO is carbon source,

pressure increase does not produce desired CO conversion and DME yield increase

above 30 bar because at ⇠ 30 bar, as seen in Figure 4.6, obtained conversion value,

which is ⇠ 90% is already close to the thermodynamic value and complete conversion.

Ruan et al. [39] at 50 bar obtained a similar conversion and yield value, 93% and 65.9%,

respectively, as shown in Table 2.5.

Catizzone et al. [3] compared equilibrium CO2 conversion values obtained for

methanol synthesis and direct DME synthesis from CO2 and H2 for a temperature and

pressure range as seen in Figure 4.5 and obtained a variable called CO2 conversion

gain. This variable, calculated using conversions obtained with both method, shows

importance of one step DME synthesis from CO2 and H2 (i.e. higher the value better

to use one step route). Maximum CO2 conversion gain at each pressure level were

gathered at lower temperatures until 60 bar.

4.1. CO as Carbon Source

In this section relative positions of methanol synthesis and methanol dehydration

catalysts were investigated when CO was used as the carbon source. During this

investigation, loading amount of methanol dehydration catalyst and methanol synthesis

catalyst was 1 g for each. H2 to CO ratio was 2, which is the stoichiometric ratio for

methanol synthesis via CO hydrogenation. Higher H2 to CO ratios reduced the exit

volumetric flow rate of desired product because fed carbon amount was decreased

while increase in CO conversion was not significant since near complete conversion

was obtained for H2 to CO ratio of 2. Another disadvantage of increasing the ratio is

reduction of CO2 selectivity, which means reduction of water removal from the system
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Figure 4.5. E↵ect of Temperature and Pressure on CO2 Conversion Gain When

H2/CO2 Ratio is 3 [3].

[4]. Default GHSV used for configuration and pressure tests was ⇠ 1750 h-1, calculated

considering the volume of methanol synthesis catalyst, CZA, as shown in Section 3.10.

Default pressure for the catalyst configuration and GHSV tests were set to 30 bar.

4.1.1. Catalyst Configurations

In this subsection, two di↵erent configurations for methanol synthesis and methanol

dehydration catalysts, mixed and consecutive, were investigated according to CO con-

version and DME yield obtained during experiments.

CO conversion and DME yield obtained on the mixed configuration were notably

higher than those measured on the consecutive configuration (Figures 4.6 and 4.7). For

consecutive loading of catalysts, DME yield was ⇠ 0% while for the mixed configuration

DME yield was ⇠ 50%. Advantage obtained in CO conversion and DME yield using

mixed loading can be explained with simultaneous removal of water formed as result of

methanol dehydration reaction, which drives equilibrium methanol dehydration reac-
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tion forward, via water-gas shift reaction [24]. When carbon source in the feed stream

is CO and catalysts are loaded consecutively, first methanol synthesis reaction takes

place. However, water-gas shift reaction cannot occur because water is not present in

the medium and is formed later during methanol dehydration. After certain amount

of DME and water formation, dehydration reaction stops and as a result, water-gas

shift reaction does not take place through out the reactor since methanol synthesis cat-

alyst, on which water-gas shift reaction also takes place, is not present together with

methanol dehydration catalyst. On the other hand, when mixed configuration was

used, after first methanol molecule is formed and dehydrated to form DME, water-gas

shift reaction, which leads to formation of CO2, starts to take place simultaneously. In

Figure 4.8, formation of CO2 as a result of water-gas shift reaction can be seen. As

a result, increase in CO conversion was both provided by water-gas shift reaction and

DME formation. In this way using mixed configuration, via water-gas shift reaction,

process intensification is achieved.

Figure 4.6. E↵ect of Catalyst Configuration on CO Conversion.
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Figure 4.7. E↵ect of Catalyst Configuration on DME Yield.

Figure 4.8. E↵ect of Catalyst Configuration on CO2 Yield.
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4.1.2. Reactor Pressure

According to Figure 4.9, increasing pressure was helpful to increase CO conver-

sion and DME yield, obeying Le Chatelier’s principle. The highest CO conversion and

DME yield values were obtained at 30 bar pressure, the highest pressure used. The

reason behind not to increase pressure above 30 bar is that CO conversion and DME

yield increase above 30 bar is not significant when CO is carbon source because at ⇠

30 bar, as seen in Figure 4.6, obtained conversion value, which is ⇠ 90% is already

close to the thermodynamic value, presented in Table 2.4 and complete conversion.

Moreover, Ruan et al. [39] at 50 bar obtained a similar conversion and yield value,

93% and 65.9%, respectively, as shown in Table 2.5. On the other hand, above 20 bar,

decrease in significance of increasing pressure can be observed as shown in Figure 4.9.

At higher GHSVs, significance of increasing pressure might be more apparent.

Figure 4.9. E↵ect of Pressure on CO Conversion and DME Yield.
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4.1.3. Reactor GHSV

According to Figure 4.10, decreasing GHSV was helpful to increase CO conversion

and DME yield. Above 2500 h-1, ⇠ 1.5 times the default GHSV, decrease in CO

conversion and DME yield can be observed more clearly, which means there was a

room to increase default GHSV. Above 8000 h-1, decrease in CO conversion and DME

yield became insignificant with increasing GHSV. As a conclusion, reactants can be

assumed to like staying on the catalyst surface longer.

According to Figure 4.10 until 4800 h-1, di↵erence between CO conversion and

DME yield remained the same. Considering that CO2 was most of the side products,

since di↵erence was the same, water-gas shift reaction was not the limiting reaction.

Methanol synthesis reaction should be limiting reaction since dehydration reaction

stayed more active compared to water-gas shift reaction around 8000 h-1.

Figure 4.10. E↵ect of GHSV on CO Conversion and DME Yield.
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4.2. CO
2

as Carbon Source

4.2.1. H
2

/CO
2

Ratio in the Feed Stream

Increasing H2 ratio in the feed stream as seen in Figure 4.11 caused CO2 con-

version to increase. Reason of this observed e↵ect as a result of increased H2 ratio in

the feed stream was caused by moving forward of reverse water-gas shift and methanol

synthesis reactions. On the other hand, impact of the increase in CO2 conversion was

not that significant since the inlet CO2 molar flow rate decreased by increasing H2/CO2

ratio. Alternative to increasing the ratio, extent of CO2 conversion can be increased by

implementing an in-situ steam removal strategy. In this context, the use of a steam-

selective adsorbent is investigated and the related findings are reported in Section 4.3.

Figure 4.11. E↵ect of H2/CO2 Ratio on CO2 Conversion.
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4.2.2. Dehydration Catalysts and Dehydration Catalyst to CZA ratio

When carbon source is CO2, water concentration inside the reactor increases

due to reverse water-gas shift reaction and methanol concentration decreases due to

lower thermodynamic limit of CO2 hydrogenation, as shown in Table 2.4, compared to

usage of CO as carbon source. These conditions enhances competitive adsorption of

water onto the catalytically active Lewis acid sites of �-Al2O3 when carbon source is

CO2. To form Br�nsted acid sites, on which water has little e↵ect, on �-Al2O3 and to

decrease number of Lewis acid sites, PTA impregnation is one of the options [31, 53].

Keggin structure of PTA leads to formation of stronger Br�nsted acid sites; however,

calcination above 450 0C transforms Keggin structure into moderate Br�nsted acid

sites, WO3, which is more preferred since stronger Br�nsted acid sites can lead to

further (undesired) dehydration of DME [3, 31, 53, 57]. In fact, it was observed that

addition of 20 wt.% of PTA to �-Al2O3 increased DME yield from ⇠ 4 to ⇠ 9% as

shown in Figure 4.12.

The e↵ect of PTA loading on CO2 conversion and DME yield is presented in

Figure 4.13. For the following experiments, H2/CO2 ratio of 3, stoichiometric ratio for

CO2 hydrogenation, was used. Ratio of the mass of dehydration catalyst to that of

the synthesis catalyst was set to 2. DME yield showed an increasing trend until 30

wt.% PTA loading above which the throughput of DME remained almost unchanged.

Despite an increase in CO2 conversion from ⇠ 20 to ⇠ 24% upon further PTA loading,

30 wt.% was selected as the optimum value based on the DME yield trend and was

used in the rest of the experiments.
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Figure 4.12. E↵ect of PTA Impregnation on DME Yield (H2/CO2 = 10, mass of

dehydration catalyst = 0.75 g).

Figure 4.13. E↵ect of PTA Impregnation Amount on CO2 Conversion and DME

Yield.
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The e↵ect of the ratio of the mass of dehydration catalyst to that of synthesis

catalyst was presented in Figure 4.14. Despite a small improvement in CO2 conversion,

DME yield remained unresponsive to the increased amount of 30 wt.% PTA/�-Al2O3

in the packed-bed. This result shows that the 2 g of the dehydration catalyst provides

su�cient number of acidic centers to dehydrate methanol to DME. Based on this find-

ing, the mass ratio was fixed to 2 in the experiments involving the use of sorbent.

Figure 4.14. E↵ect of 30 wt.% PTA Impregnated �-Al2O3 to CZA Ratio on CO2

Conversion and DME Yield.

4.3. Sorption Enhanced DME production from CO
2

One of the methods available to promote forward reverse water-gas shift and

methanol dehydration reactions was to add a steam selective solid sorbent to the

packed-bed of catalysts. For this purpose, a commercial sorbent, Zeolite (or Molecu-

lar Sieve) 3A, was used. This material was selected due to its smaller pore diameter

(⇠ 3Å) which accepts He, H2O, NH3 molecules having lower kinetic diameters [58].

This makes Zeolite 3A suitable for removal of steam preventing adsorption of larger

molecules [15]. In order to determine e↵ectiveness of sorbent addition, increase in CO2
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conversion and DME yield was monitored depending on the added sorbent amount and

on time. Performance of the sorbent upon regeneration was also monitored.

Figure 4.15 gives the CO2 conversion level measured in the presence and absence

of the sorbent along with the pertinent thermodynamic value calculated via Gibbs Free

Energy minimization technique (see Section 2.2.2.1). The results also include the re-

sponses obtained as a function of the mass of the sorbent packed with the catalysts.

It is worth noting that the catalysts and sorbent were mixed uniformly. It was ob-

served that 3 g sorbent addition showed the best performance in terms of showing

highest CO2 conversion prior to regeneration was required. CO2 conversion levels were

above the thermodynamic value for a certain amount of time depending on the sorbent

amount. Compared to the case without sorbent, duration above the thermodynamic

value increased with sorbent addition significantly. CO2 conversions measured upon

saturation of the sorbent were just below the pertinent thermodynamic limit. More-

over, the ”saturation” CO2 conversion obtained in the absence of the sorbent was below

those of the sorption-enhanced cases. Other than constant benefit of sorbent addition,

this deviation could be accepted as an error, since the impact of sorbent is expected

to fade out upon its saturation. Deviation in the measured N2 exit concentration used

in the calculation of exit CO2 molar flow rate of the system could be a potential root

cause, since CO2 concentrations of exit streams were close to each other.

In Figure 4.16, DME yield for each added sorbent amount were presented along

with the theoretical predictions and the benchmark case that does not involve sorbent.

It was observed that 3 g sorbent addition showed the best performance in terms of

reaching the highest DME yield and showing the higher DME yield for longer time

before regeneration was required. Being di↵erent than the findings in Figure 4.15, peak

formation was not observed initially. Observing the peak in Figure 4.16 later than in

Figure 4.15 should be related with the relative rates of reverse water-gas shift, methanol

synthesis and dehydration reactions. Early consumption of CO2 points out that reverse

water-gas shift is faster than DME production. Peak formation in DME yield was

not observed in the absence of the sorbent. For 3 g sorbent addition, reaching the
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saturation value of DME yield took more than 160 min. Except 3 g sorbent addition,

all of them reached the same saturation DME yield value before 160 min. The results

also show that even 3 g of sorbent addition was not enough to reach thermodynamic

DME yield value. In this respect, more sorbent addition seems necessary to overcome

the theoretical DME yield. Formed water as a result of methanol dehydration might

lead to formation of CO2 if water sorption is not enough. This is not desired because of

decreased CO2 conversion. For higher DME yield and CO conversion to DME instead

of CO2, closer relative rates of reactions might be more beneficial. For Figures 4.17

and 4.18, maximum tested amount of sorbent, 3 g, was used.

In Figure 4.17, maximum DME yield values obtained in each cycle was shown.

Decrease in the maximum DME yield was observed after each regeneration and it

turned out to be slightly higher after twice regeneration. In Figure 4.18, regeneration

capability of sorbent was shown in a more understandable way taking maximum DME

yield obtained after each regeneration and comparing that with maximum DME yield

obtained when sorbent was fresh. Regeneration capability of a once regenerated sor-

bent, above 99%, was higher compared to regeneration capability of a twice regenerated

sorbent.
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Figure 4.15. E↵ect of Sorbent Amount on CO2 Conversion.

Figure 4.16. E↵ect of Sorbent Amount on DME Yield.
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Figure 4.17. Regenerated Sorbent-DME Yield Relation for 3 g Sorbent Addition.

Figure 4.18. Sorption Recovery Percentage-Regeneration Times Relation for 3 g

Sorbent Addition.
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5. CONCLUSION

The aim of the study was to carry out a parametric investigation of CO and

CO2 hydrogenation, with more emphasis on the latter, and to elucidate the impacts

of sorption enhancement on CO2-to-DME conversion. Conclusions obtained to reach

aim of this study was mentioned in three sections covering di↵erent steps of the study.

For further improvements, recommendations section was included after conclusions

sections.

5.1. Conclusions from CO as Carbon Source

• For mixed configuration of the methanol synthesis and dehydration catalysts,

obtained CO conversion and DME yield values were higher compared to consecu-

tive configuration. This advantage was provided by water-gas shift reaction that

took place simultaneously with other reactions. With mixed configuration, near

equilibrium values for CO conversion and DME yield were obtained.

• With increasing pressure, CO conversion and DME yield were increased. Highest

values for CO conversion and DME yield were obtained at 30 bar, which was

the highest pressure tested. Rate of increase in CO conversion and DME yield

decreased with increasing pressure.

• Decreasing GHSV was helpful to increase CO conversion and DME yield. With

increasing GHSV, rate of decrease in CO conversion and DME yield became more

notable. GHSV of 2500 h-1 could be taken as threshold value for increasing rate

of decrease in CO conversion and DME yield.

5.2. Conclusions from CO
2

as Carbon Source

• Increasing H2/CO2 ratio was helpful to increase CO2 conversion. However, this

benefit was masked by reduced percentage of DME in the exit stream.

• DME yield increased significantly upon PTA addition to �-Al2O3.
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• DME yield showed increasing trend until 30 wt.% PTA loading whose further

increase did not improve DME yield.

• Increasing 30 wt.% PTA impregnated methanol dehydration catalyst to methanol

synthesis catalyst mass ratio above 2 did not improve DME yield.

5.3. Conclusions from Sorbent Addition to The Reactor

• Addition of 3 g sorbent inside the reactor was more helpful than 1 and 2 g sorbent

addition to sustain CO2 conversions above the pertinent equilibrium value.

• Addition of 3 g sorbent inside the reactor was more helpful than 1 and 2 g sorbent

addition to reach higher maximum DME yield value.

• Peak for CO2 conversion level was observed before peak for DME yield level

due to higher relative rate of reverse water-gas shift reaction compared to other

reactions.

• Once regenerated sorbent retained sorption capacity more than twice regener-

ated sorbent and decrease in sorption capacity was more significant in second

regeneration.

• With sorbent addition maximum CO2 conversion values were higher than the

pertinent thermodynamic equilibrium value while maximum DME yield value for

3 g sorbent addition was close to the pertinent thermodynamic equilibrium value.

5.4. Recommendations

• Even though results obtained with 30 wt.% PTA impregnated �-Al2O3 as dehy-

dration catalyst were good, dehydration catalyst having more density, occupying

less volume inside the reactor and requiring less methanol dehydration to synthe-

sis catalyst weight ratio could be investigated.

• Sorbent addition to the reactor was e↵ective for water removal which increased

CO2 conversion and DME yield; however, regeneration of sorbent more than two

times could be investigated to address cyclic stability of the sorbent.

• In order to increase DME yield value above the pertinent thermodynamic value,
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increasing sorbent amount more than 3 g should be investigated.

• In order to observe durability of the catalysts, a time-on-stream experiment last-

ing for a longer time than the experiments included should be conducted.
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APPENDIX A: CHROMATOGRAPH CALIBRATIONS

A.1. Gas Chromatograph Calibration

Figure A.1. Shimadzu GC-2014 H2 Calibration.
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Figure A.2. Shimadzu GC-2014 CO Calibration.

Figure A.3. Shimadzu GC-2014 CO2 Calibration.
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Figure A.4. Shimadzu GC-2014 N2 Calibration.

Figure A.5. Shimadzu GC-2014 CH4 Calibration.
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A.2. Gas Chromatograph-Mass Spectrometer Calibration

Figure A.6. Shimadzu GCMS Ultra QP2100 Ultra DME Calibration for CO as

Carbon Source.
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Figure A.7. Shimadzu GCMS Ultra QP2100 Ultra DME Calibration for CO2 as

Carbon Source.
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APPENDIX B: MASS FLOW CONTROLLER

CALIBRATIONS

Figure B.1. H2 MFC Calibration.
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Figure B.2. CO MFC Calibration.
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Figure B.3. CO2 MFC Calibration.
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Figure B.4. N2 MFC Calibration.


