NUMERICAL INVESTIGATION OF HYDROGEN PRODUCTION FROMETHANE
FOR SMALL SCALE STATIONARY PEM FUEL CELL APPLICATI®IS

by
Ozgir Tan
B.S., Chemical Engineering, Istanbul Technical University, 2005

Submitted to the Institute for Graduate Students in
Science and Engineering in partial fulfilment of
the requirements for the degree of

Master of Science

Graduate Program in Chemical Engineering
Bogazici University
2007



dedicated to my mother

and father



ACKNOWLEDGEMENTS

| would like to express my truthful gratitude to my thesis supersj Professor
Zeynepilsen Onsan and Assistant Professor Ahmet Kerim Avci for thgdtance and
understanding. | am indebted to them for their patience for myeexkng questions and
for the assistance and support they provided throughout the courgeprbjict. It was a
great opportunity and privilege for me to work with them and learn filoer great

expertise and experiences in catalysis and reaction engigpee

I would like to thank Mustafa Karakaya for sharing his scienkifickground with
me and for his valuable suggestions on the framework of the projgotld also like to
express my thanks to Emre Bddaci for his partnership and true friendship that continues

since our undergraduate education.

Finally, | must express my cordial feelings to my familfanis work would have
never been possible without everlasting support, patience and agement they
provided throughout my entire life. | dedicate this work to my fativbo showed me how
a father should be, and my mother, who is the most self-saugifimother in the world;
but | know, no dedications, no words or no phrases can be used to thank,taltheran

say is that | am very proud of being their son.

The financial support for this research was provided by IMAK through project
104M163 and by Bgazici University Research Fund (BAP) through project 06 HA501.



ABSTRACT

NUMERICAL INVESTIGATION OF HYDROGEN PRODUCTION
FROM METHANE FOR SMALL SCALE STATIONARY
PEM FUEL CELL APPLICATIONS

The steady-state behaviour of the fuel processor system aumsi$ta catalytic
indirect partial oxidation reactor (combined total oxidation/steaforming), a water-gas
shift converter and a preferential carbon monoxide oxidation reémtaronversion of
methane to hydrogen for use in small scale fuel cell apmitatis investigated using
computer-based modeling/simulation techniques. Steady-state tsimudand sizing of
reactors, which are considered to be packed-bed tubular typecaaied out for six
different feed ratio ((methane/oxygen, steam/methane) = (2247), (1.89, 1.56))
/PEMFC power output (500, 1000, 1500 W) configurations. Material balaicelations
are executed to obtain the flow rates of each speciestasgaam. These results are then
used in reactor modeling and simulation studies as boundary conditiestemate the size
of the reactors in terms of catalyst weight. A one-dimensips&lidohomogeneous reactor
model is used for modeling and simulation purposes. Reactor dimeraidnsatalyst
particle diameter are then estimated by using a set tefiarito quantify interfacial heat
and intraparticle mass transfer resistances and flow behawiopacked beds. Total
pressure change along the reactor tube is also checked suitte ttismensions do not lead
to excessive pressure drop. Catalyst quantity in each reactound to increase almost
linearly with the power output of the PEMFC at both feed compositioasgths and
diameters estimated for IPOX, WGS and PROX reactorslapef@und to increase with
increasing PEMFC power output. Total system volume, excluding piregppumping and
heat exchange units, is estimated to be 0.49, 0.98 and 1r5Xdité&00, 1000 and 1500 W
of PEMFC power outputs, respectively.
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OZET

KUCUK OLCEKL i DURAGAN PEM TiPi YAKIT PiLi
UYGULAMALARI ICIN METAN GAZINDAN H iDROJEN
URETIMININ SAYISAL OLARAK ARA STIRILMASI

Metan gazinin kuguk 6lcekli yakit pili uygulamalarinda kullaniimak ejzeatalitik
dolayli kismi oksidasyon (toplam oksidasyon + buhar reformlama) réiaksirgazi
degisim reaktorti ve secgimli karbon monoksit oksidasyon reaktéri iceren g@kikim
sisteminde hidrojene dogiiml bilgisayar destekli modelleme/benzetim ydntemleriyle
incelenmgtir. Dolgulu yatakl tipte ve tugeklinde oldgu kabul edilen reaktorlerin kararh
durum benzetimleri ve boyutlandiriimalari altigdgk besleme orani ((metan/oksijen,
buhar/metan) = (2.24, 1.17), (1.89, 1.56))/yakit pili gigiici (500, 1000, 1500 W)
dizeninde yapilngtir. Her bilgenin her akimdaki akideseri kitle dengesi hesaplamalari
yurltllerek elde edilngiir. Daha sonra bu sonuglar, kataliz@nrag! cinsinden reaktor
boyutlarini hesaplamak igin, reaktér modelleme ve benzetiminde deserleri olarak
kullanilmistir. Modelleme ve benzetim cginalari bir boyutlu tirde reaktér model
kullanilarak yapilmgtir. Uzunluk cinsinden reaktdr boyutlari ve katalizor pargacn
capl, akgkan ve katalizér arayuzindeki 1si iletimini, katalizor pargaen icindeki kitle
iletimini  ve dolgulu yatakli reaktérlerdeki gki rejimini belirleyen 6lcitlerin
kullanilmasiyla bulunmgiur. Reaktor tipd boyunca toplam basing giglei,
reaktorin igindeki katalizor miktarinin iki farkli besleme oraniddayakit pilinin giiclyle
dogrusal olarak artg bulunmutur. Ayrica her reaktér icin elde edilgnuzunluk ve cap
degerlerinin de yakit pilinin guclyle ar#i gbzlemlenmgtir. Boru donanimlarinin,
pompalarin ve isi dgstiricilerinin dahil olmadg! toplam sistem hacmi, 500, 1000 ve 1500

W guctndeki yakit pilleri igin sirasiyla 0.49, 0.98 ve 1i§# blarak hesaplansiir.
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1. INTRODUCTION

Hazardous emissions caused by conventionally used energy conversion

technologies such as internal combustion engines are constituingmportant
environmental risk that forces automobile industry and developing techntdogpnd
innovative solutions for the development of clean energy conversitansg;swhich is also
imposed by stringent legislative regulations (Trimm and Ong@91). Therefore,
development of fuel-efficient engines that release less paotlitas been a major objective
for many years. Promising alternatives have been idehtifiefour key areas: direct-
injection compression ignition engines, hybrid electric vehicles, ¢ell powered electric
vehicles and the use of lightweight materials (Trimm and Qr@01). Fuel cell powered
electrically driven vehicles have become one of the most piregnisindidates for clean

energy production.

Fuel cells offer significant advantages compared to theecwional technologies in
clean and efficient power generation. Moreover, when pure hydregased, they can
operate at zero emission levels. They produce lower noises,f&aee moving parts,
represent comparably longer service life and operate iesftig because of the
electrochemical conversion of the fuel into electrical powighaut the need of a heat
generation step; such attractive features make fuel eelfgromising alternative of
conventional combustion engines for use in automobiles (Ahmed and Kturapel,;
Trimm and Onsan, 2001). In addition to transportation purposes, fuetaellalso be used
in a variety of areas ranging from small portable devigesstationary residential

applications and mega-watt scale power stations (Avcli, 2003).

Types of fuel cells operating with different fuels and tetdgtes are investigated
for their potential use in such application areas. For vehieuldrtransport applications,
the most promising fuel cell technology appears to be the Polfteetrolyte/Proton
Exchange Membrane Fuel Cell (PEMFC) fueled by hydrogen due tontpactness, low
weight, potential for low cost and volume, high power density, nawiyl dynamic
response and ability to start-up quickly (Ahmed and Krumpelt, 2001; 2063; Ralph



and Hards, 1998; Ghenciu, 2002). Despite the advantages of it, some@E@ist in the
use of PEMFC such as the lack of hydrogen distribution infrastruetuih is a handicap
for the need of continuous hydrogen availability and the low-energgitsieof today’'s
hydrogen storage technology. Also, as a method of having hydorgboard, storage of
hydrogen on-board needs excessive volumes and is still an expengiwderathe current
technological status is considered. Nevertheless, itnisoption very likely to be
commercialised in the long term (Satyaedlal, 2007). Therefore, compact, efficient
devices that convert hydrocarbon fuels into hydrogen-rich gasumai on-board the
vehicle with a system called fuel processor seems to bengiging alternative (Trimm and
Onsan, 2001).

A fuel processor converts a primary, hydrocarbon-based fudiydragen-rich gas
mixture in the context of a catalytic process within diffeygrgsible kinds of reactors such
as membrane, monolithic and fixed-bed types (Ma and Trimm, 19%me¢et al, 2001;
Avcl et al, 2000). Three catalytic reactions are proposed to take placeri@s sn the
configuration of a fuel processor system (Agtal, 2002). Primary fuel is first converted
catalytically into a hydrogen-rich gas mixture by steam reffogndirect partial oxidation
or by indirect partial oxidation. One promising route for hydrogen mtaiu is indirect
partial oxidation (IPOX), which is the combination of total @tidn (TOX) of part of the
fuel and steam reforming (SR) of the remaining fuel. iBteaforming is an endothermic
reaction, i.e. heat must be supplied for this reactionewhbthl oxidation is an exothermic
reaction which produces heat. During indirect partial oxidation mgdteat released by
the exothermic total oxidation is harnessed by the endothermic sefarming (Ma,
1995; Ma and Trimm, 1996). Coupling of total oxidation and steam refommaaxgjions is
also called as autothermal reforming (ATR) or autothermaldmgir production (Brown,
2001).

Reformed gas mixture is then treated by water-gas shiG3Wreaction in a
subsequent catalytic reactor for reducing the level of carbmmoride, a poison for the
fuel cell catalysts, and for enriching the hydrogen concentratityalrogen-rich gas
mixture is finally sent to a preferential carbon monoxide oxidatiantoe (PROX) where
carbon monoxide concentration is reduced to the levels below thebteléraits of the
PEMFC electrodes of 10 ppm (Cheetgal, 2007).



The objective of this study is to investigate the steaalystonversion of methane
to hydrogen in a fuel processor system that includes IPOX, W@EIROX reactors and
to design and to size these reactors by a series of computdrrbadeling and simulation
techniques. A parametric study is conducted by considering tvierafif feed ratios
((methane/oxygen, steam/methane) = (2.24, 1.17), (1.89, hbé))hree different power
sizes of PEMFC (500, 1000, 1500 W), summing up to six different coafigns of the
fuel processor system. For every configuration, component flt®s veithin the system are
figured out by material balances. Catalyst quantities withénreactors to deliver these
calculated throughput rates and compositions are estimated by aseeattor model.
Reactors are considered to be catalytic packed-bed typeatbapodeled and simulated
using one-dimensional pseudohomogeneous model. Evaluation of catalystiegiasiti
followed by sizing of the reactors and determination of appropratdyst particle sizes.
The latter are carried out by incorporating equations of mechamegjyebalance and a
set of criteria for quantifying interfacial (fluid-to-cagat) and intraparticle (within the
catalyst) transport resistances, axial dispersion and fluid floafile into the reactor
model. In each of the configuration of the fuel processor sydmnevery reactor, it is
aimed to come up with a reactor length, diameter and parirdetisat can offer reactor
operation almost free of transport resistances with minimaspresirop and with a fluid

flow profile as assumed in the pseudohomogeneous reactor model.

A literature survey related to fuel cell technology, tataidation and steam
reforming of methane, partial oxidation processes, water-gigesdnition and preferential
carbon monoxide oxidation is presented Chapter 2. Material balaneztians, the
mathematical model and the set of quantitative critanpleyed for the simulation and
sizing of IPOX, WGS and PROX reactors are given in Chapt€ofponent flow rates in
every stream of the fuel processor system obtained fromialdiatances and simulation
results, which are the component flow and temperature prafides the reactor for every
feed/power output configuration, used in reactor design and siziagprasented and
discussed in Chapter 4. An exploratory study for the intensificafieheofuel processor
system using process intensification techniques is outlined in &h&ptChapter 6
involves the major conclusions that can be drawn from this study anecttmendations

for future work.



2. LITERATURE SURVEY

2.1. Fuel Cell Technology

2.1.1. Fuel Cell Operation

Fuel cells are energy conversion devices in which chemicalesésred in a fuel
is converted into electrical energy by series of electroated reactions. Electro-chemical
fuel cell process is a simpler, cleaner and more effic@eration compared to fuel

conversion in internal combustion engines (Song, 2002).

A typical fuel cell consists of electrodes, i.e. anode atkdode and an electrolyte
which is placed between these porous electrodes. In a fuebpmsthtion, fuel is fed to
anode where the fuel is oxidized to give positive ions and electidmes electrolyte
between the two electrodes conducts positive ions selectigety dnode to cathode. On
the other hand, electrons are transferred from anode to cathodeamg wf an external
circuit in which the electrical power is generated. Oxygen nutésc(that is generally
supplied in the form of air), protons and electrons react at thed=to give the products
of the fuel cell conversion process. A typical fuel cellrapen is given in Figure 2.1 in
which the operation of a hydrogen-driven fuel cell with a positicelarged-hydrogen ion

conducting electrolyte is demonstrated (Karakaya, 2006).

Fuel lerpI cted Tucl
—1 1 1 1 T L

Anode: Hy —= 2H + 2e
Electrelyte H+ I .:1 Currgnt
Catlwde: - 20+ IH + 26 —= H-0»
— 1 r 1 l —
Air Steaw, Depleted Aar

Figure 2.1. Fuel Cell Operation (Karakaya, 2006)



The output electrical potential of an individual fuel cell, @gghydrogen driven
fuel cells is given about 0.6-0.7 volts (Trimm and Onsan, 2001)emergl, voltage of a
single fuel cell is insufficient and therefore, combinatioriued cells in the form of stacks

is necessary for achieving the desired power output.

2.1.2. Types and Applications of Fuel Cells

Fuel cells are categorized as low temperature fuel oghgch are Proton
Exchange/Polymer Electrolyte Membrane Fuel Cells (PEMF&plihe Fuel Cells (AFC)
and Phosphoric Acid Fuel Cells (PAFC) and high temperature fligivdgich are Molten
Carbonate Fuel Cells (MCFC) and Solid Oxide Fuel Cells (SOPejry and Green,
1997).

Each type of fuel cell has a set of specific features dha associated with their
efficiencies, type of electrolyte material, operating terapee, cost etc. PAFC has high
efficiency which can be considered as the ratio of generatedrgowper unit of fuel feed
and it can tolerate carbon monoxide concentration of about 1.5 molergeHowever, it
has low power generation and large size and weight that aremgiadble for vehicular
applications. AFC can achieve power generating efficiencie uf per cent and has
advantages of being simple in design and less expensive {efitsaferet al, 1998),
whereas it requires pure hydrogen as feed and is sensitivedbtmaaonoxide. MCFC and
SOFC promise high fuel-to-electricity efficiencies up to 86 gant and they can process
hydrocarbon fuels. However, they operate at elevated temperahoas923 K and 1273
K, respectively, possibly requiring high external energy demandedaiively high capital
cost due to the need of materials of construction having improvechdaheesistances
(Perry and Green, 1997).

PEMFC uses pure hydrogen as fuel and operates with a solidngroly
(perfluorosulfonic acid) electrolyte which is an excellent conductiohydrogen ions and
has ability to reduce corrosion, safety and management proliEmgpared to other types
of fuel cells, PEMFC has high power density, quick start-uptabdbout 40 per cent of
efficiency and low operation temperatures between 343 and 363 K (liaramnd Dicks,
2003; Chenget al, 2007). Due to its such features, PEM fuel cells are pdiynari



investigated to suit for residential, commercial and transpamtapplications (Larminie
and Dicks, 2003; Santarelli and Torchio, 2007; eeal, 2007). The major properties of
PEMFC are presented in Table 2.1.

Table 2.1. Major properties of PEMFCs (Selen, 2003)

Operating temperature 343 — 363 K
Cathode/Anode catalyst Pt/Pt

Efficiency (5 kW size) 30 — 40 per cent
Efficiency (50 kW size) 35 — 45 per cent
Estimated cost $200/kW

_ Membrane durability
Major challenges .
System complexity

High power density
. Quick start-up

Major advantages _
Reduced corrosion and management problgms

Low operating temperatures

Transportation
Major applications Small scale CHP
Portable/leisure

PEMFC has anode and cathode electrodes that are composed of mioeeor
precious metal catalysts such as platinum (mostly ugddlinum alloys, palladium,
rhodium, supported by high surface area materials such as carbon pmwtiBers,
conducting polymers such as a composite of polypyrrole and polystytemade, carbon
nanohorn (Litster and McLean, 2004). Due to the usage of platintadysta on both
surfaces, the cost of operation rises. In order to lower thiggtasnum loadings as low as
0.014 mg/crfiis reported using novel sputtering methods (Cha and Lee, 1999; @'etay
al., 2002) where conventional catalyst layers generally featur@gnsive platinum
loadings of 4 mg/ch (Litster and McLean, 2004). As a consequence, cost of sataly

loading may no longer be a major barrier for PEMFC use.



The PEMFC does not tolerate more than 10 ppm carbon monoxide since the
platinum catalysts used on electrodes are highly sensitivehgopbisonous carbon
monoxide gas (Chenet al, 2007). In addition, water management is an important issue
for PEMFC operation since the solid polymer electrolyte habetchumidified which
means that by-product water should not evaporate faster thsrpibduced — a factor

requiring low temperature operation (Larminie and Dicks, 2003).

2.2. Fuels and Fuel Conversion Processes Used in On-bo&tgdrogen Production

The potential use of fuel cells in applications such as tramdjwort facilities
brought significant challenges associated with generation, st@madedistribution of
hydrogen which is used as a common fuel in fuel cells (TrimmCurghn, 2001). There
are two methods for fuelling a fuel cell vehicle with hydroggtoring hydrogen on-board
or producing it on-board. For on-board hydrogen storage, pressurized vassels
considered to store hydrogen under cryogenic conditions (i.e. irotheedf liquid) and
high-pressure cylinders are considered to store hydrogen as coedpgass Alternatively,
hydrogen can be chemisorbed on a metal or alloy to form metal éydoatcan be
adsorbed on carbon nanotubes (Trimm and Onsan, 2001; Avci, 2003). Howether, at
moment these hydrogen storage methods are somewhat expensive, occepgivexc
volume, increase the weight, decrease the energy conveffimeney and they are not
easily refillable. Because of these reasons, storage ofdgmian-board does not seem to
be feasible for passenger vehicles and requires further impemenNevertheless, it may
be feasible for use in big vehicles like buses and lorries, wha@tame and weight
constraints are minimalAs a result, design and operation of efficient and compatt fue
processors which convert hydrocarbons to hydrogen on-board the vehitékéagreat
attention and served as a promising way for usage of fuel cellanspbrtation (Trimm
and Onsan, 2001; Ralph and Hards, 1998).

2.2.1. Fuels
Various types of fuels have been considered for their conversiondmmdan.

Natural gas, LPG (liquefied petroleum gas), gasoline, meth&thanol and diesel are

some of the fuels of interest. However, diesel conversion requwirel-controlled



conditions, since it can deposit coke easily during the fuel caowgrsocesses mentioned
in Section 2.2.2. Nevertheless, its ease of on-board stbeageise of its liquid form, well-
established delivery infrastructure, high energy density and pdeantage keep diesel as
one of the important candidates for on-board conversion (CheekaaanariLane, 2005;
Kopaszet al, 2005; Kang and Bae, 2006).

Methanol has received most interest for on-board conversion siréniliquid
form at ambient temperatures, having high energy density and, eadmepared with other
fuels, it can be reformed at lower temperatures, as séabia 2.2. Methanol has also the
advantage of having low carbon monoxide concentration in product stte&m¢l per
cent) compared to other fuels (Brown, 2001). Although many studiestee successful
demonstration of on-board methanol conversion, methanol has some prolbentsts
production volume and a lackiatistribution network; current supply of methanol can only
meet the demands of a certain number of fuel cell vehitlesnfaset al, 2000; Thomas
and Dawe, 2003). Hence, investments for establishing additioettiamol synthesis
facilities and distribution networks are required for the usenethanol as fuel (Avci,
2003). Furthermore, methanol is a toxic chemical which can causeisséazards for

health and for environment (Brown, 2001).

Table 2.2. Temperature ranges of steam reforming faerdift fuels (Brown, 2001)

Fuel Temperature Range (K)
Methane 1000 - 1100
Methanol 500 - 560
Ethanol 800 — 1000
Multi-carbon Hydrocarbons 1000 — 1150

Gasoline is another fuel considered for on-board hydrogen produdti@s & high
energy density, is already available for on-board applications hassda widespread
refuelling infrastructure. Unlike methanol, gasoline does not recair extra synthesis
step; it can be obtained by refining crude oil (Avci, 2003). Desipitenany advantages of
gasoline, it contains aromatic hydrocarbons which can easilydezaké formation during



its steam reforming (Rostrup-Nielsen, 1984). Catalyst dedizin due to high sulphur
content in gasoline is another problem for on-board gasoline conveltgwertheless,
prototypes with gasoline fuel processor/PEM fuel cell systeenbaing developed by

major car manufacturers (Springmetral, 2004).

Ethanol is a renewable liquid fuel, which can be produced from biomiiss
biochemical processes i.e. any starch or sugar source viarf@ton and can be
converted to hydrogen on-board a vehicle. Ethanol has important acksam@agpared
with other fuels such as being almost Gt@utral since the carbon dioxide produced in the
process is consumed for biomass growth and offering a nearly cladszhdoop by this
way. Moreover, it offers high energy density, safety, eafséhandling, storage and
transport because of its liquid form and non-toxicity (Liguwaal, 2004). Thus, ethanol

seems to be promising potential as a fuel for on-board conversion.

LPG (Liquefied Petroleum Gas) is a well-known and widely usedl 1t can be
stored in liquid form in pressurized vessels for mobile and pertz#. LPG is by-product
of crude oil processing in refineries and is a mixture of propaenabutane, whose
amounts change with the processed crude oil. Moreover, LPG hadovergulphur
content, high power density and is a cheaper fuel compared ts.oltheerefore, its on-
board conversion in small-scale applications has been investigstestveral groups
(Ahmed and Krumpelt, 2001; Laosiripojana and Assabumrungrat, 2005; Re@ipedto
2005; Cipitiet al, 2006).

Natural Gas is mainly composed of 75 to 85 percent methatiethe remainder
being ethane, propane and trace of carbon dioxide (Dicks, 1996)edtthie lowest carbon
dioxide emissions and the highest hydrogen-to-carbon ratio among thénpdnecarbon
fuels. Moreover, natural gas has major advantages in stonagdistribution: it can be
shipped in the form of liquefied natural gas (LNG) or distributedudin widespread
pipeline networks worldwide. Thus, natural gas is considered theb&leal and suitable
fuel for hydrogen production due to its good storage properties, existragtructure and
high hydrogen/carbon ratio (Baet al, 2003). However, it is not a suitable fuel for on-
board hydrogen production, because it needs heavy and large pressesgeld for on-

board storage. In addition to its complicated storage, whichceuse of its gaseous form
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in ambient temperatures, considerable energy input is needisl donversion due to the
stability of natural gas molecules. Therefore, instead of usiimgsmall-scale vehicular
applications, it is much more promising to use it in on-site hydrogroduction for

stationary residential and commercial applications (Avcl, 2D@s, 1996).

2.2.2. Fuel Conversion Processes

Several methods such as steam reforming, thermal crackargon dioxide
reforming, partial oxidation and autothermal reforming are sstggefor the conversion of
hydrocarbon fuels to hydrogen (Jamal and Wyszynski, 1994; Trimm anch,O2(61;
Penaet al, 1996). Autothermal reforming and steam reforming have been caetidsr
the basic processes for hydrogen production in commercial appisatiowever, most of
the industrial hydrogen production is based on methane steam refoouingntly
(Muradov and Vezirglu, 2005).

Thermal cracking is direct decomposition of hydrocarbons to canbdmydrogen:

For methane cracking, the reaction is:

CHy — C+2H,  AH%gs=74.8 kd/mol (2.2)

The process has some basic advantages: no carbon dioxide and carbon monoxide
are produced during the reaction, thus there is no need for an eyrésteduce the
carbon monoxide level and hydrogen is produced in a single step. Howt®rerare some
difficulties associated with thermal cracking: high energy inpuequired to sustain the
reaction due to its endothermicity and this process occurgghttémperatures, around
1673 K and higher where the use of transition metal catalygtsNg.Fe, Co) may reduce
the maximum temperature of the process (Muradov, 2003). Bechtlse lugh operation
temperature, catalyst can be deactivated by coke format®m result, due to the high-
energy demand and potential coke formation problems, thermal cragents not to be a

feasible solution process for on-board hydrogen production (Trimm asan)2001).
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Steam reforming of hydrocarbons is a well-known route for hydrogeduption

and favoured by high temperatures:

CoHm + NHLO ——» NCO + (Ysm+n)k} (2.3)

Steam reforming of hydrocarbons to produce hydrogen runs generally on nickel
based catalysts and is a well-established industrial pratEsgibed in detail (Twigg,
1989; Rostrup-Nielsen, 1984) while steam reforming of methanolnisaté&ractive

alternative for small-scale applications (Joensen and RosialgeN, 2002).

Catalytic steam reforming offers higher hydrogen concentrateashing up to 80
per cent (for partial oxidation and autothermal reforming 40-50 peocedty basis) in the
crude reformed gas (Mingt al, 2002) and it leads to the best gas quality (Heiazel,
2002) compared with partial oxidation and autothermal reforming. nBusteam
reforming, water-gas shift reaction takes place as arsaeion which occur on same
catalyst as steam reforming; it lowers the carbon monoxide swaten and increases the
hydrogen production, so it is important to the final product spetienifn and Onsan,
2001):

CO+HO «—> CO +Hy,  AH%gg=-41.2 kd/mol (2.4)

Steam reforming is endothermic and heat must be added to tha systestain the
reaction. Due to the considerable heat demand, requiremdatgef reactors and high
amounts of catalyst loading, steam reforming by itself is ppti@ble for vehicular on-
board applications. However, for on-board applications, the energy eswant of
Reaction (2.3) can be provided by combusting the part of the fuel &ly axidation
reaction which generally runs on Pt-based catalysts (Golunski, 19@@nTand Onsan,
2001):

CHs + 20, ——»CO, + 2H0, AH%gs=-802.3 kJ/mol  (2.5)

The combination of total oxidation (2.5), steam reforming (2.3)veatdr-gas shift

reaction (2.4) is called indirect partial oxidation (IPOX). lhe indirect partial oxidation
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process, water addition is needed to sustain steam reformingaaedgas shift reactions,
since water produced by total oxidation is not sufficient for phigose (Rostrup-Nielsen,
1998). Besides, for temperature control of catalyst bed and tomiménthe coke formation
during steam reforming reaction, extra water has to be addethmtsystem (Avcet al,
2001b; Trimm, 1999). The process is called autothermal reformingR)Adhen extra
water is integrated to the system. The carbon monoxide and dditbade in the product
gas stream can be removed by various techniques such agastEidt reaction, carbon

dioxide absorption, methanation and preferential oxidation (Ahme&amdpelt, 2001).

Another route for hydrogen production is the direct partial oxidatiothadein
which methane is oxidized to give a mixture of carbon monoxide and hydmogesingle
step (Hickman and Schmidt, 1993; Trimm and Onsan, 2001):

CHy + %0 ———»CO +2H,  AH°%gg=-35.7 kJ/mol (2.6)

Direct partial oxidation process is thermodynamically fad@ehigh temperatures,
around 1023 K and at short residence times betweéhabd 10 s (Hickman and
Schmidt, 1992; Penat al, 1996). In case of longer residence times the process may turn
into indirect partial oxidation or may even result in carbon dioxidermghg (Trimm and
Onsan, 2001):

CHy + CO, ———»2CO + 2H, AH %gg=-247 kJ/mol (2.7)

Basic hydrogen production processes, steam-reforming, indireihl patdation
method which is combination of steam reforming, water-gas shdt tatal oxidation
reaction, and direct partial oxidation process are investigatedepth in following

sections.

Among fuel conversion processes mentioned above, direct partial ioxidatd
autothermal reforming seem to be more attractive than othbmugh steam reforming
itself gives the highest hydrogen production per unit amount otcurelerted. Compared
with others, ATR and direct partial oxidation processes have sufies: they have

relatively short response times to changes in the applicatiortevest, e.g. in vehicular
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applications and can be designed more compactly in hardwamreguires smaller reactor
volumes (Ahmed and Krumpelt, 2001). When compared to direct paxta@dtion method,
ATR is reported to have similar carbon monoxide and hydrogen s@iestiand the latter
route has also the ease of operation and control (&val, 2001a). Therefore, ATR is

considered as the fuel-processing route for hydrogen production indids

2.3. Total Oxidation of Methane

Steam reforming reaction is an endothermic reaction and necéssd input can
be supplied in several ways. Electric heaters could be coedidsrheaters; however, due
to its high cost and low overall efficiency, other options shoulahbestigated (Trimm and
Onsan, 2001; Rakasg al, 2006; Karakaya, 2006). Total oxidation is a possible way to
generate necessary heat for endothermic steam reformiotiore&Trimm and Onsan,
2001):

CH, + 20, ———» CO, + 2H,0, AH %5 = -802 kJ/mol (2.5)

Indirect partial oxidation is a combination of total oxidation &team reforming
reactions and is an autothermal, self-sustaining reactiorhaa released by exothermic
total oxidation reaction is utilized by endothermic steam refogmeaction (Trimm and
Onsan, 2001). However, total oxidation reaction needs high temperaduinitiate which
changes with the hydrocarbon fuel-to-oxygen ratio in the feede¥ample, methane is
reported to initiate to oxidize at 623 K for methane-to-oxygen tR.53 over P&AIl,03
catalyst (Maet al, 1996).Therefore surrounding room temperature may not be enough for
most hydrocarbons and pre-heating is usually necessary for thiespu(primm and
Onsan, 2001). This can be achieved by energy integration in fuelgsar system by heat
exchangers to heat the feed stream (Astcal, 2001a; Avciet al, 2002) or by oxidizing
methanol and hydrogen which are reported to have oxidized at room &unpevver a

precious metal catalyst such as platinum @lal, 1996; Jiang, 1992; Jiareg al, 1995).
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2.3.1. Catalysts

Precious metal catalysts such as platinum, palladium and rhedeineported for
combustion of hydrocarbons since their stability at high tempegaisirguitable for total
oxidation conditions of hydrocarbons (Trimm, 1983; dtaal, 1996; Burchet al, 1999).
Moreover, the effect of support material on the catalyticfopeance of methane
combustion for platinum, palladium and rhodium catalysts has beenigatedt Rh
supported on Zrg Ce-ZrQ and a-Al,O; is investigated by Eriksson and co-workers
(2006), palladium catalyst was studied by using a series of metkes as the support by
Yoshida et al. (2007). Also, catalytic performance of bimetallic palladiuntiplian
catalyst is investigated for methane combustion (Pelssal) 2006).

An important parameter in total oxidation of light hydrocarbonhés light-off
temperature. This temperature is defined as the point ahwapiproximately 10 per cent of
the hydrocarbon is oxidized and is the starting point of the activityeobxidation catalyst
(Trimm and Lam, 1980; Avcet al, 2002). Figure 2.2 shows experimentally measured
hydrocarbon conversion versus inlet temperature curves for mettthaee and propane
at a hydrocarbon/oxygen ratio of 0.9 over platinum based catdlysAlRO; (Ma et al,
1996). It can also be seen from the graph that at ca. 10 pelnyabotarbon conversion,
i.e. at light-off temperature, oxidation of hydrocarbons beginsatsal as the length of the

carbon chain and hydrocarbon conversion increase, light-off temperaareases and
reactivity increases.
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Figure 2.2. Hydrocarbon conversion vs. inlet temperature fdranet ethane and propane

at a hydrocarbon/oxygen ratio of 0.9 ovebfAl,0; (Maet al, 1996)
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Palladium-based catalysts have the lowest light-off teatpee of methane
oxidation (Burchet al, 1999; Ciuparu and Pfefferle, 2001); platinum-based é¥al,
1996; Veser and Schmidt, 1996) and rhodium-based (Bairah 1999) catalysts are also
being utilized. They could also be classified in the order pahadiased > platinum-based
> rhodium-based on the basis of their activity (Aryafar aret&al997).

Light-off temperature of a hydrocarbon depends strongly on hydrocarbon/oxygen
ratio. Table 2.3 shows the results of Kfaal. (1996) that indicates variation of light-off
temperatures of methane oxidation oveb+t,0; at different methane-to-oxygen ratios.
Veser and Schmidt (1996) mention about amount of methane at inletfamd that light-
off temperature of platinum-based catalysts decreases #smaeinlet composition
increases. Light-off temperature is an important concept ésigd and operation of
oxidation systems; therefore needs certain comprehension for premiesy and regular

operation (Buket al, 1997).

Table 2.3. Light-off temperatures of methane oxidation
at different CH/O, ratios (Maet al, 1996)

CH4/O, | Light-off Temperature (K
0.27 724
0.9 641
2.53 623
5.04 589

2.3.2. Kinetics of Methane Oxidation

Several studies about the kinetics of oxidation of hydrocarbons daurin the
literature, which suggest different rate expressions in the @drLangmuir-Hinshelwood
(Trimm and Lam, 1980; Mat al, 1996) and Power-Law (Ma, 1995; Opoku-Gyamfi and

Adesina, 1999) types, proposed for certain ranges of operating conditidcsitalysts.
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Langmuir-Hinshelwood and power-law type rate expressions describitigamee
oxidation over Pt-based catalysts are presented in Table 2mnfTand Lam, 1980; Ma,

1995, Maet al, 1996). Rate expressions reported by Trimm and Lam (1980) are

Langmuir-Hinshelwood type, in which first term is based on the imradbetween

molecularly adsorbed methane and oxygen, whereas the second term top®Itise

Elay-Rideal mechanism between molecularly adsorbed methahexgen in the gas

phase.

Table 2.4. Rate equations for total oxidation of methane for led=galysts

ce

Catalyst Rate Equation Referen
I(TOXaF)CH PO05 I(TOXbPCH I:)O Trimm
_ — 4 2 4 V2 2&)
Pt/Al,O3 ltox = — 1 ( and Lam,
1+ KéH4 Pooz5 1+ KéH4 P02 1980
—r _ kTOXa PCH4 I:)02 +
TOX — c c 2 .
(1"' KCH4PCH4 + Ko2 Poz) (2.9) Trimm
Pt/Al,O3 K “1"and Lam,
TOXb PCH 4 I:)02 1980
(1+ Kém PCH4 + ch>2 Poz)
p _ Krox Kém PCH4 8 ch>2 I::'oz Maet al,
t/S'AI 203 - rTOX —_ A A 5 (2.1)) 1996
(1+ KCH4 PCH4 + \ Ko2 I::'oz )
- — —21068 095 -017
Pt/s-Al 203 - I‘TOX - 157"1(? * EX{WJ* (PCH4) * (POZ) (21 1Na, 1995

In Table 2.4,k

TOX

and is described with an Arrhenius-type relationship:

k =k, exp{_—Eij
| RT

wherei is the reaction index.

is reaction rate constant for methane oxidation (Reaction 2.5)

(2.12)
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K&, and Kg are oxidation adsorption constants for methane and oxygen,

respectively. Temperature dependency of these coefficiergstimated by using van't-

Hoff equation:

—AH,
K, =K, exg —== (2.13)
’ RT

wherej is the component index.
2.4. Steam Reforming of Methane
Steam reforming of hydrocarbons is a well-established processstlocairrently
used in hydrogen production at industrial scale (Twigg, 1989; Armor, 188@rogen
needed to drive PEM fuel cells is produced by steam reformihgdsbcarbons, as part of

the ATR mechanism as mentioned in Section 2.2.2, in on-lboardonversion systems.

Hydrocarbons are converted to carbon monoxide and carbon dioxide dingctly

two generic reactions:
CiHm + NHHO —— nCO + (Y2m+n)k (2.3)
CHm + (2n)HO «—> nCQ + (*2m+2n)H (2.14)
For steam reforming of methane, the reaction is as follows
CH; + HL O «—> CO + 3H, AH 0298 = 206.2 kj/mOl (215)
An important side reaction, water-gas shift (WGS), runs s$anabusly with the
steam reforming reactions (Reactions (2.3) and (2.14)) and safféwt product
composition. In water-gas shift reaction, carbon monoxide treatadsteam is converted

to carbon dioxide and hydrogen:

CO+ H,O «—» CQ+ H,, AH 0298 =-41.2 kJ/mol (24)
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Steam reforming is an endothermic reaction and thermodynayrfi@adired at high
temperatures. Considerable energy requirement of the sefarming reaction is one of
the major difficulties of the process. External heaters and tsuare reported as usable
equipments for heat transfer to catalyst bed during reactiakagzet al, 2006). It is also
reported that heat transfer is the most important factor desgrmines the product
distribution and reactor performance (Kvamsetadl, 1999).

Steam requirement is another difficulty for the operationesisteam reforming
reaction takes place at high temperatures -typically aboveK-0&0d at high temperature

steam activates the catalyst sintering.

2.4.1. Catalysts

Ni-based catalysts are currently being used in the conventiahseforming
processes since, compared with the precious metal catalgstsas Rh-based ones, they
are cheap but still offer sufficient activity (Twigg, 1989; Rop-Nielsen, 1984; Trimm
and Onsan, 2001).

Coke formation is the most important difficulty which has to beamree during
steam reforming reactions. In order to minimize catalgdting, steam to carbon ratio
(Equation 2.16) should have a minimum value of ca. 2.5 (Rostrup-Njel8&4; Trimm
and Onsan, 2001). In an indirect partial oxidation operation whichdmaination of total
oxidation and steam reforming reactions, steam-to-carbon ratefirseed as follows (Avci
et al, 2002):

molesof water fed+ molesof water producedoy TOX
molesof methanefed — molesof methaneonsumedn TOX

steand carbonratio =

(2.16)

It is reported that coke formation is much less on Rh and Ratriip-Nielsen,
1984); however, their high cost makes it difficult for commerciaé. The specific
activities of several metals doped on alumina or magnesiapoeted to be in the order of
Rh, Ru > Ni, Pd, Pt > Re > Co (Rostrup-Nielsen, 1973).
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Supports used for Ni-based catalysts have also been invastigatenimize coke
formation in recent studies. Ross (19v&ported that magnesia or potassia, both of which
are alkaline components, eliminates coke formation. In addifiomm (1999) reported
that ceria support can reduce coke formation. Bradford and Varit®é)(arranges Ni-
based catalysts according to their activity in the order i6fi®; > Ni/C > Ni/SIiQ, >
Ni/MgO. A comprehensive summary about coke formation during stedonming is
available in the literature (Rostrup-Nielsen, 1998; Ma, 1995).

2.4.2. Kinetics of Methane Steam Reforming

There are many investigations about methane steam reformintickime the
literature (Rostrup-Nielsen, 1984; Xu and Froment, 1989; Elnasias, 1990; Ma,
1995; Numaguchi and Kikuchi, 1988). The main difference in these kistetittes and,
hence the observed rate expressions, is the order of steaah pasisure, which can have
positive, negative or zero values. This difference is redotb be because of non-
monotonic behavior of partial pressure of steam on the reaction m&ohéEInashaiet
al., 1990).

Xu and Froment (1989) reported Langmuir-Hinshelwood type rate equatiocis w
are determined using elementary-step kinetic model proposal. dlkeyreported rate
expressions for water-gas shift side reaction. The rate eipmesfor methane steam
reforming and water-gas shift which are derived for the NKM@, catalyst, are given in
Table 2.5 and Table 2.6, respectively.

Numaguchi and Kikuchi (1988) have also proposed a kinetic model foangeth
steam reforming and water-gas shift reactions run over JfAtatalyst. In their kinetic
model, they considered surface reaction as the rate-deternsit@pg The resulting rate
laws are of Langmuir-Hinshelwood type, which are given in Table i&d5Table 2.6 for
steam reforming and water-gas shift, respectively. Thegrted rate equation for methane
steam reforming towards formation of carbon monoxide, thus thelgaméction, i.e.
steam reforming of methane towards carbon dioxide is not taken raardgq Numaguchi
and Kikuchi, 1988). Ma (1995) also recommended a rate expression fommestieam

reforming which is also given in Table 2.5.
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Table 2.5. Rate equations for steam reforming of methane

Rate Equation Referencg
25 3 SR
_r Ksr/ B (PCH Py 0 -R; P ol Ke ) 2.17) Xu and
SR 2 .
1+ KeoPeo + Ky, By, + Koy, Poyp, + Ky 0P o/ Py Froment
( CO’" Cco CH, " CH, H,0" H,0 ) (1989)
Numaguchi
. = kSR(PCH4_PI-|32PCO/KeSqR) and
SR~ pa: pA: (2.18)}  Kikuchi
CH," H,0O (1988)
—r. = kSRKCH4KH20PCH4PH20
SR~ P P (2.19)| Ma (1995)
Riy @+ Ko, o8 + Ko )’
2 4 PH2 2 PH2
Table 2.6. Rate equations for water-gas shift sideiogact
Rate Equation Reference
/By (PooPio = Py, Poo,  KESS Xu and
~ ey = Kwas /B, (FeoPio co2 ) (2.20)| Froment
(1+ I‘<COPCO + K P + KCH IDCH + I‘<H OPH 20 / P ) (1989)
kw (P P P / KWGSl NumagUChi
— rWGSl = GSIY CO CO, (2.21) and Kikuchi
P&, P‘*;O (1988)

k; is the reaction rate constant for reactioand K is adsorption constant for
specieg in all reaction rate expressions. Arrhenius equation (2.12) and vaff'eguation
(2.13) are used to determine the temperature dependendime)fcbefficientsK,‘3q is the

equilibrium constant for reactidn All parameters in equations (2.12) and (2.13) are given
in Table 2.7.
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Table 2.7. Parameters &f andK; in Equations (2.17) and (2.20)

(Xu and Froment, 1989)

Reaction ko; (Mol kgcat' s*) E, (kJ kmol")
(2.15) 1.17 x 18 bar’? 240,100
(2.4) 5.43 x 10 bar* 67,130
Species| K, (bar) | AH; (kJ kmol®) Equilibrium Constants
CH, | 6.65x10¢ - 38,280
HO | 1.77x16 88,680 Keg = 4707107 exp{%}j bar”
Co | 8.23x16 - 70,650 KYSS 21142107 ex;{‘37v300j
H, 6.12 x 10 - 82,900

Power-law rate expressions have also been proposed to deseribettiane steam

reforming (Rostrup-Nielsen, 1984; Ma, 1995). Rate law paramitesteam reforming of

methane and referred catalysts are given in Table 2.8.

Catalysts that are used in experiments by Xu and Froment (1989)uamagichi

and Kikuchi (1988) differ from each other; both are Ni-based catalystssupporting
materials are different. The catalyst properties are stiowiable 2.9. Metal surface areas

are nearly identical; however, a nickel content of catslggfers from each other.

Table 2.9. Catalyst properties

Xu and Froment (1989) Numagchi and Kikuchi (194
Catalyst Ni/MgALO, Ni/Al ;03
Metal Content (wt per cenf) 15.2 8.7
Metal Surface Area (ffg) 4.1 3.6
Density (kg/nj) 1,870 1,970

8)



Table 2.8. Power-law rate equation parameters for megiaae reforming

Orders
Reference Hydrocarbon Catalyst Temp. Range|(K) Pressuta)(M Er (kd/mol)
CH, H,O H,
Rostrup-Nielsen (1984 CH Ni/MgO 723-823 0.1 1 - - 110
Ma (1995) CH Ni/MgO 623-673 0.1 0.96 -0.17 0.25 60
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2.5. Partial Oxidation Process

As mentioned before, catalytic steam reforming of hydrocarbomgeisknown
route for hydrogen production that gives offers highest hydrogen wiwatten (Ming et
al., 2002; Heinzekt al, 2002). However, due to its high endothermicity, steam reforming
requires high energy input and elevated operating temperaturethenefre, it seems not
to be suitable for use in on-board fuel cell applications. On the lo#imel, partial oxidation
of hydrocarbons, once started, is energetically self sustaihisgnuch faster than steam-
reforming and it can run over smaller amounts of catalystveittin smaller reactor
volumes. Due to these advantages, partial oxidation seems tbebpromising fuel
processing route for hydrogen production from hydrocarbons for driving hydroge
cells

Partial oxidation of hydrocarbons is known to occur by two nragchanisms:

» Direct Partial Oxidation, which involves hydrocarbon conversion tchegig gas —

a mixture of carbon monoxide and hydrogen — in a single step

* Indirect Partial Oxidation, which involves the coupling of totadation and steam

reforming reactions.

2.5.1. Direct Partial Oxidation

In direct partial oxidation, hydrocarbons are converted to a mixdtirearbon
monoxide and hydrogen in a single step reaction (Trimm and Onsan, 2@8masi and

Schmidt, 1993). This reaction is given for methane as follows:

CH; + 2.0, ———» CO + 2H, AH 0298: -35.7 kJ/mol (26)

Direct partial oxidation produce synthesis gas at advantageaoll @@os for use
in processes. However, carbon monoxide-to-hydrogen ratio of 2 ishkessoptimal for
fuel cell applications in which maximal hydrogen and reduced carbon na@noxi

concentration are desired (Trimm and Onsan, 2001).
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Direct partial oxidation of hydrocarbons has been investigated a@retitftypes of
catalysts such as platinum group metals Pt, Pd, Rh on aluceina, titania supports and
on NiO-MgO. Schmidt and co-workers have studied the partial eaidaif various
hydrocarbons such as methane, n-hexane, cyclohexane, isooctanecamel (#ickman
and Schmidt, 1993; Bharadwaj and Schmidt, 1995; Hickman and Schmidt, T9@2ids
et al, 2003; Bodkeet al, 1998; Dietzet al, 1998). In these studies, it has been reported
that high CH conversions close to 100 per cent and high selectivities (gre@@eper
cent) to hydrogen was achieved on Rh-coated monoliths at veryoloaat times (~5 ms)
at ~ 1270 K and at near stoichiometric hydrocarbon-to-oxygen feexd, ratithout any

carbon formation over the catalysts.

Direct partial oxidation of methane has received interest tigreint researchers.
Choudhary and coworkers have studied methane direct partial oxidationkehbased
catalyst such as Ni/AIPQ(Choudharyet al, 1997; Choudargt al, 1998a; Choudaregt
al., 1998b). They observed high selectivity te &ound 95 per cent and activities, i.e.
methane conversions around 90 per cent at temperatures around 1078tkal.Jja000)
reported investigation about the direct partial oxidation of metloenNi/ALO;. Ru/TiO,
is another catalyst that has been investigated for its possielen direct partial oxidation

of methane at lower temperatures (Boucouvetasd, 1996).

Direct partial oxidation, which allows use of small sieactors, is compatible with
instant changes in feed conditions and offers coke-free operatidm.a8uantages make
direct partial oxidation process a promising technology for on-boaitbggn production
in mobile applications. However, high operating temperaturedisecibnd-level contact
times and near-explosive feed and operating conditions are tHengeal that limit the
practical use of this conversion route (Trimm and Onsan, 2001).

2.5.2. Indirect Partial Oxidation

Although steam reforming offers the highest hydrogen yield amongr othe
conversion routes, it suffers from the need of high temperaflires, considerable heat
must be given to the reaction system, which can be supplied lejtlestternal means or by

combusting the part of reactants. The concept of combustion ofopane fuel has
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received attention in many practices and applications. Indiregalpaxidation (IPOX) is
basically based on the same concept; it is the combinatiorottiegmic total oxidation
and endothermic steam reforming, and heat needed to drive thedattBon is generated
by combusting part of the fuel by the former reaction (Ma, 1995and&aTrimm, 1996; Ma
et al, 1996). External heat supply is therefore not necessary onceottesgiis triggered
and become self-sustaining. The concept of indirect partialatiaid has commercial
applications such as the Johnson Matthey Hot8peiactors (Golunski, 1998).

In indirect partial oxidation operation, various types of fuelshsas natural gas
(simulated by methane), LPG (liquefied petroleum gas), gasatie¢hanol, ethanol and
diesel may be considered their conversion to a hydrogen-riganst(Trimm and Onsan,
2001). However, except in the case of methanol, conversion of hybloosacannot be
initiated at room temperature and they have to heated up taghtiteoff temperatures for
conversion (Ma, 1995; Ma and Trimm, 1996). Ma (1995) has suggested iars@utthis
purpose in which hydrocarbons can reach to their light-off temperahyrethe heat
generated by methanol or by hydrogen combustion, both of which daitided at room

temperatures.

Coke formation is a phenomenon that is possible and needs careful ootttiol
indirect partial oxidation. External water injection into thectem system can help in
gasifying the coke deposited over the catalysts. Watectinje is also needed for
temperature control of catalyst bed and for meeting the wateand for steam reforming
reaction, as mentioned formerly (Avet al, 2002). Coke formation over nickel-based
catalysts can be minimized by keeping the steam-to-carbam (ddfined in Equation
(2.16)) around 2.5 (Rostrup-Nielsen, 1984).

Pt and Ni-based catalysts are used in total oxidation and s&fanming of
methane respectively, as mentioned in Sections 2.3 and 2.4&x#ekively studied in
depth by many researches (Ma, 1995, Ma and Trimm, 1996). Variouguwatibns of
these catalysts are experimented for indirect partial oxidatibrmethane. These
configurations are named as dual-bed, mixed-bed and uniform-bed dltithetn the
dual-bed system, Pt-based total oxidation catalyst is placeccapstind Ni-based steam

reforming catalyst is placed downstream of a tubular reattosuch a system, total
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oxidation and steam reforming is assumed to occur consecutivedye the steam
reforming is thought to be triggered by the heat released byaxitidtion reaction. The
mixed-bed system corresponds to a physical mixture of two cistalyisere the total
oxidation and steam reforming is believed to take place simoltzhe In the uniform-bed
configuration, both reactions occur over a bifunctional catalyst h&tiagd Ni metals on
the same support. Investigations on these catalyst bed corifiggratame up with
different hydrogen production efficiencies which can be considerbgidasgen produced
per unit of hydrocarbon fuel (Trimm and Onsan, 2001). Trimm and Onsan (RG0&)
experimented three configurations with the carbon:oxygen ratio5éf dt the inlet and
steam:carbon ratio of 2.34, and reported a graph that compaegwerehydrogen

production efficiencies of various bed configurations, whigbrésented in Figure 2.3.
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Figure 2.3. Comparison of relative hydrogen production efficgsngbtained over
different catalyst bed configurations. Feed conditions: carbon:oxygeb=

steam:carbon=2.34 (Trimm and Onsan, 2001)

The bifunctional catalyst is reported to give the optimdiopmance, with methane
conversion of up to 92 per cent and hydrogen production efficiencies qgfer&@nt at an
operation temperature of 903 K. Similar results also obtainedawnd Trimm (1996),
optimal performance is reported for bimetallic catalyst WiBh65 per cent conversion of

methane and 80-85 per cent selectivity to hydrogen.
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2.6. Water-gas Shift Reaction

The water-gas shift reaction (WGS)

CO+HO «—» CO + Hy, AH 0298= -41.2 kJ/mol (24)

is an industrially important reaction since it is one of thepstin overall process of
hydrogen production from natural gas, LPG and oil for ammonia synthedisother
important industrial processes such as hydro treating of petrod¢acks and refining
heavy oil (Choi and Stenger, 2003; Satal, 2003).

In recent years, there has been a renewed interest ongaatshift reaction due to
its important roles in fuel processing systems for hydrogen fekds, cespecially for
PEMFC (Suret al.,2005; Saitcet al, 2003).

The moderately exothermic water-gas shift reaction can hbeedaout at two

different temperatures:

» High-temperature shift (HTS) taking place between 623 and 673 K
* Low-temperature shift (LTS) taking place between 453 and 523 K

Majority of carbon monoxide is converted to hydrogen by HTS and aff&
which the CO level is reduced down to approximately 7,000 ppm &8alhy 2005) or ~2
mol per cent (Avcet al, 2002). It is reported that in many processes, WGS is considered
as secondary hydrogen producer and the primary CO clean-up f¥&erarudinet al,
2004). Moreover, water-gas shift reaction is reported as argbéfereaction than the
oxidation for carbon-monoxide removal due to a lower calorific vahteragarded as a
CO removal process for reformed gas before the preferentiatmadf CO (Utakat al,
2000). Furthermore, Sekizawet al. (1998) studied CO removal carried out over Cu-
supported oxide catalysts such as CeDAIZnO by coupled water-gas shift and CO
oxidation in the presence of large amount g®Hnd H. They investigated the effects of
addition of small amount of Oto the gas mixture and found that it is effective in
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promoting CO removal by WGS since it enhance the CO remowalghroxidation in

coupled WGS and CO oxidation reaction.

2.6.1. Catalysts

In most fuel processor systems, the water-gas shift react@ported to be the
biggest and heaviest component due to relatively slow reactiotickimad is inhibited at
higher temperatures by thermodynamics (Choi and Stenger, 2003)fofbgetbe size of
the water-gas shift reactor has to be reduced to the abtepimits for fuel processor
system economics which is possible by the use of high perfornwaalysts such as
Cu/ZnO/ZrQ/Al O3 (Saitoet al, 2003).

Iron-based and copper-based catalysts are used on commercigblbasishigh-
temperature (623 K-673 K) (HTS) and low-temperature (453 K-523_ K¥) water-gas
shift reactions on industrial scale, respectively (Amadeo atdide, 1995). The copper-
based LTS catalysts are reported to have good activitiesvaemperatures around 480-
500 K. Moreover, high selectivity to carbon monoxide and fewer sdetions at high
temperatures are reported as extra advantages of thesestsafdimadeo and Laborde,
1995). In recent studies, authors have tried to improve theitactf copper-based
catalysts for water-gas shift reaction. Saéib al. (2003) investigated the effects of
pretreatment of Cu/ZnO-based catalysts such as calcinangperature and treatment in
H, at high temperatures to improve the activity of LTS catsalyS8onsequently, Saitt al.
(2003) expressed that activity of the catalyst could be correlaag@dynto the Cu surface
area of the catalyst.

Sunet al. (2005) demonstrated that in comparison with the conventional Cu/ZnO
catalyst, noble metal catalysts have the advantage of hightyacAu, Pd and Pt are
reported to offer high activities up to 95 per cent CO conversionwide temperature
range for WGS reaction (Liaat al, 2006). Different support materials such as £eO
(Andreevaet al, 2002; Zhacet al, 2004), FgO; (Tabakoveet al, 2000; Boccuzzet al,
1999)and TiQ (Idakievet al, 2004; Panagiotopoulou and Kondarides, 2004) for use in
gold-based catalysts have also been explored. In the studies cfeiadt al. (2002),

Au/Fe03 catalyst is shown to have high catalytic activity for Ld&tause of the specific
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interaction between gold and the ferric oxide support. It israigorted that Au/ZnO may
be an active catalyst for low-temperature WGS reaction, thoitg) catalytic activity is
lower than those of Au/RF®;and Au/ZrQ (Tabakoveet al, 2000).

Lei et al. (2005) have investigated the effect of promotion ofCzeCr,0O3 by
precious metals and found that rhodium dopegDR-€r,0O3; to be greatly effective on
reactivity of carbon monoxide. Moreover, Radhakrishregnal. (2006) have made
investigations on rhenium promotion of ceria-zirconia supportednplaticatalysts and
found that they enhanced the WGS activity.

2.6.2. Kinetics of Water-gas Shift Reaction

There are numerous studies reported about the kinetics and mechahismws
temperature water-gas shift reaction. Despite this laugeber of investigations, there are
still controversies and disagreements on the kinetics andamisen of WGS. Two kinetic
mechanisms are proposed for water-gas shift reaction: the fgigeomechanism” and the
“regenerative mechanism” (Choi and Stenger, 2003). The regeeeits¢ surface redox
mechanism is based on the adsorption and dissociation of water oatahgic surface
(Amadeo and Laborde, 1995), while in the adsorptive mechanism, CB.@nddsorb on
the catalyst surface and form an intermediate which resuttesorbed Hand CQ (Choi
and Stenger, 2003).

Various rate expressions can be derived from the two meclar{iShoi and
Stenger, 2003). Many research groups have investigated adsorptihamsm and redox
mechanism to derive rate expressions for water-gas shiftioa during past fifty years
(Choi and Stenger, 2003). Unlike the rate expressions deriveddetailed mechanisms,
there are also empirical, power-law type rate expressionvengfound to be sufficient
for most reactor design studies (Keigltial, 1993, Choi and Stenger, 2003, latial,
2005).

Amadeo and Laborde (1995) studied five different models that Heséxie

different rate expressions for water-gas shift reaction oZr@Al,O3; between 453 and
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503 K. Models | and Il represent a redox mechanism, while madiddlsare Langmuir-

Hinshelwood type. These models are represented in Table 2.10.

It is reported that among five models, model Il presentsbést fit with the
experimental data. In this model, adsorption constant of each Speeitaken into account
(Amadeo and Laborde, 1995). Heats of adsorption and apparent aoteagrgy of model
[Il are shown in Table 2.11. Specific reaction rate and adsorptiostant of species are

calculated by Arrhenius Equation (2.12) and van't-Hoff Equatiot3)2 respectively.

Table 2.10. Five models describing rate expressions (An@tdebaborde, 1995)

" _ Kuee Pio 1-5) 229
Model | | 'wes AR, o+ Pro (2.22)

" _ kK, Peo Pio 1-5) (2.23)
Model Il | e =} b 0P kP, '

foow = KuceFeoRio €= A) 2.24
Model Il | Twee 1+YKP (2.24)

kweeFeo = B)

e = : (2.25)
Model IV (1+ KHZCQ PHZ PCQ PHZO 14 KH2 F)H2 + KHZO PHZO + KCOz PCQ

L ) o2
Model V | 'we= 1+ KCO2 pCOZ + KHZ PHz .

wheres = Peo, Pa, /( PeoPh,o K.)

Table 2.11. Adsorption heats and apparent activation energies
of model 11l (Amadeo and Laborde, 1995)

co ca H,0 H,

AH; (kI mot?) -0.91 -24.72 -1.42 -14.4

K, (atm®) 2.21 0.0047 0.40 0.052
E,cs (kJ kmol'): 4,080 Kowes (MOl geat' s* atmi®) : 0.92
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Choi and Stenger (2003) offered an empirical power-law rate ssiprederived
from numerical fitting for water-gas shift reaction between 838 523 K occurring over
Cu/ZnO/ALO; catalyst:

47,400 Peo, P,
Myes = 296x10° ex;{— = J[PCOPHZO - }EOVZVG; J (2.27)
eq

Also, a comparison of activation energies and frequency factoth other
empirical power-law rate equations derived from differentlgstaare given in Table 2.12
(Choi and Stenger, 2003).

Table 2.12. Parameter comparison for empirical expressions §@th&tenger, 2003)

"wes = ko,WGsz exp(-Eycs / RT) Pcnc]) Prjl]zo 1-5)

Catalyst m n INKowoe Eyce (kJ kmol®)
ICI-Cu/ZnO/AlL,O3 1 1 15.2 52,800
Cu/Al,O3 1 1.9 - 69,300
Cu/ZnO/ALO; 0 1 - 41,800
CuO/MnG, 1 1 - 55,000

Radhakrishnaret al. (2006) reported empirically measured rates afteetic

experiments which are modeled by the equation
rate= Axexp(-E,eg | RT) x[COJ* x[H,0]" x[CO, | x[H,]* x @~ 8) (2.28)
where 3 = ([CO2]>< [H 2])/(KZYJG52 X [CO]X [Hzo])

Radhakrishnaet al. (2006) observed equation (2.28) under LTS conaftiand for
two types of catalysts which are platinum and plati-rhenium catalysts. Table 2.13 gives

the parameters and comparison of the two catalysts.
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Table 2.13. Kinetic parameters for Pt and Pt/Ralgsis between 483-513 K
(Radhakrishnaet al, 2006)

Parameter Pt Pt/Re
CO order §) 0.07 -0.05
H,O order b) 0.67 0.85
CO; order €) -0.16 -0.05

H, order () -0.57 -0.32
E,cs (kcal mol®) 17 17
A 2.5x 10 45x16

2.7. CO Oxidation Reaction

Proton exchange membrane fuel cells require parifiydrogen as fuel. Precious
metals such as platinum and nickel are widely wsetlel-cell anodes (Ralph and Hards,
1998). However, these metals could be deactivagecthiboon monoxide adsorption at low
temperatures (Schmidét al, 1994). In order to prevent poisoning of the fuell
electrodes, it is reported that the CO concentnatio hydrogen-rich streams should be

below 10 ppm (Chenet al, 2007), which is the tolerable limit of the anodes

There are various methods for reducing the canhonoxide level in hydrogen-rich
streams for fuel cell applications. Diffusing hydem through a Pd/Ag membrane is one of
the recommended methods, but this needs fairly tegiperatures and pressures, which
may not be practical for use in vehicular appliwasi (Trimm and Onsan, 2001).
Methanation of carbon monoxide is another route reanoval of CO. However, this
method causes significant loss in hydrogen andtsesuthe emission of methane which is
an unwanted greenhouse effect (Trimm and Onsari)2@0nong all possible methods,
selective oxidation of carbon monoxide seems taéhieemost plausible option (Choi and
Stenger, 2004; Ozkara and Aksoylu, 2003; Trimm@ndan, 2001).
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In the selective oxidation of CO (or preferentididation of carbon monoxide
(PROX)), desired CO oxidation reaction (2.29) isaupanied by the undesired; H
oxidation reaction (2.30) which causes loss of cadficy of fuel due to hydrogen

consumption:
CO+%Q —» CO, AH%gg=-283 kJ/mol (2.29)
H+% Q — HO, AH%gg=-242 kJ/mol (2.30)

Hence, selectivity of carbon monoxide, defined oué&tion (2.31), needs to be high for
preferential oxidation (Chiet al, 2005; Choi and Stenger, 2004):

05 in _ .out
Mxloo (2.31)

in _ out
O, 0,

Selectiviy (%) =

In addition, as K may be oxidized by the excess, @he amount of oxygen to be
injected to the system has to be carefully corgtblTherefore, catalyst that can selectively
oxidize CO has to be chosen and stoichiometric amsoof oxygen have to be fed to the
PROX system (Trimm and Onsan, 2001).

Trimm and Onsan (2001) presented three obviousilgiites to increase the
selectivity of CO in preferential oxidation reacti@n appropriate catalyst that adsorbs CO
but not H, catalyst on which both CO and Bixidized, but small amounts ofléxidation
and preferential CO oxidation is leaded by kinpacameters and an operation temperature
where CO is oxidized butHs not. It is also recommended that in all cadegerministic

oxygen:carbon monoxide ratios and temperature taie controlled carefully.

2.6.1.Catalysts

Choi and Stenger (2004) classified the PROX catsliygo three categories which

are presented in Figure 2.4.
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CHhars (M,
Cr, Mg, Zn),

Ca, Fe, Cu, 9.4% § Ft basad,
17.0% : 35.8%
Ay based, '

13.2% Ru, Rh, Pg,

24.5%
Figure 2.4. Typical formulation of PROX catalysis
30 recently published papers (Choi and Stenge#)200

It can be seen from Figure 2.4 that that the mostroonly used PROX catalyst is
platinum-based ones which is usually dispersediemiaa. Kahlichet al. (1999) reported
that the commonly used PROX catalysts (alumina-sipd Pt, Ru and Rh) operate at
423-473 K and because of the high temperature tpertey lose activity and selectivity.
For low temperatures between 353 and 373 K, whgltlose to PEMFC operation
temperature, oxide supported gold catalysts arertegh to be the promising alternative
and show good performance (Kahliehal, 1999; Choi and Stenger, 2004). Gold-based
catalysts are confirmed to be more active for carbmnoxide oxidation than hydrogen
oxidation since they can operate at low temperajumad are moisture-resistant (Trimm
and Onsan, 2001).

In comparison with well-known Pt-based PROX cattdy Au-based ones
demonstrate better activities and selectivitiesh{ich et al, 1999). Gold-based catalysts
exhibit different behaviour, depending on the typk support material. A set of
investigations show that, among the gold catalysfsported on Tig) o-Fe03, ZrO, and
Cao30,4 (Kahlich et al, 1999; Camerort al, 2003; Harutaet al, 1993; Rossignoét al,
2005; Schumacheet al, 2004), Auh-FeOs; gave the best activity and selectivity.
Similarly, Pt supported on various materials suhzeolites and TiQare reported to give
higher activities and selectivities than P#@d did (Watanabeet al, 1997; Schumacheat
al., 2004). The method of reduction of the size otipian particles is also reported to
improve the activity and selectivity of the R#I,0O; catalyst (Soret al, 2002).

Sedmaket al. (2003) studied the selective CO oxidation in egcet H, over

Cuo.1Ce gO,.y nanostructured catalyst and found that this catdigs the best activity and
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selectivity compared to the fAl,Oz and Aub-Fe,0Os. They also claimed that the catalyst

has the price advantage compared to others.

Trimm and Onsan (2001) give an extensive revieauathe catalysts used in low

temperature CO oxidation in;Hich gas streams.

It is reported that effects of GGnd HO is an important issue in the PROX
process (Chinet al, 2005). As a result of their experimental study Au/a-Fe0s,
Schubertet al. (2004) reported that addition of @b PROX reduces the rate of CO

oxidation and the selectivity, whereas additiotgd increases the selectivity.
2.6.3. Kinetics of CO Oxidation Reaction

Several rate equations describing PROX over diffecatalysts have been reported
in the literature (Kabhliclet al, 1997; Kahlichet al, 1999; Sedmakt al, 2003). Although
there are many studies that report kinetic rateresgions about carbon-monoxide
oxidation, only a few of them consider hydrogendation simultaneously with CO
oxidation. Some of the studies that consider siam@lous H oxidation with CO oxidation
assume constant selectivity for carbon monoxide PROX reactions at certain
temperatures (Liret al, 2005), whereas some others consider only carbonoride
oxidation, due to the high CO selectivity (~100 pent) of the catalyst used (Sednek
al., 2003).

Kahlich et al. (1997) recommended a rate expression for CO adgitlaver Pty-

Al,O5 catalyst for temperature range between 423 andkKo®y introducing a process
parameteh, which is defined as the concentration ratio ofgen to carbon monoxide:

-E .
Ferox = Kprox-Peo 4™ = ko,PRox-eXp(F\)%)-Pcoo'zlz-l:)oz82 (2.32)

where A =
(ef0]



36

Kahlich et al. (1999) also studied the selective low temperatixieation of CO
over Aubi-Fe,0O3; and gave the parameters of the rate equationnipanson with those of

observed with P§£Al,O; catalyst. The parameter comparison is tabulatdébie 2.14.

Table 2.14. Power-law rate constants for é&7e;0O3; and Pty-Al ;O3 catalyst systems
(Kahlichet al, 1999)

System kO,PROX (mol gcall 5_1) Oco o2 Errox (kJ kmOIl)
Au/o-Fe0s at 353 K 9.81 x 16 0.55 | 0.27 31,000
Pth-Al,Oz at 473 K 13.8 x 16 -0.42 | 0.82 71,000

Sedmaket al. (2003) studied the kinetics of CO oxidation overy{iey ¢Oy.y
nanostructured catalyst which they found it to B8 per cent selective in the temperature
range of 318-363 K and considered two models tordesthe observed reaction rate. One
of the models is Mars and van Krevelen type whitderived on the basis of a redox

mechanism:

k(:oko2 Peo sz

Fomy = 2.33
PR 05KeoPeo + Ko, P, (2:33)

wherekeo = Ao eXpEE, o/ RT) andk, = A, .exptE,, /RT).

Liu and Flytzani-Stephanapoulos model is anotheetic expression that Sedmak
et al. (2003) evaluated:

_ k K, I:)copon;

r = 2.34
PROX ~ T K P ( )

wherek_ = A .exp(-E, /RT) andK =B _.expQ/RT).
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The parameters of the two kinetic model rate esgioms calculated by Sedmak
al. (2003) are presented in Table 2.15.

Table 2.15. Parameters of the two kinetic mode8® oxidation in H-rich stream
(Sedmalet al, 2003)

Mars and van Krevelen model

Liu and Flytzani-Stepwtpeulos model

A, (molgcat s*bar) | 1.44x18 | A (mol gcat s'baf™ | 2.64x 16
E,co (kJ kmol?) 572 x 10 E,. (kJkmol) 5.9 x 1¢
A,, (mol gcat' s* ba") | 2.39 x18 B, (bar?) 7.53x 16
E.o, (kJ kmol') 6.02 x 1d Q (kJ kmo'?) 8.7x 18

n 0.2 £0.05 m 0.15 + 0.025

Ozyonum (2002) has also investigated the kineticsetective CO oxidation over

Pt-Co-Ce/A}O3 catalyst by studying on five different reactionthzaand determined the

plausible mechanisms to obtain rate expressionsi &fd Stenger (2004) expressed that in

most of the PROX reactor feed gases, the concemtrat H, and CQ are approximately

70 and 20 per cent, which can influence the rev&&eS reaction. Therefore, they

concluded that the kinetics of WGS reaction habdalso considered simultaneously to

predict the concentration of all gas components.
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3. STEADY STATE MODELING OF METHANE CONVERSION
IN FUEL PROCESSOR SYSTEM

In this chapter, modeling of a fuel processor eystthat converts methane to
hydrogen by a series of catalytic reactions is stigated. Operating characteristics of the
fuel processor system, typical temperatures andamobmpositions of streams are
obtained from literature. Material balance caldola and stream flow rates are based on
hydrogen throughput rates corresponding to 5000 Hd@ 1500 W electrical power output
of a PEM fuel cell, and are done using typicalattecompositions and temperature values
obtained from the literature. Sizing and desigthef catalytic reactors involved in the fuel
processor system are performed using one-dimerisgseaidohomogeneous packed-bed
reactor model tailored to simulate multiple reacsi@nd appropriate heat and mass transfer
criteria to minimize transport resistances. Expogssused to quantify the reaction rates in

reactor models are obtained from literature as.well

3.1. Generalized Fuel Processor System

Various fuels and fuel processor systems have leeastigated for hydrogen
production for fuel cell applications. Conversioh ratural gas, modeled as methane,
propane, i-octane and methanol to hydrogen viaaatipartial oxidation and direct partial
oxidation mechanisms have been studied using canpased techniques (Avci, 2003;
Avcl et al, 2001a; Avciet al, 2002). Avclet al. (2002) investigated quantitatively the
possible use of natural gas as a fuel for hydrogemeration in small-scale stationary
applications. The fuel processor-fuel cell operagwoposed in their study is investigated
in this work as the fuel processor system for hgdrogeneration from methane, which is
presented in Figure 3.1. Avet al.(2002) placed a sulphur trap in front of the ndtges
feed stream for preventing catalyst deactivatiopdigoning due to the sulphur existing in
natural gas. However, since pure methane is comsldas fuel in this work, there is no

need to place a sulphur trap in the fuel procesgstem.
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Figure 3.1. Fuel processor system (adapted from étval, 2002)

The fuel processor system considered in this vwarktains three main reactors:

Indirect partial oxidation (IPOX) reactor, watersgahift (WGS) converter and CO

oxidation unit in which preferential oxidation o0QPROX) takes place. In addition to the

main reactors, there is a catalytic afterburnert umi which unreacted methane and

hydrogen rejected from the fuel cell are oxidized a PEM fuel cell stack that provides

electricity by using the generated hydrogen. Heahangers are also implemented to

obtain energy integration and to ensure properatjoer within the fuel processor system.

In the IPOX reactor, methane is converted to hgenoover physical mixture of
Pt/6-Al,0;3 and Ni/MgO-ALO; catalysts via indirect partial oxidation, which tke
combination of total oxidation (TOX), steam refonmi(SR) and water-gas shift (WGS)
reactions (Maet al, 1996):

CHy + 20 —— COy + 2H,0, AH %95 =-802 kJ/mol

CHs + HLO «—» CO + 3H,

CO+ H,O «—» CQ+ H,,

AH 0298 = 206.2 kJ/mol

AH 0298 =-41.2 kJ/mol

(2.5)

(2.15)

(2.4)
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In this process, heat needed by endothermic stefomming reaction is provided
by exothermic total oxidation reaction. In additiohis reaction supplies part of the steam
needed by steam reforming. Steam reforming is tbdymamically favored at high
temperatures. However, reaction temperature shooide above ca. 1100 K to prevent
catalyst deactivation due to thermal sintering @adoon deposition (Rostrup-Nielsen,
1998; Ma, 1995). In order to help avoiding the jlubt/ of coke formation, steam to
carbon ratio defined in equation (2.16) has todyet laround 2.5 which can be achieved by
adding extra water into the system, as shown iar€i@.1 (Rostrup-Nielsen, 1984; Trimm
and Onsan, 2001).

In water-gas shift converter, carbon monoxide ameoved from hydrogen rich
stream over Cu/ZnO/AD; catalyst particles, within a temperature rang898 -523 K by
the following reaction (Choi and Stenger, 2003):

CO+HO «—» CO + H,, AH 0298: -41.2 kJ/mol (24)

The main goal in using the water-gas shift corereid to reduce the majority of
carbon monoxide down to approximately 2 mol pertcevhile increasing hydrogen
production rate. Since carbon monoxide is a poifamfuel cell anode catalyst, its
concentration must be below 10 ppm in the hydraggm stream which can be achieved
by the CO oxidation unit afterwards, as shown iguFé 3.1 (Avci, 2003). In this system,
WGS converter is therefore considered to functisnaaCO clean-up system and as a

secondary reactor producing hydrogen.

Carbon monoxide level in hydrogen rich streamlmameduced below 10 ppm level
in a catalytic CO oxidation unit (Figure 3.1) byessively combusting carbon monoxide:

CO+%Q —» CO, AH%05 = -283 kJ/mol (2.29)

In CO oxidation unit, CO oxidation reaction is asgpanied by the undesired

hydrogen oxidation reaction:

H, +120 — H)0, AHCgg = -241.8 kJ/mol (2.30)
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This unit should be able to operate at a temperaavound 353 K, since the exit
stream will be fed to the PEM fuel cell which ogesaat 343-363 K (Sedmai al, 2003;
Santarelli and Torchio, 2007). Therefore a propalgst, which can selectively oxidize
CO in the desired temperature range, should betseleln a recent study, a £&Ce) ¢0,.y
nanostructured catalyst is reported to give 100qgeert selectivity for carbon monoxide
during the oxidation reaction in the temperatureagea of 318-363 K, which is in
accordance with the operating temperature randkeo€O oxidation unit. Therefore, this

catalyst is considered to be the selective CO dixidaatalyst in this work.

After CO oxidation unit, CO-purified hydrogen ristream is sent through PEMFC
to produce desired electrical power by convertingnaical energy stored within hydrogen
to electricity through the reactions occurring be anode and cathode of fuel cell:

Anode reaction: H—— 2H + 2¢e (3.1)

Cathode reaction: %3 2H" + 26 ———» H,0 (3.2)

It has been reported that PEMFC rejects aboute2=ent of the hydrogen that is
fed into it (Golunski, 1998). Moreover, methanetth@mains unconverted in the IPOX
reactor is also fed into the fuel cell. Rejectedirogen and unconverted methane are
oxidized in a separate catalytic afterburner uaitkhed with a Pt-based oxidation catalyst

to enable heat recovery and to exhaust a gasrfyaeHydrocarbons by the reactions:

H, +12Q —» H0, AHCgg = -241.8 kJ/mol (2.30)

CHy +20, — CO, + 2H0, AH®gg=-802.3 kJ/mol (2.5)

In this study, three main reactors, i.e. IPOX tegacWGS converter and CO
oxidation unit of the fuel processor/fuel cell gstare simulated and designed for meeting
a range of electrical power outputs of the PEM fuedl. The system is modeled at steady
state and reactors are assumed to operate adalyati@esign, i.e. sizing of the reactors
are conducted using one-dimensional pseudohomogsrEaxked-bed reactor model. For

each reactor type, reaction kinetics is implemeintém the mathematical model using rate
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laws given in the literature for the catalystsmierest. Reactor dimensions are determined
using interfacial and intraparticle mass and heatsfer criteria for porous catalysts and

packed beds such that transport resistances aneizeal.

3.1.1. Operating Characteristics

In order to design the IPOX, WGS and CO oxidatieactors of the fuel processor
system (Figure 3.1), boundary conditions definedhayinlet/exit temperatures and stream
compositions have to be determined. In this contigpical composition and temperature
values of the feed stream of the fuel processdrdfekt system can be determined from the

data published previously in the literature.

Ma and Trimm (1996) worked on alternative catalystl configurations for the
autothermal conversion of methane to hydrogen fégrdnt CH/O, and HO/CH, ratios
for feedstock. They measured maximum temperaturtPfoX reactor, amount of methane
conversion and product yields for nine differeredeatios which are tabulated in Table
3.1. Two distinct CHO, and HO/CH, ratios are selected to be the feed ratios of ptese
work, which are 2.24 & 1.17 and 1.89 & 1.56.

Feed stream, composed of methane, water andg amixed at a certain composition
and is fed into the system at 298 K. This streamtbde heated up to the inlet temperature
of the IPOX reactor which is equal to the light-tdfnperature of methane at the selected
CH4/O; ratio. Such a processing is needed for the IPOXhaxgism to be initiated. It is
thus preheated by the hot exit stream of the IP€tor through a heat exchanger and by
the hot exhaust stream of catalytic afterburnet thmough a secondary heat exchanger
(Figure 3.1). Finally, feed stream is sent to thieti of the IPOX reactor at the methane
light-off temperature. Variation of light-off tempdure of methane with the G, ratio
is presented in Table 2.3 (M4 al, 1996). The light-off temperature of methane at/Chxl
ratios of 2.24 and 1.89 is obtained by linear éation between the values given in
Table 2.3 and is found as 620 K and 627 K for4CH ratios of 2.24 and 1.89,

respectively.



Table 3.1. Output data for autothermal methaneemion in mixed-bed system (Ma and Trimm, 1996)

Feed conditions Product Yields (mol/100 mol CHadmitted)
Tmax(K) | CHs4 converted (mol per cent)

CH4/O, H,O/CH, H, CO, CcoO
2.24 0 855 38.1 37.9 25.7 121
2.24 1.17 839 39.5 47.8 33.3 6.3
1.89 1.17 888 53.3 74.9 41.6 11.7
1.89 1.56 889 53.8 76.4 41.3 12.5
1.89 2.34 851 54.9 82.9 45.0 9.9
1.55 1.56 931 69.1 105.7 54.2 15.0
1.55 2.34 908 70.1 107.1 50.5 19.6
1.35 2.34 953 83.6 119.5 53.3 30.3
1.16 2.34 1007 91.7 120.6 55.8 35.9
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After the total oxidation, steam reforming and evegas shift reactions (IPOX
process) which can increase catalyst bed temperafuto ca. 1100 K (Ma, 1995), effluent
stream of the IPOX reactor is cooled via heat emghawith the feed stream through the
first heat exchanger (Figure 3.1). Cooled streanmthen sent to the water-gas shift
converter to decrease the carbon monoxide leveRegction (2.4ylown to approximately
2 mol per cent at around 473 K which is a typicperating temperature for the low-
temperature water-gas shift reaction (Amadeo armbide, 1995; Suat al, 2005).

PEMFCs operate typically between 343 and 363 Is; dlso dictates the operating
temperature range of the selective CO oxidation: uhe inlet temperature of this unit
should be around 353 K (Sedmeakal, 2003; Santarelli and Torchio, 2007). Therefore,
due to the slight exothermicity of the water-gagftsteaction (Reaction 2.4), which is

around ca. 30-50 K, a cooler is placed betweenréaotors.

3.1.2. Material Balance Calculations

Fuel processor system is projected for autothernyalrogen production from
methane; inlet temperatures of reactors and feedposition ratios are decided by the
investigation through the literature so far. Inartb determine the size of the IPOX, WGS
and CO oxidation reactors, a complete mass balahtiee fuel processor system (Figure
3.1) should be done. Resulting values will give hbendary conditions that describe flow
rate values of components that will be used inngizhe reactors through the reactor
models. Building of complete mole balance for thieole system necessitates firstly the
consideration of each part of the system as comtdoime. Balance equations for each unit

of the fuel processor unit are presented below.

Assuming that the methane feed flow is speciffenly rates of oxygen and water
in the feed can be calculated by the pre-determi@eldO, and HO/CH, ratios. In
addition, amount of oxygen dictates the amountitwbgen, since their composition in the
air is known. If CH/O, and HO/CH, ratios are taken as andb respectively, then the

molar flow rates in the feed becomes:

Fio, =Ficy, /2 (3.3)
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Fl,HZO = Fl,CH4 xb (3.4)
Fun, = %1Fuo, (3.5)

In Equations (3.3)-(3.5)F,¢,, is the molar flow rate of CHin the feed,F,
Fo, and F,, are that of HO, O, and N, respectively. Conversion value for total

oxidation (TOX) (Reaction 2.5) has to be assumedadiculate the molar flow rates of
components after total oxidation during the IPOXagass. At this stage, it is assumed that
TOX and SR+WGS reactions occur sequentially. Tegimption is quite realistic, since it
is reported that TOX reaction is much faster th&h &d WGS reactions (Avat al,

2003). Therefore, if a degree of conversionXf,, (for methane) is assigned for total

oxidation, molar flow rates of components afteatatxidation becomes:

Focn, = Fren, @ Xqox) (3-6)
Fao, = Fioe = 2F,cn, Xox (3.7)
Fano = Fino + 2Ficn, Xqox (3.8)
Fz,co2 = F:L,CHA XTOX (3-9)
Fon, = Fun, (3.10)

where F,; is the molar flow rate of componepin IPOX reactor after total oxidation,

before steam reforming and water-gas shift.

Hydrogen generation step in the IPOX reactor ccota methane steam reforming
and water-gas shift reactions. Conversion valuestisam reforming and water-gas shift
reaction have to be assumed to estimate the molarr&tes of components at the exit of

IPOX reactor. If Xg, (for methane) andX,.q (for CO) are assumed as degree of
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conversion of steam reforming and water-gas shgpectively, then the molar flow rates

of components can be calculated as follows:

Facn, = Facn, 0= Xsg) (3.11)

Fano = Fano = (Focw, Xsr) = (Focn, XspXwes) (3.12)
Faco = (Faocn, Xsr) = (Faen, XsrXwes) (3.13)
Faco, = Faco, + (Fach, XsrXwes) (3.14)

Fan, = GFocn, Xsr) + (Focn, XsrXwes) (3.15)
Fan, = Fon, (3.16)

In Equations (3.11)-(3.16),; is the molar flow rate of componenat the exit of

IPOX reactor. Molar flow rate of nitrogen does ohainge through the IPOX reactor since

it is neither consumed nor generated in any ofé¢letions.

Estimated molar flow rate values at the exit & IROX reactor are also the molar
flow rates of components at the inlet of WGS cotererlf a conversion value oK,
(for CO) is assumed for water-gas shift reactioMi@®S converter, then the molar flow

rates of components at the exit of the WGS conweiritebe:

F4,CH4 = FS,CHA (3.17)

Fano = Fano ~ (FscoXwes) (3.18)

Faco = Faco @~ Xyee) (3.19)
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Faco, = Faco, ¥ FscoXwes (3.20)
Fon, = Fan, * FacoXuee (3.21)
Fin, = Fan, (3.22)

where F, ; denotes the molar flow rate of compongat the exit of the WGS converter.

In CO oxidation unit, carbon monoxide oxidationascompanied by undesired
hydrogen oxidation. However, by selecting an appabe catalyst such as the one
mentioned in Chapter 2 that has 100 per cent sétgdbr CO (Cw 1Ce ¢O-.y) (Sedmalet
al. 2003), only carbon monoxide oxidation can be ater&d to take place in CO oxidation
reactor. Additional air is introduced to CO oxidetiunit to meet the oxygen demand for

oxidation. Therefore, ifX 5o (for CO) is assumed as conversion value for peetfal

oxidation of CO, the molar flow rates at the aletrstream and exit of the CO oxidation

reactor will be:

Fso, = FacoXprox /2 (3.23)
Fon, = 'Y9qFso, (3.24)

Fecr, = Facn, (3.25)

Fen,o = Fanyo (3.26)

Foco = Faco @~ Xprox) (3.27)
Feco, = Faco, T FacoXprox (3.28)

FG,HZ = F4,H2 (3.29)
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Fen, = Fan, T Fsn, (3.30)

In Equations (3.23)-(3.30);; is the molar flow rate of compongrat the air inlet
stream andr,; is the molar flow rate of componejnat the exit of the CO oxidation unit.

The changes are only in CO, €énd N molar flow rates since others do not react in the
CO oxidation unit.

Although component mole balance is formulatedierwhole system as explained
above, parameters such as degree of conversioreaaftions and required hydrogen
production rate should be specified. In additionmalue for methane flow rate in the feed
stream will be assumed and will be taken as thesb@sce values of these parameters are
fixed and inlet methane flow rate is assigned, ni@k&nce calculations can be executed
via equations (3.3)-(3.30). Calculated hydrogeonughput rate will then be compared with
the required hydrogen production rate. Using tbisgarison, inlet methane flow rate will
be changed, reassigned and same set of calculatitinse re-executed until calculated
and required hydrogen production rates are equatcdes of the final calculation will

give flow rates that will be used in reactor defsgring calculations.

In this study, hydrogen production rates corredpanto 500, 1000 and 1500 W of
PEMFC power outputs are of interest. The hydrodew fate required for a PEMFC is
reported as 37-40 mol*kW™ in the literature (Brown, 2001; Zalc and L6fflef02). It is
also reported that a 27 L mirH, at standard temperature and pressure can opelafe a
kW PEMFC (Karakaya, 2006). Using this set of infation, molar hydrogen flows are

selected as given in Table 3.2 for the three p@wes of PEMFC investigated.

Table 3.2. Required hydrogen production rate #KPC types

PEMFC power size (W) Required hydrogen productaia (mol i)

500 20.35
1000 40.70

1500 61.03
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After assuming methane feed flow rate as the beaise and assigning feed

composition ratios (Ma and Trimm, 1996), some farthssumptions have to be made in

order to proceed with the mass balance calculatibimsse assumptions are given below:

To estimate the total oxidation conversion, condimnpof all oxygen fed within
the feed stream is considered. By a simple calondtom stoichiometric ratios,

conversion of total oxidation of methan¥,, , is calculated as:

(3.31)

whereF,, is determined from methane:oxygen ratio in thel feteeam.

In order to assign approximate values for stearorma@ihg and water-gas shift
conversions during IPOX, studies involving simil@actor/catalyst combinations
were investigated in detail. As a result, an avenague of 60 per cent conversion
is assumed for steam reforming of methane (Ma, 18@b6and Trimm, 1996; Avcli

et al, 2002; Rakas®t al, 2006; Comaset al, 2006). Similarly, an average
conversion value of 75 per cent is assumed formgee shift as a side reaction in
the IPOX reactor (Leet al, 2005; De Smedt al, 2001, Hoang and Chan, 2004).

Conversion of CO in WGS reactor and in CO oxidatimit is also approximated
using data in the literature. An average value@pér cent conversion is assumed
for the WGS reaction (Amadeo and Laborde, 1995; &awthinet al, 2004; Suret
al., 2005; Choi and Stenger, 2003) and 99 per centersion is assumed for the
CO oxidation (Sedmalet al, 2003; Linet al, 2005; Choi and Stenger, 2004;
Kahlichet al, 1997).

Carbon monoxide concentration at exit stream oewagas shift converter has to be

below ca. 2 mol per cent (Avet al, 2002).
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» CO concentration has to be reduced down to 10 pptineaexit of CO oxidation
unit and so at the inlet of PEMFC (Chegtgal, 2007).

» Steam to carbon ratio that is given in Equatiori§®.has to be around 2.5 for

preventing carbon formation (Rostrup-Nielsen, 1984nm and Onsan, 2001).

In the light of the assumptions stated above, raptete mole balance study has
been done for the fuel processor system. The sahfofmation explained above is
formulated into MS Excel to execute a trial-andsesolution for figuring out the methane
feed flow rate and, therefore, the component areast flow rate values that would end up
with the desired hydrogen production rates giveable 3.2. Outcomes of the balance

calculations are given in Section 4.1.

3.2. Modeling of Catalytic Reactors in the Fuel Process@ystem

Determination of the flow rates of the componemtseach stream via material
balances provides the boundary conditions neededefgigning, i.e. sizing the three main
reactors of the fuel processor system — indirectigdaoxidation reactor, water-gas shift
converter and carbon monoxide oxidation reactagyfé 3.1). Reactor sizes, i.e. catalyst
weights and reactor volumes can therefore be caedpusing appropriate mathematical
models. In this study, all of the reactors are wered to be tubular, packed-bed type and
steady state, adiabatic operation is assumed. fbnereone-dimensional pseudo-
homogeneous reactor model, involving a set of difidal equations that describe flow
and temperature behaviors through the reactorempoyed (Avciet al, 2000; Fogler,
1999). These equations include a reaction rate ieronder to take the effect of reaction
Kinetics into account. Reaction rate expressiopsrted for the catalysts of interest are
obtained from literature and are presented in &aBld, 2.5, 2.6 and Equations 2.27 and
2.33in Chapter 2 and used in the solution of the medehktions. As mentioned above, the
equations are differential in nature and solvedaisi stiff, variable order ODE solver, the

“ode15s” function of the MATLABM numerical computation software.

These equations are initial value type, i.e. sblbg providing entrance conditions

(feed conditions) and by defining an integratianilj which is the catalyst weight in this
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study. Once a solution is completed, i.e. readgtoukation is executed, the output, which is
the exit flow rate of the reactor, is compared wilie value obtained from the material
balance. Different values of catalyst weight aredtrsystematically until the simulation

output is in accordance with the material balaradewations.

The calculations explained briefly above gives tlesign catalyst weight and
therefore the reactor volume, provided that thelgat bed-density is known. Reactor
dimensions and catalyst particle diameter are flggmed out such that interfacial (bulk
fluid-catalyst surface) and intraparticle transpagsistances and flow non-uniformities
such as axial dispersion are minimized. This iseadd using the relevant criteria that take
properties such as reaction rate, physical pragemi the bulk fluid into account and
indicate the significance of the transport resistaof interest. This is explained in Section
3.2.2 in detail.

3.2.1. Mathematical Models

3.2.1.1. Indirect Partial Oxidatiootal oxidation of methane (Reaction 2.5) takexel

mainly over PB-Al,O3 catalyst in indirect partial oxidation reactorpAwer-law type rate

equation is used for describing the kinetics oflrare total oxidation (Ma, 1995):

—-21068

oy = 157*10°* ex;{l. 5 87*Tj* (Po) 2 (R,)) ™™ (2.11)

In Equation (2.11)T is the reaction temperature (Kj,, and R, are the partial

pressures of methane and oxygen, respectively. (bar)

Another reaction taking place in IPOX reactor he thydrogen producing steam
reforming reaction (Reaction 2.15). This reacticows on mainly Ni/MgO-AlO; catalyst
and favored thermodynamically at high temperatuRege equation suggested by Xu and
Froment (1989) for a Ni/MgAD, catalystis taken to quantify the kinetics of steam

reforming reaction:
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kSR/PZS(PCH Pio~ P3P /KSR)
1+ KeoPoo + Ky, Pa, + Ke, P, + KioPao /Py, )?

—rgg = (2.17)

In Equation (2.17)kg is the rate constant (kmol kgCah™), KJ* is the
equilibrium constant for steam reforming reaction(bhar), K., Ky, Kew, and Ky 5
are the adsorption constants for indexed speciait), Pen, s Peos B0 @nd P, are the

partial pressures of indexed species (bar). Thepéemture dependence of rate and
adsorption constants is expressed by Arrheniusrand Hoff type equations respectively,

whose parameters given in Table 2.7.

Water-gas shift reaction also takes place as e r&dction during indirect partial
oxidation, at same temperature interval and over shme catalyst mixture. Xu and
Froment (1989) also proposed a rate equation ®mihter-gas shift side reaction over a

Ni/MgAl ,O4 catalyst, which is also used in this study:

kWGSL/P (PCOPHO P PCOZ/KWGSL)

-1 2.20
wes = (1+KCOPCO+K P +KCH PCH +KHOPHO/P )* ( :

In Equation (2. 20)KVVGSL is the equilibrium constant for water-gas shiftesi

reaction (bd), kg iS the rate constant (kmol kgédt™) and other variables are defined

to be the same with those of steam reforming galeove.

As mentioned above, a one-dimensional pseudohameoges reactor model is
employed for simulating and sizing the packed-bedctors. The model equations
employed for simulation of IPOX reactor given beldescribe the flow rate variation of
species along catalyst weight (Awtial, 2000):

o = ok +fer (3.32)
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ddliﬁ = ~rep Mg (3.33)
d;jjz = ~Trox ~Twes (3.34)
ddli;\'; = =3l ~ wes (3.35)
f—w = ~2Mrox *Tep * fuiga (3.36)
Ocliflvq = 2rox (3.37)

The differential energy balance for the adiab#lticaperating fixed-bed reactor

gives the temperature variation along the catalgsght (Fogler, 1999):

3
AH.
aT .Z;’ (-AH,)(-1)))
= (3.38)
dw > Fic,,
J
atW=0, F,=F,; T=T" (3.39)

Equation (3.39) is the set of initial conditionsfided for the solving Equations
(3.32)-(3.38). This set of non-linear differente&uations is solved using stiff, variable

order ODE solver, the “odel5s” function in MATLAB eronment. In Equations (3.38)

and (3.39),i is the reaction index anddesignates the compone®iH, is the heat of
reactioni at temperatur@ (kJ kmol'), —r; the rate of reaction(kmol kgcat' h'), F, the

molar flow rate of component j along the IPOX reagkmol HY), c,; the temperature-
dependent gas-phase heat capacity of compgr{edtkmol* K2), F.; is the flow rate of

component at the inlet of the IPOX reactor (kmofhand T," the temperature of the inlet
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stream of IPOX reactor (K). The parameters neededltulate the temperature-dependent
heat capacities are presented in Appendix A.

3.2.1.2. Water-gas ShifAfter the IPOX process, CO content is reduced ardtdgen
content is increased in the water-gas shift reatt@ter-gas shift reaction (Reaction 2.4)
runs over a Cu/ZnO/AD; catalyst at a temperature range of 393 and 523 loi(@nd
Stenger, 2003). In order to quantify the kinetiéstos reaction, a power law type rate

expression proposed by Choi and Stenger (2003ed due to its convenience in terms of
temperature interval and catalyst:

PP
e = 20000 o 100 )

€q

In Equation (2.27)K > is the equilibrium constant for water-gas shittaton,R
is the gas constant (8.3144 kJ kihd™), Py, , P, Py, and B, are the partial

pressures of the indexed species (bar).

The model equations that describe flow behaviorttef species, temperature

variation along the catalyst weight and initial cibioths for water-gas shift reactor are as
follows:

= (3.40)

(3.41)

— = oo (3.42)

= lweg (3.43)
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dT — ~AHyesolwes (3.44)
aw D Fc,
j

atW=0, F =F,,; T=T, (3.45)

In Equations (3.40)-(3.45), designates the componemiH, .., is the heat of
water-gas shift reaction at temperatdtgkd kmol'), 1. the rate of water-gas shift
reaction (kmol kgcatt h?), F; the molar flow rate of componenmtalong the WGS

converter (kmol H), F,; is the flow rate of componepat the inlet of the WGS converter

(kmol H') andT," the temperature of the inlet stream of WGS convéip

3.2.1.3. Preferential CO Oxidatio8ince carbon monoxide oxidation is accompanied by

undesired hydrogen oxidation reaction in the CO atkioh unit, it is important to select a
catalyst that has a high selectivity to carbon nxae It is reported that carbon monoxide
can be oxidized at 353 K over a $3G& 4O,y nanostructured catalyst at 100 per cent
selectivity (Sedmakt al, 2003). Sedmakt al.(2003) have also studied the kinetics of CO
oxidation over this catalyst in the temperaturegeafitom 318 to 363 K by considering two
different kinetic models and they observed thatdvimd van Krevelen type kinetic model
which has been derived on the basis of a redox mesrhais the best alternative to

describe the rate of carbon monoxide oxidation:

Keo ko2 Peo I:)onz
05K, P + k02 PC?Z

rPROX -

(2.33)

In Equation (2.33) k., is the rate constant for the reduction of surfageCO
(kmol kgcat' h* bar') and k,, is the rate constant for the re-oxidation of stefay Q
(kmol kgcat' h* bar"), Peo @and RS are the partial pressures of indexed species. (bar)

Temperature dependence of rate constants accaicgrbon monoxide and oxygen are

expressed by Arrhenius type equation whose parasngitezn in Table 2.15.



56

Variation of flow rates of species and temperaflong the CO oxidation reactor

are expressed differentially by the model equatasfollows:

dF
d\;:\j) = T'orox (3.46)
F
de\)/Z = 05f prox (3.47)
dF
d\(;\(/)z = ~Terox (3.48)
dT _ (=AH prox) (—Terox) (3.49)
dw > Fic,,
j
atw=0, F =F,;; T=T (3.50)

In Equations (3.58)-(3.62),AH .« the heat of CO oxidation reaction at
temperaturél (kJ kmol®), re., the rate of CO oxidation reaction (kmol kgtat?), F,
the molar flow rate of componejpalong the CO oxidation unit (kmol‘jy F,,; is the flow

rate of componerjtat the inlet of the CO oxidation unit (kmobhandT," the temperature

of the inlet stream of CO oxidation unit (K).
3.2.2. Equations for Heat and Mass Transfer Criteria

Apart from the model equations that define comporidiow and temperature
variations along the reactor, phenomena that |t and mass transfer between bulk
fluid and catalyst particle and within the catalpsirticle have to be considered. In this
study, criteria that indicate interfacial gradiedisfined by resistances between catalyst
exterior-bulk fluid and intraparticle gradients iedd by resistances inside the catalyst

particle are taken into account to come up witltt@aand catalyst particle dimensions that
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prevent existence of these resistances and alldvnsit kinetics to define reactor
temperature and species flow. Moreover, pressune along the reactor length and criteria
that indicate the flow non-uniformities such asadxispersion have also been considered

in the sizing and design of the reactors.

One dimensional model accounting for interfaciad antraparticle gradients is
conducted for modeling of fuel processor reactbmyever, mass transfer between bulk
fluid-catalyst pellet and heat transfer inside daalyst assumed to be negligible. It is
assumed that catalyst particle is practically isotral; thus, intraparticle heat transfer is
neglected and it is supposed that the main resistarside the particle is to mass transfer.
Besides, interfacial mass transfer is neglectecesiractants are assumed to diffuse in the
bulk sufficiently rapidly. Therefore, heat transketween the bulk and catalyst is assumed

as the main resistance (Fogler, 1999).

Mears’ criterion uses the measured rate of rea¢tiainderstand the significance of
heat and mass transfer from bulk fluid to the gatapellet surface (Fogler, 1999).
Modified version of Mears’ criterion for the mullgreaction case for heat transfer form

bulk fluid to catalyst surface is as follows (Rak290):

‘Z(—AHix—n)pprEA
‘ | h.T?R ‘

<03 (3.51)

In Equation (3.51),p0, is the particle density of the catalyst (kg®m D, the

particle diameter (m),E, the activation energy (kJ kml h, particle-to-fluid heat

transfer coefficient (kJ inh* K™). It is proposed that if criterion given in Equati(3.63)

is satisfied, then external heat transfer effeatslme neglected (Fogler, 1999).

Particle density of the catalyse, can be estimated by considering the known

properties of the catalyst such as bulk density woidl fraction with the following
equations (Fogler, 1999; Biet al, 2002):
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M

Py = ——= (3.52)
’ Vparticle +Vvoid
m t
p, =—=l (3.53)
P Vparticle
Vtotal :Vparticle +Vvoid (354)
Vvoid = Ef Vtotal (355)

In Equations (3.52)-(3.55p, is the bulk density of the catalyst (kg’jn m_, the

catalyst weight (kg)V particle volume of the catalyst {n V,.q void volume of the

particle

catalyst (M), V., total volume of the catalyst @rand &, the void fraction.

Particle-to-fluid heat transfer coefficierit,, can be evaluated using the following

correlation (Rase, 1990):

h.D
; P =2+11Pr"? Re (3.56)

f

In Equation (3.56)4, is the thermal conductivity of the bulk fluid (kd* h* K™%,

Pr the Prandtl number and Re the Reynolds numband® number can be estimated from
Perry (1997) for nitrogen as 0.7 and Reynolds nuntb@ be evaluated from the well-

known relationship:
(3.57)

In Equation (3.57)D, is the tube diameter (mp,, the density of the gas mixture

(kg m?), v the velocity of the gas mixture (m)sand x viscosity of the mixture (kg ths



59

1), The gas mixture is assumed to behave like rémag evaluating its physical properties,

since the gas mixture contains mostly nitrogeng$8&r cent by volume).

Temperature dependence of nitrogen thermal coiMityctrepresenting that of the

bulk fluid, can be expressed as follows (Avci, 2003

Ay, =12954107 +522310°* T (3.58)
whereT is in K and A, isin W nmi* K™,

Weisz-Prater criterion for intraparticle diffusichused to quantify the significance
of intraparticle diffusion. This criterion, formuéd for multiple reaction cases, is given as
follows (Avci et al, 2001b):

> %)(r)A.D,
4D,C,

<«<1 (3.59)

In Equation (3.59)y; is stoichiometric coefficient of specigs reactioni, o, the
solid density of the catalyst (kg D, effective diffusivity inside catalyst (h?) and
C, surface concentration pf{kmol m?). It is stated that there are no diffusion linitas

and no concentration gradients exist within thealyat pellet if criterion given above is
satisfied (Fogler, 1999).

Solid density of the catalysp,, can be calculated by the equations:

_m,
= Mot 3.60
P = (3.60)

particle,ex

V... =V +V (3.61)

particle particle,ex pore
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V. =&V (3.62)

pore p " particle

In Equations (3.60)-(3.62)/ is the particle volume of the catalyst excluded

particle,ex

pores (M), Ve POre volume of the catalyst Ymand €, the pellet porosity.

Effective diffusivity is defined to describe theesage diffusion taking place at any
position in the catalyst pellet since it would et feasible to describe diffusion within
each pore due to the fact that the pores are raogist and cylindrical, the diffusion paths
are tortuous and all the area normal to directibrilux is not available for molecular

diffusion. Equation that formulates effective dgiuty is given as follows (Fogler, 1999):

D €0
= __km”p~ (3.63)
[

D

e

In Equation (3.63)7 is tortuosity which is defined as the ratio ofuadtdistance a
molecule travels between two points to shortesadee between those two points, the
constriction factor which is equal to unity if tleoss-section area of the reactor tube

remains constant an,,,, the multicomponent gas mixture diffusivity whichdefined by

Rase (1990) as follows:

D, = (Z;—JJ (3.64)

In Equation (3.64),D,, is the diffusivity of componenk diffusing into a
homogeneous gas mixture {rh?), D, is the binary diffusivity of componerk into

componenj (m? ht) andY; is the mole fraction of compongjnt

Binary diffusivity of componenk into component can be estimated by the

following correlation (Rase, 1990):
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(3.65)

In Equation (3.65),D,; is the diffusivity fork diffusing intoj (cnt sec!), P, is

total pressure (atmM ; = 2[(1/ M)+ @/M; )]'l, M, andM; are molecular weights &f

andj respectively (g maj), v, is atomic diffusion volume to be summed over atoms

groups and structural features of diffusing compgbualues presented in Table 3.3.

Table 3.3. Atomic and structural diffusion volumerements (Rase, 1990)

C 15.9 F 14.7
H 2.31 Cl 21.0
@) 6.11 Br 21.9
N 4.54 I 20.8
S 22.9| Aromatic or heterocyclic ring 18

Change in total pressure is another factor thédctf the rate of a reaction.

Concentration of reacting components in liquid ghesactions is affected insignificantly

by the changes in total pressure; therefore, etiegressure drop on the rate of reaction

can be totally ignored during the reactor sizingpgwidver, in gas phase reactions, the

concentration of reactants and consequently tleeafateaction are proportional to the total
pressure change and pressure drop may become artamipfactor that can result a failure

in reactor operation if not taken into considemati®ince the reactions in present work

occur in gas phase, pressure drop is taken intouatdn designing the reactors. Ergun

equation, which is widely used in estimating pressdrop in packed-beds, is used to

obtain the total pressure drop along the catalgsght (Fogler, 1999; Birdt al, 2002):

dR __

G

dw  p,D,

@

l-¢ 150(1—¢2);1+17$ 1
D ' A

p

(3.66)



62

For each reactor simulation and design calculatibguation (3.66) is solved
simultaneously with the differential mole and eryebglances. At the entrance of the each
reactor, total pressure is taken as 1.013 barinitgal condition for Equation (3.66) is at
W=0, R, =1.013.

In Equation (3.66)( is superficial mass velocity (kgfs") and equals tqo,,v,
¢ the porosity (volume of void / total bed volumevaid fraction), A, the cross-sectional

area of the pipe (i

The packed-bed reactor model considered is offdbwg pseudohomogeneous type
in which conditions in the bulk and on the catalstface are assumed to be identical in a
‘pseudohomogeneous’ continuum. In addition, thadglow’ term implies an assumption
of fluid flow in the form of a plug. In plug-floneach differential element of interest is
assumed to pass through the system without backin{axial dispersion) and has single
uniform temperature and composition at a givenlgaaition throughout the cross-section
of reactor tube. Therefore, criteria that provitkt felocity profile and negligible axial
dispersion are needed for this model to ensureqtradity of operation and design. A

reasonably flat velocity profile is assured by fibkowing criterion (Rase, 1990):

—t>30 (3.67)

The equation above implies that the diameter efréactor tubepD,, has to be at
least 30 times bigger than the diameter of thelysitpellet, D, . Axial dispersion has no

effect on performance in a packed bed for gasedheiffollowing criterion is achieved
(Rase, 1990):

= >50 (3.68)

This relationship stipulates that the reactor feng has to be at least 50 times of

diameter of the catalyst pelleD, . Different values have been assigned to the partic
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diameter, D, for minimizing flow non-uniformities, pressure ofr and transport

resistances. These values are given in Tables#43%for every reactor and power output/

feed ratio combinations.

Parameters used during the calculation of criteand of total pressure change

stated above are given in Table 3.4.

Table 3.4. Parameters used in calculation ofrcaite

IPOX WGS PROX

o, (kgm®) | 1163.7 | p, (kg m®) 900 o, (kg mi®) 1160

p. (kgm? | 2377 | p (kgm’) | 1863 | p, (kgm’) | 2369

£, 0.3 £ 0.3 £ 0.3

£, 0.6 £, 0.6 £ 0.6

T 3.3 T 3.3 4 3.3
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4. RESULTS AND DISCUSSION

Fuel processor system for autothermal hydrogerdymtion from methane is
mathematically investigated at steady-state camuiti The main reactors of the fuel
processor system, namely indirect partial oxidateactor, water-gas shift converter and
preferential carbon monoxide oxidation reactor afeinterest. Steady-state operation,
sizing and design of these reactors are condudsec¢omputer simulations using one-
dimensional pseudohomogeneous fixed-bed reactoehfod two different CH/O, and
H,O/CH, ratios and for three hydrogen throughput ratesesponding to 500, 1000 and
1500 W power outputs of a PEM fuel cell. Appropeiaxternal and internal transport

resistance criteria are used as constraints imifigwut reactor dimensions.

Indirect partial oxidation reactor is considereatonsist of a physical mixture of an
oxidation and a reforming catalyst, ##&I,03; and Ni/MgO-ALO; respectively (Ma and
Trimm, 1996). Water-gas shift converter and CO ati@h reactor are considered to be
packed with a Cu/ZnO/ADs catalyst (Choi and Stenger, 2003) and with g 1Cey Oz
nano-structured catalyst (Sedmetkal, 2003), respectively. The fuel processor system is
presented here again in Figure 4.1 with streamsbeoea according to the formulation

given in Section 3.1.2.

4.1. Preliminary Material Balance Calculations for 500-1000-1500 W
Fuel Cell Systems

Flow rate variation of components and temperatiisgibution in IPOX, WGS and
PROX reactors are needed for designing and sidingaators by reactor models explained
in Section 3.2.1. However, boundary conditions thegcribe flow rates of components at
inlet and outlet of the reactors are needed fiostthis purpose. These flow rates are
determined by material balance calculations. Oheebioundary conditions are obtained
for each stream of the whole processor system (€igLl), the reactor model can be used
in a trial-and-error scheme to figure out the gatlalweight that will give the desired

throughput rate defined by the boundary conditiothe exit.
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Figure 4.1. Fuel Processor System with stream eusnb

A simple and complete material balance is built frocessor system by
introducing the material balance equations (3.334Band assumptions given in Section
3.1.2 into MS Excel to execute a trial-and-errdugon to obtain the flow rates of each
species at each stream. Trial-and-error solutionguiure is based on assigning a methane
feed flow rate and executing material balance ¢afmn and comparing the calculated
hydrogen throughput rate with the required hydrogssduction rate given in Table 3.2

until they are equal, as explained in Section 3.1.2

Material balance calculations are executed for difkerent feed ratios—power
output configurations (Feed ratios: (€6,, H,O/CH,) = (2.24, 1.17), (1.89, 1.56);
PEMFC power outputs: 500, 1000 and 1500 W) andebelts are presented in Tables 4.1-
4.6. As explained above, these results are thed imsesactor modeling and simulation
calculations as boundary conditions to estimatesthe of the reactor in terms of catalyst

weight.



Table 4.1. Material Balance Results for 500 W PEMiystem (CHO, = 1.89, HO/CH, = 1.56)

Stream F1 F2 Fs Fa Fs Fe F Fe Fo F1o
Component (mol/n) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 12.36 9.09 3.86 3.86 0.00 3.86 0.0¢ 3.8p 0.00 0.00
H.0 19.28 25.82 16.67 15.93 0.00 15.93 0.00 31719 00.0 44.00
O, 6.54 0.00 0.00 0.00 0.28 0.00 7.63 0.0 10.27 0.00
N2 24.60 24.60 24.60 24.60 1.05 25.6b 28.71 5436 6438, 92.99
CO 0.00 0.00 1.31 0.56 0.00 0.001 0.00 0.00 0.00 00 0.
COo; 0.00 3.27 7.19 7.94 0.00 8.50 0.0 8.50 0.0 12.36
Ho 0.00 0.00 19.60 20.35 0.00 20.35 0.00 5.09 0.00 00 0.




Table 4.2. Material Balance Results for 500 W PEMiystem (CHO, = 2.24, HO/CH, = 1.17)

Stream F1 F2 Fs Fa Fs Fe F Fe Fo F1o

Component (mol/n) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)

CH, 11.70 9.09 3.86 3.86 0.00 3.86 0.0¢ 3.8p 0.00 0.00

H.0 13.69 18.91 9.77 9.02 0.00 9.02 0.00 24.28 0.00 7.0

O, 5.22 0.00 0.00 0.00 0.28 0.00 7.63 0.0 10.27 0.00

N2 19.65 19.65 19.65 19.65 1.05 20.7 28.70 4940 6338 88.03

CO 0.00 0.00 1.31 0.56 0.00 0.00 0.00 0.00 0.00 00 0.

COo; 0.00 2.61 6.53 7.28 0.00 7.84 0.0 7.84 0.0 11,70

Ho 0.00 0.00 19.60 20.35 0.00 20.35 0.00 5.09 0.00 00 0.




Table 4.3. Material Balance Results for 1000 W FEMystem (CHO, = 1.89, HO/CH, = 1.56)

Stream F1 F2 Fs Fa Fs Fe F Fe Fo F1o
Component (mol/n) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 24.72 18.18 7.73 7.73 0.00 7.73 0.00 7.73 0.00 00.0
H.0 38.56 51.64 33.35 31.85 0.00 31.85 0.00 62.38 0 0.0 88.00
O, 13.08 0.00 0.00 0.00 0.56 0.00 15.26 0.00 20.54 00 0.
N2 49.20 49.20 49.20 49.20 2.10 51.3 57.41 108,72 .2777) 185.99
CO 0.00 0.00 2.61 1.12 0.00 0.001 0.00 0.00 0.00 .000
COo; 0.00 6.54 14.38 15.88 0.00 16.9 0.00 16.99 0.00 4.72
Ho 0.00 0.00 39.20 40.70 0.00 40.7 0.00 10.17 0.00 .000




Table 4.4. Material Balance Results for 1000 W FEMystem (CHO, = 2.24, HO/CH, = 1.17)

Stream F1 F2 Fs Fa Fs Fe F Fe Fo F1o
Component (mol/n) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 23.40 18.18 7.73 7.73 0.00 7.73 0.00 7.73 0.00 00.
H.0 27.38 37.82 19.53 18.04 0.00 18.04 0.00 4866 00.0p 74.18
O, 10.45 0.00 0.00 0.00 0.56 0.00 15.26 0.00 20.54 00 0.
N2 39.30 39.30 39.30 39.30 2.10 41.4 57.40 98.80 2677, 176.06
CO 0.00 0.00 2.61 1.12 0.00 0.001 0.00 0.00 0.00 .000
CGo, 0.00 5.22 13.06 14.56 0.00 15.6 0.00 15.67 0.00 3.4
Ho 0.00 0.00 39.19 40.69 0.00 40.6 0.00 10.17 0.00 .000




Table 4.5. Material Balance Results for 1500 W FEMystem (CHO, = 1.89, HO/CH, = 1.56)

Stream F1 F2 Fs Fa Fs Fe F Fe Fo F1o
Component (mol/n) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 37.08 27.27 11.59 11.59 0.00 11.59 0.0p 11.59 0.00 0.00
H.0 57.84 77.46 50.02 47.78 0.00 47.7 0.00 93.66 0 0.0 132.00
O, 19.62 0.00 0.00 0.00 0.84 0.00 22.89 0.00 30.81 00 0.
N2 73.80 73.80 73.80 73.80 3.14 76.9 86.1 163,08 5.911| 278.98
CO 0.00 0.00 3.92 1.67 0.00 0.002 0.00 0.00 0.00 .000
COo; 0.00 9.81 21.57 23.82 0.00 25.4 0.00 25.49 0.00 7.083
Ho 0.00 0.00 58.80 61.05 0.00 61.05 0.0 15.26 0.00 .000




Table 4.6. Material Balance Results for 1500 W FEMystem (CHO, = 2.24, HO/CH, = 1.17)

Stream F1 F2 Fs Fa Fs Fe F Fe Fo F1o
Component (mol/n) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 35.04 27.22 11.57 11.57 0.00 11.5¢ 0.0 11.57 0.00 0.00
H.0 41.00 56.64 29.02 26.91 0.00 26.9 0.0 72,68 00.p 111.08
O, 15.64 0.00 0.00 0.00 0.78 0.00 22.8 0.00 30.76 00 0.
N2 58.85 58.85 58.85 58.85 2.95 61.80 86.1 147,90 5.7B1| 263.63
CO 0.00 0.00 3.68 1.57 0.00 0.002 0.0 0.00 0.00 .000
COo; 0.00 7.82 19.79 21.90 0.00 23.4 0.0 23.47 0.00 5.043
Ho 0.00 0.00 58.92 61.03 0.00 61.0 0.0 15.26 0.00 .000
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4.2. Reactor Sizing

Model equations for IPOX reactor (Equations 3.3293and 3.66), WGS converter
(Equations 3.40-3.45 and 3.66) and PROX reactondfons 3.46-3.50 and 3.66) are used
to size, i.e. determine the amount (weight) ofdatalyst packed within these units. This is
achieved via a ‘trial-and-error’ type solution asdo by using the results of the material
balances presented in Tables 4.1-4.6 as boundawitmms: Flow rates of components
from material balances and typical stream tempegatabtained from literature (M al,
1996; Amadeo and Laborde, 1995; Stral, 2005; Sedmalet al, 2003; Santarelli and
Torchio, 2007) are used as boundary conditionseiactor simulations. An arbitrary
catalyst weight value is assigned to determine itibegration span for the non-linear
differential model equations which are solved usarg}iff, variable order ODE solver, the
“ode15s” function of the MATLAB" environment. The simulated exit flow rates from
the reactor of interest are then compared withehmistained from the material balance
calculations. The comparison is based on the hwirdtpw rates. This procedure is
continued until the catalyst weight value, whichvegi hydrogen exit flow rates in
accordance with the ones given in Tables 4.1-4.6ptained. Catalyst weight is accepted
to be exact, if the difference between the hydrggeduction rates obtained from material

balance and simulation is below 10 per cent aetiteof the simulation.

In consequence, reactor sizing procedure briefplatned above is repeated for
two distinct feed ratios and three power type oMPfuel cell (Feed ratios: (CHO,,
H,O/CH,) = (2.24, 1.17), (1.89, 1.56); PEMFC power outp®@0, 1000 and 1500 W),
resulting in six different feed composition/hydragdéaroughput rate configurations of the

fuel processor system.
4.2.1. 500 W PEMFC Operation
Simulation results for 500 W PEMFC operation areutated in Tables 4.7-4.9.

Temperature and flow rate variations in IPOX, W@&8 &ROX are shown in Figures 4.2-

4.13 for two distinct feed ratios.



Table 4.7. Simulation results for 500 W PEMFC eyst
(CH4/O, = 1.89, HO/CH, = 1.56)

Stream F Fs = Fs Fs
Component (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 12.36 4.64 4.64 0.00 4.64
H.O 19.28 15.09 12.79 0.00 12.8
O 6.54 2.3 0.00 0.29 0.00
N2 24.60 24.60 24.60 1.09 25.7
(6{0) 0.00 2.87 0.58 0.00 0.0003
CO, 0.00 5.05 7.34 0.00 7.92
Hy 0.00 19.73 22.48 0.00 22.48
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Figure 4.2. Temperature profile in IPOX reactar300 W PEMFC operation

(CHy/O; = 1.89, HO/CH, = 1.56)
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Table 4.8. Simulation results for 500 W PEMFC syrst

(CHYJO, = 2.24, HOICH, = 1.17)

Stream F Fs Fs Fs Fo
Component (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)

CH, 11.70 3.61 3.61 0.00 3.61
H,0 13.69 10.43 7.06 0.00 7.06
Oz 5.22 0.76 0.00 0.37 0.00
N2 19.65 19.65 19.65 1.79 21.44
CoO 0.00 411 0.74 0.00 0.00047
COo, 0.00 4.17 7.53 0.00 8.27
H. 0.00 19.53 22.89 0.00 22.89
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Figure 4.10. Temperature profile in WGS conveitve’500 W PEMFC operation
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Inlet and outlet temperatures of each reactomlystt quantities packed into the
reactors and carbon monoxide levels at exit of WAB& PROX reactors are presented in
Table 4.9 for 500 W operation. It is worth notirigat, regardless of the feed condition,
inlet temperatures for WGS and PROX reactors arratand 353 K, respectively, since
these temperatures are assumed to be obtaineadadiérg via the heat exchangers shown
in Figure 4.1. On the other hand, the inlet temipeeaof the IPOX reactor is assumed to be
equal to the light-off temperature of methane, Whiepends on the GHD; ratio. Light-
off temperatures of methane as a function of/Oklover Ptb-Al,O3 catalyst is given in
Table 2.3. As a result, 620 and 627 K are deterthaseinlet temperatures of IPOX reactor
for CH4/O, ratios of 2.24 and 1.89 respectively, as explainesection 3.1.1.

The results in Tables 4.7 and 4.8 show that compioflow rates obtained from
reactor simulations are in approximate agreemetit te preliminary material balance
results given in Tables 4.1 and 4.2. The differenceme mainly from the oxygen
consumption during indirect partial oxidation reaet in material balance calculations,
oxygen is assumed to be consumed completely in IRvever, during the simulations,
it is aimed to obtain a hydrogen production rats hould be ideally equal to the value
calculated from the material balance results. Blhigctive in the calculation scheme has
led to some oxygen remaining in the reaction mediiherefore methane conversion in
total oxidation became smaller than predicted & riaterial balance and, due to higher
guantity of remaining methane, steam reforming ession became higher. The reason of
low flow rates of HO, CQ, and high flow rates of CH CO in the exit stream of IPOX
reactor (k) can therefore be explained by lower amount ofgexyconsumption. Flow rate
difference at WGS converter exit,jAs because of aiming the simulated CO flow rdte a
effluent stream to be same with material balanseilte with the constraint that the CO
content in WGS exit has to be below 2 mol per céfigher conversion of carbon
monoxide in water-gas shift reaction causes confiompf more steam and production of
more CQ and H which is still in the limit that is designated fibre difference of hydrogen
production rates. CO conversion in preferentialdakibn is almost same; however,
difference in CO and C{Cflow rates in exit stream of PROX reactog)(Eomes from the
difference at the inlet stream§F For both feed ratios, hydrogen production rdtem
reactor simulations and material balance calculatere almost equal to each other, which

indicate that the termination criterion for trigdaerror calculations is satisfied.



Table 4.9. Simulation outputs for @8, = 2.24&H0/CH,; = 1.17 and CHO, = 1.89&H,0/CH, = 1.56 at IPOX reactor inlet
in 500 W PEMFC operation

IPOX reactor WGS converter PROX reactor
1.89&1.56 | 2.24&1.17), 1.89&1.56 2.24&1.17 1.89&1.56 .2481.17
Inlet temperature (K) 627 620 473 473 353 353
Exit temperature (K) 848 884 511 539 423 459
Catalyst weight (g) 213 154 220 230 60 34
CO level' - - 0.8" 1.2° 45" 9.0

TCO level at the exit of the reactor, in mol pertcgfter WGS, in ppm after PROX
* CO level has to be below 2 mol per cent &S8\feactor outlet
** CO level has to be below 10 ppm at PROXcteaoutlet.
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The results in Table 4.9 also indicate that ahletd ratios, amount of catalyst
packed in WGS converter is greater than needethtoother reactors. This is expected
since, over a Cu-based catalyst, WGS is a slovestion than IPOX and PROX (Zalc and
Loffler, 2002). In addition, amount of catalyst gad in WGS reactor is higher for
2.24&1.17 than 1.89&1.56 feed ratio because thenéorhas higher carbon monoxide
amount entering WGS reactor, i.e. higher catalysbunt is needed to obtain higher
carbon monoxide conversion, which also resultsl@vaged exit temperatures due to the
exothermicity of the water-gas shift reaction. Rartmore, carbon monoxide
concentrations at the exit of WGS and PROX reaaoesbelow the limits of 2 mol per

cent and 10 ppm, respectively.

If the two feed ratios are compared, it can ben sbat the feed ratio of 2.24&1.17
leads to formation of elevated temperatures aefieof reactors. This may be because of
the higher conversion of exothermic total oxidatimaction at 2.24&1.17, which is
inference of higher oxygen conversion (85 per cent2.24&1.17, 64 per cent in
1.89&1.56). Possible occurrence of reverse watsrdleit reaction in 1.89&1.56 may be
the reason of elevated temperature of 2.24&1.1PRDX reactor exit. According to the
Tables 4.7 and 4.8, 30-40 per cent of the produweas (k) is hydrogen for both feed
ratios on wet basis. There is also inert nitrogenmaich as hydrogen in product stream
which requires downstream processing if high punggrogen is needed. In such cases,

oxygen may also be used as the oxidant ratherainan
4.2.2. 1000 W PEMFC Operation
Simulation results for 1000 W PEMFC operation aespnted in Tables 4.10-4.12.

Temperature and flow rate profiles in IPOX, WGS &PRIOX reactors are shown in

Figures 4.14-4.25 for two feed ratios.



Table 4.10. Simulation results for 1000 W PEMFGtegn
(CHy/O, = 1.89, HO/CH, = 1.56)

Stream F, Fs Fs Fs Fe
Component (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 24.72 9.17 9.17 0.00 9.17
H.0O 38.56 30.23 25.60 0.00 25.6(
O, 13.08 4.50 0.00 0.55 0.00
N2 49.20 49.20 49.20 2.07 51.27
Co 0.00 5.73 1.10 0.00 | 0.0003p5
COo; 0.00 10.02 14.64 0.00 15.74
H, 0.00 39.53 44.15 0.00 44.15
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Figure 4.14. Temperature profile in IPOX reactor1000 W PEMFC operation
(CH4/0O, =1.89, HO/CH, = 1.56)
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Figure 4.16. Temperature profile in WGS convelterl000 W PEMFC operation
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Table 4.11. Simulation results for 1000 W PEMFGtegn

(CHYJO, = 2.24, HOICH, = 1.17)

Stream F Fs Fs Fs Fo
Component (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 23.40 7.01 7.01 0.00 7.01
H,0 27.38 20.84 14.03 0.00 14.03
O, 10.45 1.40 0.00 0.755 0.00
N2 39.30 39.30 39.30 2.84 42.14
CoO 0.00 8.32 1.51 0.00 0.00031
COo, 0.00 8.27 15.07 0.00 16.58
H. 0.00 39.42 46.22 0.00 46.22
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Table 4.12 gives the inlet and outlet temperatofdke reactors, catalyst quantities

and carbon monoxide levels at WGS converter and>PR@ctor exit streams.

It can be seen that the simulation outputs giveiables 4.10-4.11 and material
balance results given in Tables 4.3-4.4 are in géragreement. The differences come
mainly from oxygen consumption during IPOX, as expéd for 500 W operation in
Section 4.2.1.

2.24&1.17 feed ratio needs smaller amount of gatdbr hydrogen production by
1000 W PEMFC operation than 1.89&1.56 in all reexctexcept WGS converter like in
500 W operation. 1.89&1.56 needs much more IPOXlgstt which is because 2.24&1.17
has higher total oxidation conversion due to thggex consumption and consequently
higher steam reforming conversion. The small défitee between the catalyst demands for
WGS is because 2.24&1.17 operation has more CO maineniering the WGS converter
and consequently higher catalyst is needed foreni@l© conversion. More PROX catalyst
demand for 1.89&1.56 may be because of possiblaromce of reverse water-gas shift

reaction, as stated in Section 4.2.1.

As in the case of 500 W operation, CO levels alew the limits of 2 mol per cent
and 10 ppm (Table 4.12). Product stream is thezefonvenient for PEMFC operation,
where also inert nitrogen as much as hydrogen, ré@ires downstream processing in
high purity hydrogen demanding applications, isadticed within.

4.2.3. 1500 W PEMFC Operation

Simulation results are presented in Tables 4.18-4Temperature and flow rate

profiles within the reactors are shown in Figurex644.37.



Table 4.12. Simulation outputs for @B, = 2.24&H,0/CH, = 1.17 and CHO, = 1.89&H0/CH, = 1.56 at IPOX reactor inlet
in 1000 W PEMFC operation

IPOX reactor WGS converter PROX reactor
1.89&1.56 | 2.24&1.17), 1.89&1.56 2.24&1.17 1.89&1.56 .2481.17
Inlet temperature (K) 627 620 473 473 353 353
Exit temperature (K) 849 885 511 539 420 459
Catalyst weight (Q) 421 321 450 460 120 72
CO level' - - 0.8 1.2 2.17 2.5

TCO level at the exit of the reactor, in mol pertcgfter WGS, in ppm after PROX
* CO level has to be below 2 mol per cent &S8\feactor outlet
** CO level has to be below 10 ppm at PROXcteaoutlet.



Table 4.13. Simulation results for 1500 W PEMFGteg

(CHy/O; = 1.89, HO/CH, = 1.56)

Catalyst WWeight (k)

(CHy/O; = 1.89, HO/CH, = 1.56)

Stream F Fs = Fs Fs
Component (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)
CH, 37.08 14.20 14.20 0.00 14.2¢
H,O 57.84 45.27 38.71 0.00 38.71
O, 19.62 7.1 0.00 0.84 0.00
N> 73.80 73.80 73.80 3.16 76.9¢
cO 0.00 8.23 1.68 0.00 0.0002
(6{07) 0.00 14.83 20.78 0.00 22.46
H, 0.00 58.41 64.96 0.00 64.96
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Figure 4.26. Temperature profile in IPOX reactor 500 W PEMFC operation
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Figure 4.27. Flow rate variations in IPOX readtor1500 W PEMFC operation
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Figure 4.28. Temperature profile in WGS convefterl 500 W PEMFC operation
(CHy/O, = 1.89, HO/CH, = 1.56)



I:II:I? T T T T T T

006 b

0.05

0.04

0.03

0ozt PPPPPTEER SRSk s s SRS

001 .

Flow rates (kmnol/h)

| |
M ni na n3 n4 MnAa neR ny
Catalyst Weight (kg)

Figure 4.29. Flow rate variations in WGS convefterl500 W PEMFC operation
(CH4/O, = 1.89, HO/CH, = 1.56)
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Figure 4.30. Temperature profile in PROX reactorif500 W PEMFC operation
(CHy/O, = 1.89, HO/CH, = 1.56)
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Figure 4.31. Flow rate variations in PROX rea¢torl500 W PEMFC operation
(CH4/O, =1.89, HO/CH, = 1.56)

Table 4.14. Simulation results for 1500 W PEMFGtegn
(CH4/O, =2.24, HOICH, = 1.17)

Stream F Fs Fs Fs Fo
Component (mol/h) | (mol/h) | (mol/h) | (mol/h) | (mol/h)

CH, 35.04 10.30 10.30 0.00 10.3(
H,0 41.00 31.20 20.9 0.00 20.9
Oz 15.64 2.14 0.00 1.122 0.00
N2 58.84 58.84 58.84 4.217 63.04
CoO 0.00 12.54 2.245 0.00 0.00024
COo, 0.00 12.34 22.63 0.00 24.81
H. 0.00 59.20 69.55 0.00 69.55
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Figure 4.32. Temperature profile in IPOX reactmr 1500 W PEMFC operation
(CH4/O, = 2.24, HOICH, = 1.17)
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Figure 4.34. Temperature profile in WGS conveiverl500 W PEMFC operation
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Figure 4.35. Flow rate variations in WGS convefterl500 W PEMFC operation
(CH4/O; = 2.24, HOICH, = 1.17)
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Figure 4.36. Temperature profile in PROX reactwor500 W PEMFC operation
(CH4/O, = 2.24, HOICH, = 1.17)
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Figure 4.37. Flow rate variations in PROX rea¢torl500 W PEMFC operation
(CH4/O; = 2.24, HOICH, = 1.17)



Table 4.15. Simulation outputs for @B, = 2.24&H,0/CH, = 1.17 and CRHO, = 1.89&H0/CH, = 1.56 at IPOX reactor inlet
in 1500 W PEMFC operation

IPOX reactor WGS converter PROX reactor
1.89&1.56 | 2.24&1.17), 1.89&1.56 2.24&1.17 1.89&1.56 .2481.17
Inlet temperature (K) 627 620 473 473 353 353
Exit temperature (K) 845 886 511 540 421 458
Catalyst weight (Q) 669 488 650 700 180 106
CO level' - - 0.8 1.2 1.2 1.3

TCO level at the exit of the reactor, in mol pertcgfter WGS, in ppm after PROX
* CO level has to be below 2 mol per cent &S8\feactor outlet
** CO level has to be below 10 ppm at PROXcteaoutlet.
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As in the case of calculations for other powepatg, reactor simulations for 1500
W PEMFC operation show that simulated exit flowesatare in agreement with the
material balance results (cf. Tables 4.5-4.6 anoléa4.13-4.14). As seen in Table 4.15,
carbon monoxide levels are below their maximumtBmThe results in Table 4.15 also
indicate that 2.24&1.17 operation has elevated @ratpres at the exit of the reactors,

because of the reasons explained in Section 4n2.12.2.

If six of the feed composition/power output configtions of the fuel processor
system are compared, it can be seen that, forfeeth ratios, catalyst quantities increase
almost linearly with increasing power output of tREM fuel cell. Thus, based on the
results above, it can be concluded that amounataflgst used in each reactor of the fuel
processor system is directly proportional to thevgooutput of the PEMFC (Tables 4.9,
4.12 and 4.15). Change of amount of catalyst usesach reactor with power output of
PEMFC is shown in Figures 4.38 and 4.39 for 1.88&land 2.24&1.17, respectively.
Linearity is observed between the values, whileedin regression is performed and
regression coefficients of 0.9974, 09984 and lbseoved for IPOX, WGS and PROX,
respectively for 1.89&1.56 operation and 1, 0.9888 0.999 is observed for IPOX, WGS
and PROX, respectively for 2.24&1.17 operation.

Independent of the feed conditions and power tgpd’EMFC, a temperature
decrease is observed at the IPOX reactor entrascseen in Figures 4.2, 4.8, 4.14, 4.20,
4.26 and 4.32. This temperature decrease may béoduedel equations, i.e. reforming
rate modelled by Xu and Froment (1989) can be saidbe comparably faster than

oxidation which is modelled by Ma (1995), at leaisthe entrance of the reactor.

4.3. Reactor Design Calculations

Catalyst weights in IPOX, WGS and PROX reactorgehlaeen estimated for six
different feed ratio-power output configurationstbé fuel processor system by solving
model equations simultaneously in MATLAB. Howevsizes of the reactors, i.e. their

length and diameter, have not been calculated yet.
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Figure 4.38. Catalyst weight variation with PEMp@wer output in IPOX, WGS and
PROX reactors (CHO, = 1.89, HO/CH, = 1.56)
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Figure 4.39. Catalyst weight variation with PEMp@wer output in IPOX, WGS and
PROX reactors (CHO, = 2.24, HO/CH, = 1.17)
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Reactor sizing calculations are conducted by usiiigria reported to quantify
interfacial heat and intraparticle mass transfeistances and flow behaviour (axial
dispersion, radial flow profile) in packed beds $Bal990; Fogler, 1999; Biet al, 2002;
Perry, 1997). These criteria are given in SectioB.23 in Equations (3.51)-(3.68).
Calculations are carried out for three of the gaialreactors through a set of catalyst
particle size Dp)-reactor diameterD)) configurations. Values of these parameters are
assigned such that their ratidy/D,, is above the threshold value of 30 (Equation 3.67
indicating the validity of plug-flow behaviour (R&s1990). Using these values, length of
each reactor is estimated via Equation (3.68), sh@haxial dispersion in each reactor will
be insignificant (Rase, 1990). Finally, catalysttigle size, reactor diameter and length
values are tested using Mears’ and Weisz-PraterieriEquations 3.51 and 3.59) to check
whether they help in suppressing transport resisgrfAvciet al, 2001; Fogler, 1999;
Rase, 1990). In addition, total pressure changagatbe reactor tube is checked using
Equation (3.66), such that the dimensions do raut te excessive pressure drop. Note that
the differential pressure drop equation is solvetuftaneously with the differential mole

and energy balances given in Section 3.2.1.
4.3.1. 500 W PEMFC Operation
4.3.1.1. IPOX ReactorDesign calculations for IPOX reactor in 500 W PEBMoperation

at feed ratios of 1.89&1.56 and 2.24&1.17 are prese in Tables 4.16 and 4.17,

respectively.

In Tables 4.16 and 4.17, it can be seen thatoedenensions and catalyst particle
sizes, which are selected to minimize axial digpar@and ensure flat velocity profile,
indicate a ‘border-line’ status for the transp@sistances when the limit values of Mears’
criterion of max. 0.3 and Weisz-Prater criterionnaéix. 1 are considered (see Equations
3.51 and 3.59). As a rule of thumb, reactor lerigthegarded to be approximately five
times of the reactor tube diameter in each runagsuming plug-flow behaviour during
the reactor design calculations (Rase, 1990). &belated five runs are the optimum
results that give acceptable values for critehi@ytare selected by the elimination of the
runs that give extremely high or low values for ahyhe criteria.
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Table 4.16. Reactor design results for IPOX reaat600 W PEMFC operation
(CH4/O, =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5

W (9) 213 213 213 213 213

Dp (um) 700 650 600 600 600

D: (cm) 3.50 3.50 3.50 3.60 3.40

L (cm) 19.02 19.02 19.02 17.97 20.1%
L

D_p 271.66 292.56 316.94 299.57 335.8p
Dt

D_p 50.00 53.85 58.33 60.00 56.67

Mears’ criterion 0.46 0.40 0.34 0.34 0.33

Weisz-Prater criterion 0.90 0.78 0.66 0.66 0.67

Pout (bar) 0.44 0.35 0.24 0.33 0.14

Effect of pressure drop was mentioned to be aroitapt parameter for design

calculations; total pressure change has to bel&epto minimize mechanical energy loss.
In Tables 4.16 and 4.17, it can be seen that optiessure increases with increasing
particle diameter at constant tube diameter an@#&sing tube diameter at constant particle
diameter. For 1.89&1.56 feed ratio, outlet pressarBun 5 is critically low, while other
criteria are in acceptable limits. Similarly, for22&1.17 ratio, Run 1 gives acceptable
outlet pressure, while intraparticle and interfaraitations are off the acceptance. A new
run that presents bigger catalyst and tube dianueterbe tried for 1.89&1.56 operation,
since the runs in both operations are experimentsame catalyst and tube diameter for
comparison. However, increment in catalyst partitéaneter would lead to the increase in
intraparticle and interfacial resistances. Consetiyecatalyst with 1 mm diameter and
tube with 4 cm diameter, 14.6 cm length gives dydtessure of 0.85 bar, which seems as
a plausible option. Therefore, if Run 1 would bee thelection for 2.24&1.17, in
comparison, the new run for 1.89&1.56 is the chéicdPOX reactor in 500 W operation.
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Table 4.17. Reactor design results for IPOX raaat600 W PEMFC operation
(CH4/O, =2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (g) 154 154 154 154 154

Dp (um) 700 650 600 600 600

D: (cm) 3.50 3.50 3.50 3.60 3.40

L (cm) 13.70 13.70 13.70 12.95 14.52
L

D_p 195.77 210.83 228.40 215.89 242.04
Dt

D_p 50.00 53.85 58.33 60.00 56.67

Mears’ criterion 0.85 0.73 0.63 0.62 0.62

Weisz-Prater criterion 1.65 1.42 1.21 1.21 1.21

Pout (bar) 0.69 0.64 0.58 0.63 0.52

If the two feed ratios are compared, it is seext 1h89&1.56 needs longer reactor
length; this situation is because of the catalgsbuants packed in the bed, 1.89&1.56 needs
much more catalyst than 2.24&1.17, which is becaiisbe reasons explained in Section
4.2. Furthermore, 1.89&1.56 has more convenierpaeses to the interfacial heat and
intraparticle mass transfer limitations, whered®4&1.17 offers higher outlet pressures,
i.e. ignorable total pressure drop at the sametoealimensions and catalyst diameters.
This situation is mainly because of the differencdlow rates of the species at different
feed ratios; this difference influences reactiaiesavhich is directly related to Mears’ and
Weisz-Prater criteria (see Equations 3.51 and 3&%) also influences velocity and
density of the gas mixture which are related to tihtal pressure change (see Equation
3.66); even the particle-to-fluid heat transfer fioent and surface concentration of
species are related to flow rates. Moreover, dfiee in reaction temperature also affects

values of the criteria.
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4.3.1.2. WGS Converter.Design calculations for WGS converter in 500 WMFHE
operation at feed ratios of 1.89&1.56 and 2.24&%aflé& presented in Tables 4.18 and 4.19,

respectively.

It is seen in Tables 4.18 and 4.19 that when oeadimensions and catalyst
diameter is selected to minimize axial dispersiot @nsure flat velocity profile, interfacial
heat and intraparticle mass transfer are not sepoablems since Mears’ and Weisz-Prater

criteria are met.

Table 4.18. Reactor design results for WGS coevént500 W PEMFC operation
(CH4/O, =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5

W (9) 220 220 220 200 220

Dp  (um) 800 700 600 600 600

D: (cm) 4.00 4.00 4.00 4.50 3.50

L (cm) 19.46 19.46 19.46 15.38 25.42
L

D_p 243.38 278.03 324.37 256.29 423.6
Dt

D_p 50.00 57.14 66.67 75.00 58.33

Mears’ criterion 55x16 | 42x10" | 3.1x10" | 3.3x10" | 2.9x 10°

Weisz-Prater criterion 0.021 0.016 0.012 0.012 .01

Pout (bar) 0.82 0.76 0.69 0.81 0.44

Total pressure was mentioned to change with chgngatalyst particle and tube
diameter; for both feed ratios, outlet pressureeiases with increasing particle diameter at
constant tube diameter (cf. Runs 1, 2 and 3) atld wcreasing tube diameter at constant
particle diameter (cf. Runs 3, 4 and 5). Moreovar,comparison of 1.89&1.56 and

2.24&1.17 feed ratios, outlet pressures are nedetical at each run. Runs 1 and 4 give
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the highest outlet pressure among others for lesb fatios. However, Run 1 seems to be
the optimal choice since reactor length is closti¢orule that implies reactor length has to
be approximately five times of reactor tube (R4990). Consequently, reactor tube with

4 cm diameter and 20.35 cm length and catalysicadf 800 um diameter is the choice

for WGS converter in 500 W PEMFC operation.

Table 4.19. Reactor design results for WGS cdavén 500 W PEMFC operation
(CH4/O, =2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (g 230 230 230 230 230

Dp (um) 800 700 600 600 600

D (cm) 4 4 4 45 3.5

L (cm) 20.35 20.35 20.35 16.08 26.5
L

D, 254.34 190.70 339.08 267.94 442.9
Dt

D, 50.00 57.14 66.67 75.00 58.33

Mears’ criterion 40x16 | 42x10" | 3.1x10" | 3.3x10" | 2.9x 10

Weisz-Prater criterion 0.018 0.013 0.010Q 0.010 0.01]

Pout (bar) 0.84 0.80 0.72 0.83 0.50

4.3.1.3. PROX ReactorTables 4.20 and 4.21 present the design caloola&sults for
PROX reactor in 500 W PEMFC operation at 1.89&1&®&1 2.24&1.17 feed ratios,

respectively.

Intraparticle and interfacial criteria are higisigtisfied for both of feed ratios, when
reactor dimensions and catalyst particle diameateselected to minimize axial dispersion

and ensure flat velocity profile, as seen in Tall@® and 4.21.
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Table 4.20. Reactor design results for PROX reant600 W PEMFC operation
(CH4/O, =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5

W (9) 60 60 60 60 60

Dp (um) 800 700 600 600 600

Di (cm) 2.50 2.50 2.50 3.00 2.25

L (cm) 10.50 10.50 10.50 7.29 12.96
L

D, 131.24 150.02 174.96 121.52 216.08
Dt

D, 31.25 35.71 41.67 50 37.5

Mears’ criterion 54x10 | 42x10" | 3.1x10" | 3.4x10" | 3.4x 10

Weisz-Prater criterion| 11.4x10 8.7x10' | 6.4x 10" | 6.4x 10" | 6.4 x 10

Pout (bar) 0.84 0.80 0.74 0.89 0.57

Pressure at the outlet of preferential oxidatesctor, like outlet pressure of IPOX

reactor and WGS converter, increases with incrgasitbe and particle diameter at

constant particle and tube diameters, respectieelpoth feed ratios. Run 5 in 1.89&1.56

operation gives the highest length-to-diameteorédr tube but low outlet pressure that
leads to an evident total pressure drop. Besides,Rin 2.24&1.17 operation represents

ignorable pressure change whereas it gives ingaifidength for reactor tube as in other

runs.

In 500 W PEMFC operation, outlet pressure and toealength have similar
behaviour to the changing tube and catalyst partichmeter in IPOX, WGS and PROX

reactors for both of feed ratios. Total pressur@ngle is critically high in IPOX reactor in

Run 5 for 1.89&1.56 operation whereas for othect@a, it may be tentatively said that

total pressure change would be in ignorable limits.
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Table 4.21. Reactor design results for PROX reant600 W PEMFC operation
(CH4/O, =2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (9) 34 34 34 34 34

Dp (um) 800 700 600 600 600

D: (cm) 2.50 2.50 2.50 3.00 2.25

L (cm) 5.91 5.91 5.91 4.10 7.30
L

D_p 73.80 84.36 98.38 68.33 121.48
Dt

D_p 31.25 35.71 41.67 50 375

Mears’ criterion 0.003 0.002 0.002 0.002 0.002

Weisz-Prater criterion 0.013 0.010 0.007 0.00 D.0C

Pout (bar) 0.91 0.88 0.84 0.93 0.73

Run 1 and Run 5 in 1.89&1.56 and 2.24&1.17 seerbedhe most reasonable
options; consequently, reactor tube with 2.5 cnmeir, 10.5 cm length and catalyst with
800 pm diameter is selected for WGS converter M\BOPEMFC system.

4.3.2. 1000 W PEMFC Operation

4.3.2.1.

IPOX Reactor. Design calculations for IPOX reactor in 1000 W M

operation at feed ratios of 1.89&1.56 and 2.24& %l presented in Tables 4.22 and 4.23,

respectively.

It is seen in Tables 4.22 and 4.23 that therelawations from interfacial heat and

intraparticle mass transfer criteria, yet they @pproximately within the limits. As stated

for 500 W operation, 1.89&1.56 needs more catdtysindirect partial oxidation reaction

than 2.24&1.17, which causes longer reactor lenigthf®rmer operation.
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Table 4.22. Reactor design results for IPOX @aot 1000 W PEMFC operation
(CH4/O, =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5

W (g) 421 421 421 421 421

Dp (um) 800 750 700 700 700

D (cm) 4.80 4.80 4.80 5.60 4.50

L (cm) 19.98 19.98 19.98 14.68 22.73
L

D_p 249.80 266.45 285.50 209.74 324.7)7
Dt

D_p 60.00 64.00 68.57 80 64.29

Mears’ criterion 0.59 0.52 0.45 0.49 0.43

Weisz-Prater criterion 0.74 0.65 0.57 0.59 0.57

Pout (bar) 0.65 0.60 0.54 0.77 0.40

Pressure drop that affects the rate of reactiorredses with increasing tube
diameter and particle diameter when keeping partiddmeter and tube diameter constant,
respectively. Minimum pressure drop is seen torb&un 4 for 1.89&1.56 operation;
however, length-to-diameter ratio of the reactaense insufficiently low. Nevertheless,
Run 5 gives suitable responses to all of the himzbra except outlet pressure which affects
the operation due to high pressure drop. Simildidy, 2.24&1.17 operation, length-to-
diameter ratio of reactor tube and outlet pressarehanging reversely, when it is
maximum for one, insufficient for other (cf. Runsdd 5). Therefore, Run 1 seems to be
the optimum choice for both feed ratios due todbesideration of pressure drop firstly. In
consequence, reactor tube with 4.80 cm diamete®81@n length and catalyst pellet with
800 um diameter is the selected model for IPOXtogaaf 1000 W PEMFC system.

If 500 W and 1000 W operation are compared, $eisn that longer reactor lengths

and tube diameters are needed for 1000 W operatiohoth feed ratio operations.
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Moreover, diameter of catalyst particle has to iggédr for 21000 W operation, since outlet
pressure is getting lower while catalyst partislgetting smaller. Note that the comparison
at the same particle and tube diameter is impassibé to the excessive decrease of outlet

pressure in 1000 W operation.

Table 4.23. Reactor design results for IPOX aict 1000 W PEMFC operation
(CH4J/ 0O, =2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (g) 321 321 321 321 321

D, (um) 800 750 700 700 700

D (cm) 4.80 4.80 4.80 5.60 4.50

L (cm) 15.24 15.24 15.24 11.19 17.33
L

D_p 190.46 203.16 217.68 159.92 247.683
Dt

D_p 60.00 64.00 68.57 80 64.29

Mears’ criterion 0.90 0.79 0.69 0.75 0.66

Weisz-Prater criterion 2.13 1.87 1.63 1.63 1.63

Pout (bar) 0.72 0.68 0.63 0.81 0.51

4.3.2.2. WGS ConverterDesign calculations for WGS converter in 1000 BVFEC
operation at feed ratios of 1.89&1.56 and 2.24&1aflé& presented in Tables 4.24 and 4.25,

respectively.

As seen in Tables 4.24 and 4.25, interfacial laeat intraparticle mass transfer
resistances can be neglected for both feed rafibas, the focus point for the WGS
converter is to choose the optimum run that givighdst outlet pressure (i.e. minimum
pressure drop) and reactor length/diameter ratisecto 5. Run 1 in both operations gives

the highest outlet pressure, whereas Run 4 repsesbr most suitable choice for
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length/diameter ratio. As a result, Run 1 is chadseiWGS reactor for both feed ratio in

1000 W operation; i.e. reactor tube with 5.60 canukter, 20.76 cm length and catalyst

with 800 um diameter is the model for WGS reactdtGH0 W operation.

Table 4.24. Reactor design results for WGS coevémt1000 W PEMFC operation
(CH4/0O, =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5

W (g 450 450 450 450 450

Dp (um) 800 700 600 600 600

D (cm) 5.60 5.60 5.60 5.0 5.8

L (cm) 20.31 20.31 20.31 25.48 18.93
L

D, 253.87 290.16 338.52 424.63 315.55
Dt

D, 70.00 80.00 93.33 83.33 96.67

Mears’ criterion 42x16 | 32x10" | 24x10" | 22x10" | 2.4x 10

Weisz-Prater criterion 0.020 0.016 0.011 0.011 0.01

Pout (bar) 0.81 0.75 0.66 0.45 0.71

Reactor lengths estimated for 1000 W operaticgeen to be nearly the same with

that of 500 W operation, provided that the catalgatticle diameters are identical.

Therefore, reactor tube diameter is bigger for 100Mmperation at both feed ratios, as

expected.

4.3.2.3.

PROX Reactor. Preferential oxidation reactor sizing calculaticesults are

tabulated for 1000 W PEMFC operation at 1.89&1.66 2.24&1.17 feed ratios in Tables
4.26 and 4.27, respectively.



112

Table 4.25. Reactor design results for WGS corvént1000 W PEMFC operation
(CHyJO; =2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (g) 460 460 460 460 460

Dp  (um) 800 700 600 600 600

D: (cm) 5.60 5.60 5.60 5.0 5.8

L (cm) 20.76 20.76 20.76 26.04 19.3%
L

D, 259.53 296.60 346.04 434.07 322.56
Dt

D, 70.00 80.00 93.33 83.33 96.67

Mears’ criterion 31x16 | 24x10" | 1.8x10" | 1.7x10" | 1.8 x 10"

Weisz-Prater criterion 0.016 0.012 0.009 0.009 9.0(

Pout (bar) 0.84 0.79 0.71 0.52 0.75

It can be seen in Tables 4.26 and 4.27 that ateff mass and intraparticle heat

transfer can totally be neglected along the readtength of the reactor is longer for
1.89&1.56 operation because of the need of momdysttweight and 2.24&1.17 operation

represents higher outlet pressures in each run.4&Rand Run 5 give the highest outlet

pressure and length/diameter ratio, respectivebwéver, Run 5 in 1.89&1.56 and Run 4

in 2.24&1.17 are off the acceptance due to very dombet pressure and insufficient length-

to-diameter ratio. In consequence, reactor tubl ®itm diameter, 14.58 cm length and

catalyst pellet with 900 um diameter is the modelPROX reactor of 1000 W PEMFC

system.

Preferential oxidation reactor needs higher amaintatalyst for 1000 W than

needed in 500 W operation. Consequently, longertoedengths and diameters, i.e. larger

reactor volume are needed for 1000 W operatioadtfition, when compared with 500 W

operation, pressure drop is greater in 1000 W diperdue to the higher amount.
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Table 4.26. Reactor design results for PROX reantt000 W PEMFC operation
(CH4/O; =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5
W (g) 120 120 120 120 120
Dp (um) 900 800 700 700 700
D: (cm) 3.00 3.00 3.00 3.50 2.80
L (cm) 14.58 14.58 14.58 10.71 16.74
L
D, 162.02 182.28 208.29 153.05 239.14
Dt
D, 33.33 37.5 42.86 50 40
Mears’ criterion 22x16 | 1.8x10" | 1.4x10" | 1.5x10" | 1.3x 10
Weisz-Prater criterion| 6.0x 10| 4.8x 10" | 3.6 x 10" | 3.6 x 10" | 3.6 x 10°
Pout (bar) 0.68 0.61 0.51 0.77 0.32

4.3.3. 1500 W PEMFC Operation

4.3.3.1. IPOX Reactor. Design calculations for IPOX reactor in 1500 W MIEC
operation at feed ratios of 1.89&1.56 and 2.24&Jaflé& presented in Tables 4.28 and 4.29,

respectively.

Compared with 500 and 1000 W operations, Meard’\&keisz-Prater criteria tends
to indicate the significance of transport resisten¢Tables 4.28 and 4.29) in 1500 W
operation. This outcome can be observed in its prastounced form in Table 4.29, where
the limit values of both criteria are exceeded linrans. This situation can be based on
higher reactor dimensions and catalyst particlendigrs which are related to the Mears’

and Weisz-Prater criteria (see Equations 3.51 a5@).3
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Table 4.27. Reactor design results for PROX reantt000 W PEMFC operation
(CH4/O, =2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (g) 72 72 72 72 72

Dp  (um) 900 800 700 700 700

D: (cm) 3.00 3.00 3.00 3.50 2.80

L (cm) 8.71 8.71 8.71 6.4 10.00
L

D, 96.81 108.91 124.45 91.45 142.88
Dt

D, 33.33 37.5 42.86 50 40

Mears’ criterion 8.2x10 | 6.5x10" | 5.0x10" | 5.4x10" | 4.8x 10

Weisz-Prater criterion 0.004 0.003 0.002 0.002 D.0(

Pout (bar) 0.84 0.81 0.75 0.88 0.66

As in the case of 500 and 1000 W operations, MWOBEMFC operation suffers
from the relationship between pressure drop angtleto-diameter ratio. When this ratio
reaches its highest value, outlet pressure talefovtest value (Run 5), since reactor
dimensions are related to the total pressure chgivge in equation (3.66), i.e. velocity of
the gas mixture and cross-sectional area of thetae#ube is affected by the change in
reactor length and diameter. Therefore, intrapgarand interfacial resistances are at their
minimum. On the contrary, if the total pressurepddecreases, other hindrances, i.e.
Mears’ and Weisz-Prater criteria, become critichl Runs 1 and 2). Runs 1 and 5 seem to
be plausible options for IPOX reactor in 1500 Wtegs Consequently, reactor tube with
5.80 cm diameter, 21.75 cm length and catalysepalith 1 mm diameter is the choice,
which in fact gives more feasible values to theemdl and internal criteria and reasonable

length-to-diameter ratio.
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Table 4.28. Reactor design results for IPOXt@an 1500 W PEMFC operation
(CH4/O; =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5

W (9) 669 669 669 669 669

Dp (um) 1000 900 800 800 800

D: (cm) 5.80 5.80 5.80 6.00 5.60

L (cm) 21.75 21.75 21.75 20.32 23.38
L

D_p 217.50 241.66 271.87 254.05 291.64
Dt

D_p 58.00 64.44 72.5 75 70

Mears’ criterion 0.67 0.54 0.43 0.43 0.42

Weisz-Prater criterion 1.77 1.43 1.13 1.13 1.13

Pout (bar) 0.64 0.56 0.46 0.53 0.36

Among all the power types of PEMFC operations,0L%0 operation required the

highest quantity of catalyst. Assuming that theeteavolume is kept constant, a change in
catalyst particle size would affect the operatirtaracteristics: selection of a bigger
catalyst size (with longer particle diameters) vdouésult in lower pressure drop, but

would make the transport resistances more sigmifica

4.3.3.2. WGS Converter.Tabulated WGS converter design calculations i0015V
PEMFC operation at 1.89&1.56 and 2.24&1.17 feetsaare given in Tables 4.30 and
4.31, respectively.

Along the length of the water-gas shift reactot 500 W operation, negligible axial
dispersion, flat velocity profile are amply reachédcan be seen from Tables 4.30 and
4.31 that, under the conditions of negligible axdipersion and flat velocity profile,

intraparticle and interfacial diffusion can totalbe neglected for all the runs. Reactor
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length-to-diameter ratio and outlet pressure ageeflore of main interest for the design of
the WGS converter. Reactor length is related taube diameter; it is increasing with the
decreasing tube diameter. Run 1 in both operatiesghe highest outlet pressure but the
reactor length/diameter ratio in Run 5 is the hggh&his repeating sequence for all
operations leads to the selection of the optimuwiceh Hence, Run 1 in both operation
seems to be the plausible option, since much highelet pressure is represented.
Consequently, reactor tube with 6 cm diameter, 2 length and catalyst pellet of 1

mm diameter is the choice for WGS reactor of 1508yatem.

Table 4.29. Reactor design results for IPOXt@an 1500 W PEMFC operation
(CHy/O, = 2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (9) 488 488 488 488 488

Dp (um) 1000 900 800 800 800

D: (cm) 5.80 5.80 5.80 6.00 5.60

L (cm) 15.87 15.87 15.87 14.83 17.02
L

D_p 158.65 176.28 198.31 185.31 212.78
Dt

D_p 58.00 64.44 72.5 75 70

Mears’ criterion 1.26 1.03 0.81 0.83 0.79

Weisz-Prater criterion 3.62 2.93 2.32 2.32 2.32

Pout (bar) 0.80 0.76 0.70 0.74 0.65

4.3.3.3.  PROX Reactor.Preferential oxidation reactor design calculation 1500 W
PEMFC operation at 1.89&1.56 and 2.24&1.17 feetsaare given in Tables 4.32 and
4.33, respectively.
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Table 4.30. Reactor design results for WGS coevent1500 W PEMFC operation
(CH4/O; =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5

W (g 650 650 650 650 650

Dp  (um) 1000 900 800 800 800

D: (cm) 6.00 6.00 6.00 6.2 5.8

L (cm) 25.56 25.56 25.56 23.93 27.35
L

D, 255.57 283.96 319.46 299.18 341.87
Dt

D, 60.00 66.67 75 77.5 72.5

Mears’ criterion 58x10 | 47x10" | 3.7x10" | 3.8x10" | 3.6 x 10

Weisz-Prater criterion 0.032 0.026 0.021 0.021 0.07

Pout (bar) 0.79 0.74 0.67 0.72 0.62

Major problem in designing preferential oxidati@actor is selecting the optimum
values for outlet pressure and reactor length-émnditer ratio, since other criterions do not
suffer from exceeding the limits for all runs attbdeed ratio. As in 500 and 1000 W
operations, outlet pressure and length-to-diametids change reversely with each other.
Run 5 in both 1.89&1.56 and 2.24&1.17 operatiorfersfhighest length-to-diameter ratio
but the lowest outlet pressure. Runs 1 and 4 gméasly high outlet pressures; but Run 1
offers higher length-to-diameter ratio. Hence, dméigher length-to-diameter ratio and
particle diameter, Run 1 seems as a plausible ts®ied.e. reactor tube with 3.5 cm
diameter, 16.07 cm length and catalyst particlé wiameter of 1 mm is the model for the
PROX reactor in 1500 W PEMFC operation.
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Table 4.31. Reactor design results for WGS caaver 1500 W PEMFC operation
(CHyJO; =2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (g) 700 700 700 700 700

Dp  (um) 1000 900 800 800 800

D: (cm) 6.00 6.00 6.00 6.2 5.8

L (cm) 27.52 27.52 27.52 25.78 29.45
L

D, 275.23 305.81 344.03 322.19 368.1J7
Dt

D, 60.00 66.67 75 77.5 72.5

Mears’ criterion 45x16 | 3.6x10° | 29x 10" | 29x 10" | 2.8x 10"

Weisz-Prater criterion 0.029 0.024 0.019 0.019 9.0]

Pout (bar) 0.80 0.75 0.69 0.73 0.64

In comparison of 500, 1000 and 1500 W operatieactors with bigger volume
were needed for 1500 W PEMFC system, since higirasunt of catalyst was needed for

1500 W operation. Besides, catalyst particle diameetween 0.8 and 1 mm was the

optimal range for use in all feed ratio/power otitpanfigurations. Variation of outlet

pressure reversely with reactor length-to-diamedéio was the main problem for WGS

and PROX reactors, while for IPOX reactors, existeaf external heat and internal mass

transfer resistances significantly was anotherraince. However, since the effectiveness

factors are likely to be smaller in large reactolumes with larger particles, the external

and internal transport criteria were taken intosideration after total pressure drop and

length-to-diameter ratio considerations.
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Table 4.32. Reactor design results for PROX reantt500 W PEMFC operation
(CH4/O; =1.89 & HO/CH, = 1.56)

Run 1 2 3 4 5

W (g) 180 180 180 180 180

Dp (um) 1000 900 800 800 800

D: (cm) 3.50 3.50 3.50 3.80 3.20

L (cm) 16.07 16.07 16.07 13.63 19.22
L

D, 160.70 178.55 200.88 170.41 240.3D
Dt

D, 35 38.89 43.75 475 40

Mears’ criterion 14x16 | 1.1x10" | 88x10° | 9.2x10 | 83x1C0°

Weisz-Prater criterion| 1.5x7%0| 1.2x10° | 9.6x 10" | 9.6 x 10" | 9.6 x 10

Pout (bar) 0.67 0.60 0.52 0.68 0.25
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Table 4.33. Reactor design results for PROX reantt500 W PEMFC operation
(CHyJO; =2.24 & HOICH, = 1.17)

Run 1 2 3 4 5

W (g) 106 106 106 106 106

Dp (um) 1000 900 800 800 800

D: (cm) 3.50 3.50 3.50 3.80 3.20

L (cm) 9.46 9.46 9.46 8.03 11.32
L

D, 94.63 105.14 118.29 100.35 141.5
Dt

D, 35 38.89 43.75 475 40

Mears’ criterion 56x10 | 45x10" | 3.6x10" | 3.8x10" | 3.4x 10

Weisz-Prater criterion| 2.8x7f0| 2.3x10° | 1.8x10° | 1.8x10° | 1.8 x 10°

Pout (bar) 0.84 0.80 0.76 0.84 0.62
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5. PROPOSAL FOR THE INTEGRATION OF FUEL PROCESSING
REACTORS VIA PROCESS INTENSIFICATION TECHNIQUES

The reactor sizes and catalyst amounts calculatptevious sections indicate that
even small power sizes of PEM fuel cells necessitansiderable catalyst volumes, e.g.
0.49L,0.98 L and 1.51 L for 0.5, 1.0 and 1.5 K&MFC operation, respectively. These
volumes do not include the space requirements xifiaty equipment that have to be used
for heat exchange, pumping etc. The practical agfitin of PEMFC power systems,
especially at higher power sizes, calls for mommgact devices which integrate reaction
and heat exchange functions while also taking sp kpace. It is, therefore, relevant to

propose that process intensification techniqueassieed to design integrated fuel processors.

Small and medium scale fuel processing systemerio§f high energy densities
with compact sizes have received great attentiohyarogen production for on-board
vehicular and for small scale stationary applicagiChan and Ding, 2005, @it al,
2007). As a result, process intensification techeg that maximize efficiency and

compactness of the fuel processor systems haveeziol

Zalc and Loffler (2002) investigated the transpamntd kinetic issues of a fuel
processor system design. They considered the syBieoonsist of a methane steam
reformer, a water-gas shift unit and a preferemigatation reactor and simulated the
operation of this system to deliver 50 kW of eliecpower, since fuel processors for
automotive applications are usually rated for pomoly 50 kW of electric output (Zalc and
Loffler, 2002). It is reported that ca. 31 mol/nfindrogen production is needed to drive a
50 kW PEM fuel cell (Zalc and Loffler, 2002). Basea this hydrogen production
demand, they estimated the approximate size of esaitor and found that 10.8, 17 and 5
kg of catalyst are needed for SR (fixed-bed tubuvédormer of which volume based on
chemical reaction rate), WGS and PROX reactorpeas/ely. When downscaled to the
power requirements considered in this study (5@001and 1500 W), it is observed that
catalyst quantities reported above are comparalite tive ones calculated in this study

(Table 4.9). The difference in hydrogen productieactors is due to the difference in the
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fuel conversion process: in this study, autothematirming (ATR) is considered instead
of steam reforming, which is reported by Zalc aridfler (2002). They also concluded that
the minimum total bed volume of the process stresawtors in a 50 kW fuel processor is
22 | (which is calculated with the assumption d kg/l bulk density for each catalyst),

excluding heat exchangers, pumps and injectors.

r |H]rtlmgeu Rich E-ns|

Electiically Heated Refo rmer Heat l
Exchaniers

Catalytic Burnes

Methanaol

+ Watel e Water TR L

Figure 5.1. Methanol processing system intengditicadesign (Holladagt al, 2004a)

Large volume requirement of the fuel processingtaa of a 50 kW device, as
observed in the results stated above, is an impoctzallenge for automotive applications.
At this point, process intensification techniquas play an important role in reducing the
size of the fuel processor system. Several studig®rt the major benefits of the
intensified processes and units such as enhancemierteat and mass transfer
characteristics and increased accuracy in the aoofrreaction rates (Qet al, 2007;
Holladay et al, 2004). This concept is implemented in every stafgthe fuel processor
system such as the hydrogen generation step imgjudutothermal reforming, steam
reforming or partial oxidation (Johnsat al, 2007; Jiet al, 2003; Prabhwet al, 2000;
Holladayet al, 2002; Holladaet al, 2004b; Seet al, 2004; Ryiet al, 2005; InnovaTek,
2007), carbon monoxide abatement process and hsrpgrification (Ruettinger and
Farrauto, 2004; Sirijaruphagt al, 2005a; Sirijaruphart al, 2005b; Tonkovichet al,
1999; Lattner and Harold, 2004; Chetnal, 2004). One example of process intensification
is demonstrated in Figure 5.1 where a methanol gasing system based on steam
reforming for meeting 200 W PEMFC power output sveloped; this is based on
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intensification of each part of processor whichgists of methanol reformer reactors, heat

exchangers, combustors and preferential oxidagantors (Holladagt al, 2004a).

Process intensification can be implemented mdiplthree methods: by engineered

catalysts, by membrane-assisted reactors and bp+tgichnologies (Qet al, 2007).

5.1. Engineered Catalysts

The conventional catalysts that are consideredigerin fuel processing face with
some challenges when their use at the commercaé 96 considered. For example,
conventional Ni-based steam reforming catalystsehi@ndencies to be deactivated by
several mechanisms such as coke formation andwgujiisoning. Besides, Fe/Cr-based
high temperature water-gas shift and Cu-based éwperature water-gas shift catalysts
are pyrophoric in character. Thus, robust and nooghoric catalysts (catalysts that have
autoignition temperatures above the room tempezpaare highly needed (@t al, 2007;
Tabakovaet al, 2000). In addition, carbon monoxide selectivity the preferential
oxidation catalysts have to be improved and thagite consumption of hydrogen have to
be suppressed (@t al, 2007). Hence, development of new and highly éffeccatalysts
such as ceramic/metallic monolith/foam catalysisjé@uphanet al, 2005a; Sirijaruphan
et al, 2005b), wall-coated catalysts (Bragbal, 2004; Fukuharat al, 2005) and micro-
structured catalysts (Horngt al, 2005) became essential for an efficiently opegati

compact fuel processor system and are being imgatetl by numerous research groups.

Noble metal-based catalyst and perovskites (aalditanium oxide, CaTig) are
developed in both pellet form and in monolithicffiogubstrates for driving the reforming
reaction (Qiet al, 2007). In addition, in their patent, RuettingerdaFarrauto (2004)
presented that they used oxides of tin, gallium emchbinations thereof to modify the
precious metal catalyst on an inorganic supporstgpression of methanation activity of
platinum group metal water-gas shift catalysts.ttf@rmore, plate-type copper-based
catalysts are developed for low-temperature wadsrshift reaction. Engineered catalysts
such as metal foam supported platinum catalystsabse@ developed for the selective

carbon monoxide oxidation (Sirijaruphanal, 2005a; Sirijaruphaat al, 2005b).
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Among the other process intensification techniguies/elopment of engineered
catalysts has received increasing attention Qal, 2005). Catalyst supported on the
metallic/cordierite (magnesium iron aluminium cysilwate) monolith is reported to have
a diffusion length for the reactants one to twoeosdof magnitude shorter than that of the
conventional catalyst (Qt al, 2007) (Figure 5.2). This configuration allows abkhthe
entire catalyst surface to participate in the rieactiue to improved mass and heat transfer
characteristics and can therefore catalyze highpéeature reactions at short residence
times. As an example, Tonkovicht al. (1999) developed a Ru/ZgOengineered-
monolithic catalyst for the water-gas shift reactaind decreased contact time from 1 s to
50 ms, while achieving carbon monoxide conversiod selectivity of 99.8 per cent and
100 per cent, respectively. Moreover, Johnebral. (2007) reported high performance,
coke-resistant, methane steam reforming activitgrdhe Rh-based engineered catalyst
supported on the engineered, tape cast, porousjrelushims. Nevertheless, new reactor
configurations based on micro-technologies are edegith the progress of engineered

catalysts.

Conventional Catalyst Engineered Catalyst

200 pm
o ) 200
I-3cm enmvestive flow path

convective flow path
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Figure 5.2. Comparison of conventional and engetteatalysts (Qet al, 2007)

5.2. Membrane-Assisted Reactors

Membrane reactors have been drawing considerdtgetian since they have the
ability to attain separation and reaction simultarsty (Qi et al, 2007). For fuel
processing applications, two types of membranes amesidered: oxygen transport
membranes (OTM) and hydrogen transport membran€s{HQi et al, 2007).
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OTM configuration provides controlled supply ofrewoxygen into the reactor and
has many advantages over conventional reformingtoea Figure 5.3 shows the
conceptual scheme of the OTM process. In principlgygen ions from low-pressure air
permeate the OTM and are consumed during the chémdactions. This configuration
creates a driving force that pulls oxygen ions sefihe membrane at high rates éQal,
2007). Therefore, this scheme helps in avoidingpiteamixing of oxygen and fuel at the
feed zone, eliminating downstream removal of oxyged formation of N@Q emissions
and allows accurate control of the hotspot tempegatJiet al, 2003). It is reported that
OTM configuration offers a potential savings of p3® per cent in the capital cost of
natural gas conversion to hydrogen process by auntpiair separation and natural gas
partial oxidation or autothermal reforming in agleistep ceramic membrane reactor (Qi
et al, 2007).

O -deplet air

Air —= —

o O 9

Fuel/water OQI DQS ﬁ 3 DO E Cll _R:fl.ll‘l.'l’lﬂll."

\

Catalysi
pellets

7
orM
Figure 5.3. Conceptual OTM process @Dal., 2007)

Another type of membrane, hydrogen transport mam#r(HTM), has some
advantages such as enabling hydrogen productibmglatpurity, favoring the equilibrium
in the direction of hydrogen production and compas$ (Lattner and Harold, 2004).
Three types of HTM have been reported: proton prarisseparation systems, atomic
transport/dense metallic separation systems andeaular transport/micro-porous
separation systems (@t al, 2007). Operating scheme of a HTM reactor is sclieally

demonstrated in Figure 5.4.

Oyama and his co-workers developed Nanosil wtach silica hydrogen transport
membrane with silica layer supported on porous sglas alumina and obtained high
hydrogen separation performance and selectivity) (1€r cent with respect to GHCO
and CQ). They also utilized this membrane in a reactanfigoiration (Figure 5.5) for
methane steam reforming successfully (Prabhu arainm@y2000; Prabhet al, 2000; Lee
and Oyama, 2002; Oyana al, 2004). The dark region in Figure 5.5 shows theutar
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zone where the catalyst is packed between the namaband the outer tube. The

membrane section is 4 cm long.

High pressurc £

Figure 5.4. HTM reactor concept (&ial, 2007)

The coupling of OTM and HTM is presented in &ial. (2007) and is held as a
brand new respective for hydrogen production, wigcshown in Figure 5.6. It combines
the advantages of HTM and OTM; hotspot temperatarebe effectively controlled by the
transportation of oxygen through the membrane agiu ¢oncentration of hydrogen can be
produced. However, because the separation is dbyethe partial pressure differential
across the membrane, heavy-duty air compressorsieded. Typically, an operating
pressure of 5 atm is needed for the fuel processarder to produce hydrogen steam
above 2 atm assuming hydrogen composition in tfegmate is 40 mol per cent (@t al,
2007). Due to the high pressure drop in the whekgesn, pressure above 10 atm is
adopted in practice (it al, 2007).

Figure 5.5. Photograph of the HTM reactor asser(ltgbhuet al, 2000)
5.3. Micro-Technologies
Microchannel/microstructured react®fQR) technology has been proposed as a

promising solution to the challenges associatett Wie size issues of the complete fuel

processor/fuel cell assemblies considered for useon-board hydrogen production
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(Holladay et al, 2004a; Ryiet al, 2005; Qiet al, 2007). Micro-processing techniques
offer the size of each separate part of the fuetgssor to be reduced significantly, hence
making their integration easier and more efficidviicrochannel reactors are particularly
useful when improved heat and mass transfer amedefer improved temperature control,
such as in highly exothermic reactions, and fori@ghg increased conversion levels,

product yields and selectivities (Holladatyal, 2004a).

Natural gus =

Steam Hz-depleted syngas

OTM Reactor Hydrogen

HTM Reactor

Figure 5.6. The coupling of OTM with HTM (@t al, 2007)

MCR has many advantages such as enhanced heatsasdransfer characteristics,
high specific-surface area, flow uniformity, safgecation in explosive regimes and easier
scale-up without geometry changes (Veser, 2001b kkold Hessel, 2004). High heat and
mass transfer rates favor overall kinetics and lenagactions to be performed under more
aggressive conditions such as short contact tidessén, 2001). For the reactions that
operate at transport-limited regimes, microstriedureactors offer volumes significantly
smaller than their conventional counterparts atdhme throughput rates. However, the
possibility of heat loss by conduction through tieatively large tubing and piping
connected to the miniature microstructured reachars to be taken into account as a
watch-out (Holladat al, 2004a).

Numerous studies have been reported for the dewelot of microreactors for
hydrogen production. Microchannel fuel processarsta@ining catalytic combustion or
external (electric) heating combined with reformingaction (Polmanet al, 1999;
Holladayet al, 2002; Holladayet al, 2004b; Meret al, 2004; Reuset al, 2004; Aartun
et al, 2004; Secet al, 2004) and also with CO oxidation or hydrogen safian (Ryiet
al., 2005; InnovaTek, 2007) have been reported recentl

An example for an integrated fuel processor isahe developed by Holladay and

co-workers for use in meeting sub-watt power rezugnts (Holladayet al, 2002;
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Holladay et al, 2004b). The complete system incorporates two nag@s/pre-heaters, a
heat exchanger, a catalytic combustor and a cataththanol reformer in a volume less
than 0.25 crhand a weight less than 1 g. It was fabricatedtainkess steel and was
originally designed to operate within high-temperatfuel cells. These devices which are
intended for use in microsensors, are designeddeidge power outputs less than 1 W.
Second-generation designs, which are shown in Ei§uf, focused on high efficiency and
on addition of a methanation reactor for CO clepnin addition to the original first-
generation design (Hollada&y al, 2004b).

Fuel

Processor

o~

Figure 5.7. Second generation high efficiency oygcale fuel processor, original (left)
and with CO removal reactor (right) (Holladatyal, 2004b)

Seo et al. (2004) investigated methanol steam reforming inpm@totype
microreactor in which a vaporizer and a reformer @nnected in series. The dimensions
of the vaporizer and reformer unit excluding fignare about 70 mm x 40 mm x 30 mm.
They used stainless steel metal sheets to condinecstructure of microreactor and
deposited catalyst inside the microchannels of réfermer unit. Rod-type electrical
heaters are inserted in the holes of both sidetheofend plates to provide heat for the
endothermic reforming reaction and for the vapaidraof the liquid fuel. The developed
fuel processor generates hydrogen for driving a PEMf a power output of 10 W (Figure
5.8).
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Figure 5.8. Photograph of the assembled refor®eodt al, 2004)

Methane steam reforming coupled with hydrogen Igtata combustion is
investigated in a microreactor shown in Figure (:9i et al, 2005). The designed MCR
consists of a cover plate, a base plate and 250$etécrochannel sheets, where a set of
microchannel sheet includes a hydrogen combustieatsand a methane reforming sheet.
The reactor is designed to introduce fuel and gqpagately and stainless steel is used for
cover and base plates, while Inconel plate is tsddbricate the microchannel sheets. Pt-
Sn/AlLO3; and Rh-Mg/AYO; catalysts are impregnated in combustion and refayrsides,
respectively. The dimension of the MCR excludirtgrfgs is about 40 mm x 40 mm x 30
mm. Novel flow channels on reformer sheets and ohimles on combustor sheet is
designed to inhibit the hotspot problem, which &kdéace in front of the reactor. This

configuration is reported to deliver a power outpiu6 W.

Reformate Outlet Combustion Outlet

Air Inlst H, Inlet CH, + Steam

Figure 5.9. Photograph of assembled catalytic cmtas/reformer (Ryéet al, 2005).



130

InnovaTek Incorporation developed a fuel processled InnovaGetb, which
includes integrated components in a rack mountachdwork, as shown in Figure 5.10.
This fuel processor includes a reformer, a fuetatgr, heat exchangers, a condenser, an
optional hydrogen separation membrane and the negjinsulation. Physical dimensions
of the rack-mounted system are 36.8 cm x 20.3 &@h.X cm (length x width x height) and
total volume and weight of the system is 24 | aBdL kg, respectively. The InnovaGen®5
fuel processor is capable of reforming biodiesaly kulphur biodiesel and other liquid
fuels and generates enough hydrogen for operatiigksd PEMFC. Furthermore, the
processor can be readily configured for procesgjageous fuels such as propane and
natural gas (InnovaTek, 2007).

Figure 5.10. InnovaGen®5 fuel processor (Innova2ek7)

Researchers at Battelle, Pacific Northwest Lalooied have also been developing
fuel processors providing 15 W to 100 W equivalaiteydrogen from methanol fuel. The
processors consist of fuel vaporizers and prehgagéecombustor, a steam reformer, heat
exchangers and recuperators. Figure 5.11 showdetsigned fuel processors of 25-50 W
and 50-100 W, which have the weight less than 15@d)200 g, respectively. However,
the fuel processor systems require additional carbonoxide clean-up systems in order to
be used in fuel cells, although the carbon monoledels are significantly low (around 5
per cent) (Holladagt al, 2004a).
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Figure 5.11. Integrated fuel processors by Bait@b-50 W (left) and 50-100 W (right)
(Holladayet al, 2004a)

The use of microreactor construction technique$uidd a gradient-temperature
WGS reactor has also been demonstratede{@i, 2007). In the reported WGS reactor
design, the high-temperature water-gas shift, bgahanger and low-temperature water-
gas shift sections, a combination used industrigdlgollapsed into a single unit, which is
highly compact as seen in Figure 5.12. This desggluces the catalyst loading up to 50
per cent compared to the conventional method fevepimg units of 2-3 kW (Qket al,
2007).

Figure 5.12. Micro-scale differential temperatwager-gas shift reactor (@t al, 2007)
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A microchannel reactor is developed by Cleeml. (2004) for running preferential
oxidation of carbon monoxide in a PEM fuel cellteys of 0.25 kW power output (Figure
5.13). They used stainless steel microsheets omhwpotassium promoted Rh metal
catalyst is impregnated. Stainless steel microoblaractor with four sheets is reported to
have the potential ability to reduce the CO comadiuin down to 10 ppm in thesHich

gas at a temperature range of 443-523 K.

Figure 5.13. Microchannel preferential oxidatieactor (Chert al. 2004)
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6. CONCLUSIONS AND RECOMMENDATIONS

6.1. Conclusions

The objective of this study was to develop a nattecal model for simulating and
designing a methane processing system that prodwyciegen for a PEMFC. It is aimed
to design, i.e. size the three reactors of the puetessor system, IPOX, WGS and PROX
reactors, such that they deliver hydrogen throughgues corresponding to 500, 1000 and
1500 W of electrical power. The major conclusiohattcan be drawn from this study

indicate that the objectives were satisfied. Tleselusions can be outlined as follows:

» Design and sizing of the reactors are carried asihgua one-dimensional
pseudohomogeneous reactor model. In this modegtiks of total oxidation of
methane and water-gas shift are expressed by pawetype rate equation (Ma,
1995, Choi and Stenger, 2003), steam-reformingwaattr-gas shift in IPOX by
Langmuir-Hinshelwood-Hougen-Watson-type rate laws @nd Froment, 1989)
and preferential oxidation of carbon monoxide biWars and van Krevelen type
rate equation (Sedmai al, 2003). Comparison of component flow rates obtained
from reactor simulations and obtained from matdsahnce results indicates a fair

level of agreement.

» Catalyst quantity in each reactor increase almnosatly with the power output of
the PEMFC at both feed compositions ((methane/axygeam/methane) = (2.24,
1.17), (1.89, 1.56)).

 For CH/O, = 1.89 and KD/CH, = 1.56 and for IPOX, WGS and PROX reactors,
estimated catalyst quantities are 213, 220 and 80 §00 W, 421, 450 and 120 g
for 2000 W and 669, 650 and 180 g for 1500 W PEMBEration.
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For CH/O; = 2.24 and KDO/CH, = 1.17 and for IPOX, WGS and PROX reactors,
estimated catalyst quantities are 154, 230 and & §00 W, 321, 460 and 72 g.
for 1000 W and 488, 700 and 106 g for 1500 W PEMBEration.

2.24&1.17 feed ratio needs smaller amount of catathan 1.89&1.56 in all
reactors except WGS converter. The small differesfcé/GS catalyst demands is
because of difference in conversions (82 and 80 gest for 2.24&1.17 and
1.89&1.56, respectively). More catalyst demand .80&1.56 in IPOX and PROX
is because of high steam reforming and water-gés cinversion in IPOX and

occurrence of reverse water-gas shift reactiorROR.

Operation at the feed composition of (methane/ormygteam/methane) = (2.24,
1.17) leads to formation of elevated reactor etitpperatures, when compared with
the 1.89&1.56 operation. This is mainly due hayher TOX conversion of

2.24&1.17 in IPOX, higher catalyst need in WGS acedurrence of endothermic

reverse water-gas shift reaction in PROX.

Similar to the catalyst quantities, lengths andrditers estimated for IPOX, WGS
and PROX reactors increase with increasing PEMF®epmutput. 1.89&1.56
operation offered longer reactor lengths, i.e. arglength-to-diameter ratios than
2.24&1.17 operation except the WGS reactor for Wisnilar reactor lengths are
observed at both feed ratios. This is dueht® catalyst needs; 1.89&1.56 needs
higher catalyst amounts to be packed in all reaatacept WGS in which similar

catalyst quantities are needed for both ratios.

Using the criteria to minimize transport resistacength and diameter are
estimated to vary between 14.6 — 21.75 cm and 4-¢/, respectively for the
IPOX reactor, 20.35 — 27.52 and 4 — 6 cm, respelgtifor the WGS reactor and
10.5 — 16.07 and 2.5 — 3.5 cm, respectively forRROX reactor for the power
output range of 500-1500 W. For all three reactoedalyst particle diameter is

estimated to vary between 0.8 — 1 mm.
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Total system volume, excluding the piping, pumpargl heat exchange units, is
estimated to be 0.491, 0.976 and 1.508 | for 5@@0land 1500 W of PEMFC
power outputs.

6.2. Recommendations

The following studies are recommended to imprévedontent of this study and to

further useful results:

Different CH/O, and HO/CH, ratios can be investigated to understand the teffec
of feed composition on the estimated catalyst wsigfihis would give a more

reliable idea about the size of the fuel procesgstem.

Conversion of hydrocarbons other than methane thdgyen can be investigated
using the same method to compare the differenctteisize of the fuel processing
system.

Simulation and design calculations can be donegusidynamic model to analyze
the process regarding to its start-up and to itspoese against changes.
Alternatively, a heterogeneous model can be deeelgnd its outcomes can be
compared with the existing results based on a mderdogeneous model to
evaluate the validity of the criteria used to qufsrihe significance of transport

resistances.

Inclusion of the peripheral units such as heat amgbrs and coolers into the
mathematical model would provide more realisticulssin terms of catalyst

weight requirements.

Validity of the existing results can be tested tiyio setting-up an experimental
system and testing the conditions simulated inghigdy. The outcomes can then be

used to refine the mathematical model.
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APPENDIX A: TEMPERATURE-DEPENDENT HEAT CAPACITIES
OF THE SPECIES

Table A.1. Constants of the heat capacity equdBamot, 1993)

Species a; B; (x 10) y, (x10) J, (x10)
CH, 19.251 5.2126 1.1974 -11.32
H,0O 32.243 0.19238 1.0555 -3.596
CcoO 30.869 -1.285 2.7892 -12.72
CO, 19.795 7.3436 -5.602 17.153
H, 27.143 0.92738 -1.381 7.6451
0O, 28.106 -0.00037 1.7459 -10.65
N, 31.15 -1.357 2.6796 -11.68

c, =a,+BT+yT?+3T° [kJ kmol* K} (A1)
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