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ABSTRACT

PARAMETRIC INVESTIGATION OF CATALYTIC DRY
REFORMING OF GLYCEROL TO SYNTHESIS GAS

Dry reforming of glycerol is a highly promising way for production of synthesis
gas, as it involves catalytic conversion of CO,, a greenhouse gas that hit threatening
levels, with glycerol, which is a renewable hydrocarbon that is excessively available
due to increasing bio-diesel production. The reaction has started to become the focus
of experimental studies only recently, and there is still a huge lack of information in
the literature regarding catalysis of glycerol dry reforming. In this study, it is aimed
to test and compare the activities of Rh and Co based catalysts supported on ZrO,
and CeQOs in dry reforming conditions. It is also intended to observe the effects of two
key operational parameters, namely temperature and COq-to-glycerol (CO2/G) feed
ratio, on reactant conversions and product distributions. 1 wt.% Rh/ZrO,, 1 wt.%
Rh/CeOy, 5 wt.% Co/ZrOs and 5 wt.% Co/CeO, catalysts have been prepared and
tested at temperatures between 600 and 750 °C and at CO,/G ratios between 0 and
4. Characterizations of the prepared and spent catalysts were done by SEM and XRD
analyses. At the studied conditions, activities of the tested catalysts were found to
be decreasing in the order of Rh/ZrOs > Rh/CeOy > Co/ZrOs > Co/CeO,. Rh was
observed to be more active in CO4 conversion and syngas production compared to Co.
On the other hand, ZrO, supported catalysts were more selective towards Hy and CO
compared to CeO, supported catalysts. Blank tests showed glycerol conversion to some
extent, suggesting that homogeneous glycerol decomposition takes place, especially at
elevated temperatures. Positive effect of temperature on reactant conversions and
syngas yields was also confirmed in the activity tests. Increasing the COy/G feed
ratio resulted in inceased CO5 conversions, but Hy yields decreased with simultaneous

increase in CO yields, which is attributed to reverse water gas shift reaction.
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OZET

GLISEROLUN KURU REFORMLAMA REAKSIYONUYLA
SENTEZ GAZINA DONUSUMU UZERINE PARAMETRIK
CALISMA

Gliseroliin kuru reformlama reaksiyonu; artan biodizel iiretimi nedeniyle fazlaca
bulunan gliserolii, atmosferde tehdit edici seviyelere ulagmig bir sera gazi olan CO,
ile doniigtiirmesi nedeniyle sentez gaz tiretimi i¢in avantajli bir yoldur. Reaksiyon,
deneysel caligmalarin odagi olmaya yakin zamanda baglamistir ve literatiirde bu reak-
siyonun katalizine dair hala biiylik bir bilgi eksikligi bulunmaktadir. Bu ¢aligmada,
7105 ve CeOy destekli Rh ve Co bazh katalizorlerin aktivitelerinin gliserol kuru re-
formlama kosullarinda test edilmesi ve kargilagtirilmasi amaclanmigtir. Bunun yani
sira, iki 6nemli parametrenin de (reaksiyon sicakligi ve COs-gliserol-oran1 (CO2/G))
tepken doniigiimii ve {irtin dagihmina etkisi incelenmigtir. 1% Rh/ZrO,, 1% Rh/CeO,,
5% Co/ZrOy and 5% Co/CeOq katalizorler hazirlanmig ve 600-750°C sicaklikta ve
0-4 CO,/G oranlarinda denenmistir. Hazirlanmig ve harcanmig katalizorlerin karak-
terizasyonlart SEM ve XRD analiz yontemleriyle yapilmigtir. Caligilan kogullarda
katalizorlerin aktivitelerinin Rh/ZrOy > Rh/CeOy > Co/ZrOy > Co/CeO, sirasinda
azaldig1 gbzlemlenmistir. Rodyumun kobalta gore CO5 dontisiimii ve sentez gazi iiretimi
acisindan daha aktif oldugu goriilmiistiir. Ote yandan, ZrOs ile desteklenen katalizorlerin
CeOQs ile desteklenenlere gore Hy ve CO’ya karst daha segici oldugu sonucuna varilmistir.
Bog deneylerin belli miktarda gliserol doniigiimii géstermesi, gliserol parcalanmasinin
ozellikle ytiksek sicakliklarda homojen olarak gerceklegtigine isaret etmektedir. Sicakligin
tepken doniigiimlerine ve sentez gazi tiretimine olan pozitif etkisi aktivite deneylerinde
de gozlemlenmigtir. COy/G besleme oranindaki artiy CO, dontigiimiinde artig saglamigtir.
Bu durum, Hy tiretimindeki azalma ve CO firetimindeki artigin gortilmesiyle birlikte

ters su-gaz degigimi reaksiyonuna baglanmigtir.
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1. INTRODUCTION

With the increasing population and growing industries, the energy demand of the
world is increasing continuously. Currently, a majority of the world energy demand
is met by fossil fuels such as crude oil, coal and natural gas; with a consumption
that accounts for 80% of total energy consumption [1]. However, there are two major
drawbacks associated with fossil fuels. Due to their limited reserves, fossil fuels are
not sustainable, and consumption of fossil fuels leads to a considerable increase in the
emission of CO,, which is a greenhouse gas. Current CO, level in the atmosphere
is reported to be 30% higher than it was in the pre-industrial era [2]. Due to these
drawbacks, it has become urgent to find alternative, sustainable fuels/energy sources

that can replace the conventional, fossil-based ones.

Among a number of sustainable fuels, biodiesel is a promising alternative energy
source because it is a fuel derived from renewable feedstocks such as animal or plant
based fats [3]. Production of biodiesel has increased over the years as it became a
major substitute for fossil diesel due to environmental concerns. Since 2005, biodiesel
market grew by 23% per year, which corresponds to a seven-fold expansion of the
market in the last decade [4]. The main by-product of biodiesel production is glycerol,
a colorless, odorless trihydric alcohol. About 100 kg of glycerol/ton of biodiesel can be
produced during the synthesis of biodiesel [5]. Along with the steady growth in biodiesel
production, it is projected that 3 megatons of crude glycerol will be generated by 2020,
whereas yearly use of glycerol in commercial applications is expected to be around 500
kilotons [6]. Even though glycerol of high purity is an important feedstock for many
applications in food, cosmetic, pharmaceuticals and other industries, purification of
crude glycerol is expensive. This situation yields a great surplus of crude glycerol, which
is why researchers have focused on valorization of crude glycerol in novel processes such

as reforming for Hy and syngas production [7].

H, is a promising energy carrier due to its high energy density and zero carbon

emission resulting from its combustion [8]. Furthermore, use of synthesis gas (syn-



gas), a gas mixture that consists of Hy and CO, in Fischer-Tropsch (FT) synthesis to
produce a variety of hydrocarbons generates an important demand for Hy [9]. Am-
monia, methanol, synthetic fuels and chemicals, fertilizers, synthetic plastic etc. are
important materials produced by the utilization of syngas [10]. Steam reforming, dry
reforming, auto-thermal reforming and aqueous phase reforming are the main methods
for generation of syngas from glycerol. Though steam reforming is the most commonly
researched method, dry reforming has recently become the focus of attention, as it has
the advantage of removing CO, from the biosphere cycle by converting it into syngas

or high value added carbon [9].

Glycerol dry reforming (GDR) is an endothermic reaction where one mole of
glycerol reacts with one mole of CO; to produce Hy, CO and H5O as given in Equation

1.1:

C3HgO3 + COy = 4CO + 3Hy + H,O  AH® =292 kJ mol ™ (1.1)

The endothermic nature of the reaction requires operation at high temperatures in order
to achieve high conversion of reactants, especially of CO, [9]. However, glycerol is a
thermally unstable compound that decomposes at elevated temperatures, which renders
the reaction mechanism complex due to presence of many side reactions. Accompanying
side reactions include glycerol decomposition, water-gas shift, methanation, carbon
deposition and carbon gasification reactions. At high temperatures, carbon gasification
and methane reforming reactions take place, leading to an increase in the yield of H, and
a decrease in carbon deposition [11]. A syngas ratio (Hy/CO) of 0.75 can theoretically
be produced by GDR, which is suitable for use in FT synthesis for production of long

chain hydrocarbons, carbonyls and carboxylic acids [12].

Though steam reforming of glycerol has been studied extensively [3,6,13,14], the
available information in the literature regarding catalysis of glycerol dry reforming is
rather scarce. Ni, Co, Rh, Ru, and Pt are the prevailing active metals used in dry
reforming reactions, whereas oxides such as AlyO3, CeO,, ZrO, and SiO, are among

commonly used supports. Glycerol reforming catalysts suffer from two deactivation



mechanisms, namely coke formation and sintering. Coke formation is a major obstacle
in glycerol reforming processes, as glycerol can easily decompose into coke precursors.
Synthesis of active catalysts that are also resistant to carbon formation as well as
sintering is thus of great importance for glycerol dry reforming. In this study, it is
aimed to contribute to the present knowledge on GDR catalysis by synthesizing and
testing the activities of Rh and Co based catalysts supported on two reducible oxides
(ZrOy and CeQO,) in glycerol dry reforming conditions. Effect of several operational
parameters, namely operating temperature and molar composition of the feed, which

may provide some insight into the reaction mechanism, is also aimed to be observed.

The present work consists of 5 chapters. In Chapter 2, previous studies on cataly-
sis and thermodynamics of dry reforming of several feedstocks have been summarized,
with an emphasis on glycerol reforming. In Chapter 3, details on the experimental
setup, catalyst preparation and operating parameters of the experiments have been
provided. In Chapter 4, results of the experimental study has been given along with
an interpretation of the outcomes. Finally, Chapter 5 consists of the conclusions that
have been drawn from the study and recommendations for further improvements of the

present work.



2. LITERATURE SURVEY

Synthesis gas (or syngas), which is a mixture of Hy, CO and COy, is an important
intermediate in the chemical industry, used in the production of a number of key
chemicals. Apart from its use as a source of hydrogen, it is also used for the production
of ammonia, methanol and higher alcohols, and synthetic fuels via Fischer-Tropsch
synthesis [15]. A big portion of industrialized syngas production is based on methane or
natural gas as feedstock but other hydrocarbons such as liquid hydrocarbons, methanol,

ethanol and glycerol are also considered as alternative feedstocks [16].

The four main routes for syngas production are steam reforming, dry reforming,
partial oxidation and autothermal reforming. Among these, steam reforming is the
established process for converting hydrocarbons to syngas and has been used indus-
trially for several decades [17]. Steam reforming of hydrocarbons, especially methane,
has been researched extensively and is optimized in terms of catalysis and reactor con-
figurations. Depending on the desired syngas ratio, steam reforming reaction can be

coupled with partial oxidation and/or dry reforming [16].

With increasing environmental concerns regarding the emission of greenhouse
gases, dry reforming reaction started to receive much attention as a way of utilizing
CO,. Extensive research has been done on dry reforming of methane and propane
since 1993, whereas reforming of biomass and bio-derived oxygenates (such as ethanol,
dimethyl ether and glycerol) has become the focus of attention in more recent years [18].
This section will be focused on the recent developments regarding dry reforming of
hydrocarbons, with an emphasis on dry reforming of glycerol, which is the subject of

this study.

2.1. Methane Dry Reforming

As mentioned before, methane is the prominent feedstock of dry reforming reac-

tion for the production of hydrogen and syngas. According to Gao et al., more than



1800 relevant papers have been published until 2010 [18]. A brief summary of the
available literature will be provided here in order to give an insight about the reaction

mechanism and catalysis regarding dry reforming of methane.

2.1.1. Thermodynamics

Dry reforming of methane is the catalytic reaction of COy with methane to pro-

duce Hy and CO, as given in Equation 2.1.

CH; +COy = 2CO +2H,  AH® =247 kJ mol ™! (2.1)

This reversible reaction is highly endothermic, therefore, high operating temperatures
are needed in order to achieve high conversions of methane [19]. As can be seen in
Equation 2.1, the reaction inherently produces syngas with Hy/CO ratio of 1, but
the presence of reverse water-gas shift (RWGS, Equation 2.2), the accompanying side

reaction, reduces the ratio to values less than 1:

COy +Hy = CO+H,O  AH’ =41 kJ mol™* (2.2)

Other side reactions accompanying MDR are methane decomposition (Equation 2.3)
and the Boudouard reaction (Equation 2.4), which are both responsible for deactivation

of the catalyst due to carbon formation [19]:

CHy = 2Hy + C(s)  AH® = 75kJ mol™! (2.3)
2C0 = COy +C(s)  AH° = —171 kJ mol ™! (2.4)

It is inferred from the standard free energies of Reactions 2.3 and 2.4 that carbon for-
mation can occur due to methane decomposition at temperatures above 557 °C and due
to Boudouard reaction at temperatures below 700°C [19]. Thermodynamic analysis
done by Nikoo et al. shows that at CO,/CH, ratio of 1, carbon deposition is negligible

at temperatures above 900 °C. A decrease in carbon deposition is also observed with



increased COj ratio in the feed [20]. Increased CO, feed drives the Boudouard reaction
backwards, especially when combined with high temperatures, which enables gasifica-
tion of deposited carbon. Increasing the COs ratio in the feed results in an increase
in methane conversion as well, but a decrease in the yield of Hs is observed, due to
reverse water gas shift reaction. Presence of RWGS is confirmed with the simultaneous
increase in CO and H,O yields [18-20]. It is also reported that increase in pressure
leads to a decrease in both methane and CO, conversions, and a subsequent decrease
in syngas yield. This is expected considering that dry reforming reactions are volume

expansion processes [18].

2.1.2. Catalysis

A glance over the literature about catalysis for methane dry reforming shows
that Ni, Co, Rh, Ru, Pd and Pt are the most frequently used active metals. On the
other hand, Al;O3, CeO,, ZrO,, MgO, SiO, are the supports that are studied the
most [18,21,22]. Among the active metals, noble metals (Rh, Ru, Pd and Pt) have
been proven to be active in MDR and more resistant to sintering and coke formation
compared to non-noble metals [22]. This statement is confirmed by the work of Hou
et al. [23], in which a variety of noble and non-noble metals (Ru, Rh, Pt, Pd, Ir, Ni
and Co) supported on a-Aly,Oj are tested for dry reforming of methane. Their findings
show that noble metals (5 wt.% loading) showed lower catalytic activity compared
to non-noble metals (10 wt.% loading), but they exhibited excellent coke resistance
abilities, as no coke deposition were observed on the used catalysts. However, while
the stability of Rh and Ir was higher than Ni and Co on 240 min time-on-stream, Ru,
Pd and Pt exhibited significant deactivation, which the authors attributed to sintering
of these metals [23]. Tsyganok et al. prepared various noble metal catalysts supported
on Mg-Al mixed oxide and tested their activity for DRM. They concluded that Ru,
Rh and Ir based catalysts had the highest activity, Ru being the most active with 95%
CH4 and 97% COy conversion. 2 wt% Ru/MgAl,O,4 exhibited high stability and very
little coke formation after 50 h time on stream. The high activity and stability of the

catalyst was attributed to high dispersion of Ru on support, which created fine metal



particles less than 1.5 nm in size, as revealed by TEM images [24].

Despite their high activities and coke resistance abilities, implication of noble
metal based catalysts in the industry is not feasible due to their high cost. Nickel is a
good alternative to noble metals due to its high activity, availability and low cost and
is reported frequently for dry reforming of methane [18]. However, easy deactivation
of Ni based catalysts due to carbon deposition and sintering renders it unsuitable for
industrial application without any measures to increase its stability. Inevitable coke
formation on nickel based catalysts supported on AlyO3, TiO5 and SiOs is observed in
the work of Ruckenstein and Hu [25]. Coke formation was observed on all supported
catalysts with different loadings (1 wt.% and 13.6 wt.% loading) and the sequence
of carbon deposition was Ni/Al,O3 > Ni/SiOy > Ni/TiO,. Moreover, the authors
reported highest CO yields with the presence of Ni/AlyO3, with slightly less yields
on Ni/SiOy. Activity of Ni/TiOy was significantly lower, which was attributed to
migration of TiO, molecules over Ni particles during reduction. It was suggested that

this was a consequence of strong metal-support interaction [25].

Cobalt is another non-noble metal frequently tested for DRM, due to its availabil-
ity and low cost. Ruckenstein and Wang [26] tested Co based catalysts supported on
alkaline earth metal oxides (MgO, CaO, SrO and BaO) as well as on 7-Al,O3 and SiO,
for dry reforming of methane. Among the tested supports, MgO showed the highest
activity with a CO yield of 93% and a H, yield of 90%, without any deactivation after
50 h of time on stream. Other samples either deactivated or showed low activity. For
example, v-AlyO3 provided a high initial CO yield, but a rapid decay was observed af-
terwards. Amount of carbon deposited on MgO supported sample was much lower than
Si0,, Al,O3 and CaO samples. Solid solution of MgO and CoO was detected on this
sample, which may have enhanced the interaction between Mg and Co and eventually

avoided metal sintering and coke formation by generating small Co clusters [26].

Activity and stability of Ni based catalysts can be improved in various ways such
as selecting the right support or preparation method. Another possible way is addi-

tion of promoters. The work by Hou and Yashima [27] can be given as an example,



where small amounts of Rh-promoted Ni/a-Al,O3 catalysts were prepared to be tested
for DRM and their activities were compared to monometallic Ni/a-Al,O3 and Rh/a-
Al,O3 catalysts. Their results show that promoted catalysts possessed higher activity
than both monometallic catalysts and the activity reached a maximum when rhodium
constituted 5 wt.% of the loaded metal. Characterization of catalysts showed that dis-
persion of nickel improved and coke deposition was decreased with increasing amount
of rhodium as promoter. An interesting result is that CO5-TPD analysis showed the
presence of dissociatively adsorbed COy (in the form of CO 4+ O) on Rh/a-Al,O3 and
Rhg1Ni/Al,O3 samples. The authors suggested that Rh may be active in activating and
dissociating CO,, which helps gasification of deposited carbon [27]. Menegazzo et al.
prepared Al,O3 and ZrOs supported Pd-(or Pt-)Ni catalysts and tested their activity
for DRM. They concluded that the addition of Pt or Pd to Ni/ZrOs by co-impregnation
method results in reduced coke deposition compared to monometallic Ni/ZrO, sample.
Catalysts supported with ZrO, were more active than the ones supported with Al,Os3,
with Ni-Pd/ZrO, sample being the most active for DRM [28]. Another study show-
ing the effect of promoters is published by Luna et al., who studied COs reforming of
methane over Ni/Al,Oj catalysts modified with K, Sn, Mn, and Ca, prepared by sol-gel
method. This time, highest activity was observed on unmodified Ni/Al,O3 catalysts
and the activity was unchanged during 30 h of operation, but TPO analysis showed
some amount of deposited carbon (60 mg/gcat) after 5 h time on stream at 750 °C.
High activity and stability of the catalyst was attributed to the low Ni metal cluster
size (5-7 nm) made possible by the preparation method. Modification of the catalyst
with K resulted in a slight decrease in catalytic activity, but the amount of deposited
carbon was significantly decreased (<10 mg/gcat). High carbon resistance of the K-
promoted catalyst was believed to stem from increased reducibility and metal-support
interaction caused by the promoter. Other promoters (Sn, Mg and Ca) caused signif-
icant decrease in activity and stability [29]. Wang et al. observed the effect of CeO,
addition to Rh/Al,O3 for dry reforming of methane and showed that CeOs promoted
catalyst gives higher CH4 and CO, conversions, with lower coke deposition. CH, pulse
experiments showed that CH, decomposition takes place on rhodium, since no CO and

H, production was observed over CeO,. However, CO production was observed over



CeOs in CO5 pulse experiments, which showed that the oxygen vacancies of reduced
CeO4 enhanced CO, dissociation. Strong interaction between Rh-CeOy was observed,
which favored the reduction of ceria near Rh. The authors concluded that CeO4y can
further improve the activity and coke resistance of Rh/Al,O3 catalyst due to the pres-
ence of Ce*/Ce3* and Rh?/Rh’* redox couples [30].

Selection of support is another significant parameter in the design of dry reform-
ing catalysts. It is shown by a number of studies that in MDR, support is responsible
for CO, activation, whereas CHy is activated on active metal sites [22]. Activation of
CO, is important not only since CO, is a reactant, but also because dissociative ad-
sorption of CO5 to CO and O helps oxidation of the deposited surface carbon, through
reverse Boudouard reaction (Equation 2.4). Van Keulen et al. observed that num-
ber of CO, molecules adsorbed on Pt/ZrO, was much greater than the number of Pt
atoms on the catalyst. This result showed that COs is adsorbed on ZrO, at a signif-
icant level, assuming that one Pt atom adsorbs one COy atom. It is also concluded
by the authors that an oxygen pool is present on the material and CO, acts as an
oxygen supplier [31]. Moreover, as reported by Therdthianwong et al., promotion of
Ni/Al,O3 with ZrO; resulted in an increase in conversion of CO,, suggesting enhanced
COg dissociation. A simultaneous decrease in coke deposition was also observed over
ZrOy-promoted Ni/AlyO3 compared to unpromoted Ni/Al,O3 (50% decrease) [32]. A
similar effect of ZrOs on coke gasification was reported by Bradford and Vannice [33].
They compared the activities of ZrO,, TiO,, CrO3 and SiOy supported Pt catalysts
for dry reforming of methane. CrO3 and SiO, supported catalysts were found to deac-
tivate significantly after 5 to 15 h of reaction, whereas no significant deactivation was
observed over ZrOs and TiO, supported catalysts even after 80 h of time on stream.
Both supports suppressed carbon deposition, which was proven by temperature pro-
grammed hydrogenation results. The ability of Pt/TiOs catalysts to prevent carbon
deposition was ascribed to the coverage of large Pt ensembles, where CO dispropor-
tionation takes place to produce C, with TiO, species. The reasons behind the coke
resistance ability of Pt/ZrO, catalyst was less clear, but it was suggested that due to
strong Zr-Pt interaction, highly dispersed Pt particles blocked the Lewis acid sites on

the support, which are active for carbon deposition. The ratio of deposited carbon
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atoms to exposed Pt atoms ranged from 9 to 41 on the catalysts tested, which showed

that carbon formation takes place significantly on the supports [33].

In order to have an understanding on the effect of support on catalytic activity
of rhodium, Yokota et al. compared the activities of 0.5 wt.% Rh supported on various
metal oxides prepared by impregnation method for dry reforming of methane. The
turnover frequency of rhodium was in the order of: TiOy > LayO3 ~ CeOqy > ZrOy ~
MgO =~ SiOy &~ MCM-41 > 7-Al,03. Dispersion of Rh on the supports were measured
by CO adsorption and highest dispersion was observed on Al,O3 (102%), which had a
high surface area (139 m?/g), whereas lowest dispersion was observed on TiO, (6.8%)
which had relatively lower surface area (38.9 m?/g). XANES spectra results showed
that Rh supported on TiO4 had a spectrum similar to that of Rh coil, which showed that
Rh remained at metallic phase during the reaction. However, Rh supported on Al;O3
had a spectrum similar to that of RhyO3, which indicated the presence of cationic
Rh, which explained the lower TOF observed on Al,O3 supported rhodium. It was
concluded that the electronic interaction between Rh and support surface plays an
important role on the activity of Rh in methane dry reforming reaction [34]. A similar
study reported by Wang and Ruckenstein [35] provides a comparison of Rh supported
on reducible (CeOq, N3O5, TasO5 and ZrO,) and irreducible oxides (7-AlyO3, LasOs,
MgO, SiOy and Y503) for the carbon dioxide reforming of methane. They concluded
that irreducible oxides are more suitable supports for MDR, with MgO and Al,O3
showing the highest activity and stability, giving a CO yield of 83-85% and a H, yield
of 76-79% at 800 °C and 60,000 ml/h/g space velocity. CO adsorption analysis showed
that exposed Rh metal surface area was much higher over the irreducible supports
compared to the reducible ones. A possible explanation for this given by the authors
is that the Rh particles were covered by partially reduced oxide species. In terms of
stability, -AlyO3, MgO and LayO3 provided stable activities over an extended period
of reaction (100 h), whereas other irreducible supports showed various degrees of de-
activation. Strong interactions between rhodium and magnesium or lanthanum oxides
are confirmed with the formation of LaRhO3 and MgRh,O,4 species, which explained
the high stability of Rh supported on MgO and Lay;O3. No information was given on

coke deposition over the catalysts. All in all, it was concluded that activity of Rh for
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MDR depended strictly on the type of support and structure [35].

2.2. Ethanol Dry Reforming

In the past decade, ethanol has become an attractive feedstock for hydrogen pro-
duction due to its renewable nature [36]. Basically, almost any plant-based material
can be a feedstock for bio-ethanol production. Currently, almost all of the produced
ethanol is derived from starch and sugar based feedstocks, namely corn, sugar cane and
potatoes. Rest of the ethanol is produced from energy crops and cellulosic feedstocks,
which include residues from agriculture or forestry and parts of municipal waste [18,37].
Apart from its renewable nature, ethanol has several other advantages that render it
a good candidate for Hy source. First, ethanol is becoming increasingly available and
it is easy to transport, biodegradable and non-toxic. Moreover, it is free of sulphur,
which is a catalyst poison [38]. Steam reforming of ethanol has been researched exten-
sively, whereas experimental work regarding dry reforming of ethanol is rather scarce.
However, the resemblance of ethanol to glycerol (both are oxygenated hydrocarbons)
makes any information on catalysis for dry reforming of ethanol (DRE) valuable. The

published work on dry reforming of ethanol will be summarized in this section.

2.2.1. Thermodynamics

DRE is the reaction of ethanol with carbon dioxide to produce hydrogen and

carbon monoxide as shown in Equation 2.5:

CoH50H + COy = 3CO +3H,  AH? =297 kJ mol (2.5)

Compared to methane dry reforming, DRE is slightly more endothermic, which means
that more energy input is needed. However, ethanol dry reforming is thermodynam-
ically favorable at lower temperatures, typically below 500 °C, whereas methane dry

reforming does not take place at temperatures below 650 °C [18].
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Thermodynamic analyses of DRE have been carried out in a number of studies to
determine the optimum reaction conditions. Wang and co-workers performed a ther-
modynamic analysis for reforming of ethanol with CO, using the Gibbs free energy
minimization method. They provided a list of the possible reactions that take place in
dry reforming conditions. The side reactions include ethanol dehydrogenation to ac-
etaldehyde or ethanol dehydration to ethylene or ether, acetaldehyde decomposition to
methane and carbon monoxide or acetaldehyde dry reforming, ethanol decomposition
to carbon monoxide, methane and hydrogen, methanation reactions, WGS and RWGS
and finally, carbon formation through Boudouard and methane decomposition reac-
tions [39]. The proposed mechanism by Frusteri et al. [40] for ethanol steam reforming
included ethanol dehydrogenation to acetaldehyde and subsequent decomposition of
acetaldehyde into methane and carbon monoxide, which confirms the ethanol decom-
position pathway proposed by Wang et al. [39]. It was concluded by Wang et al. that
the optimum conditions for maximizing the Hy yield were reaction temperatures be-
tween 927 — 1027 °C, pressure at 1 atm and COs/EtOH ratios between 1.2 and 1.3.
It was found that at these optimum conditions, ethanol was completely converted and
H, yields of 94.75 - 94.86% were achieved. In addition, no carbon was formed at these
operating conditions. Increase in pressure was found to have a negative effect on H,
formation whereas the ratio of the inert Ny in the feed had a positive effect. No car-
bon formation was observed at temperatures higher than 900°C, and no CyHy and

CH3CHO were formed in the studied temperature range [39].

Tsiakaras and Demin performed a thermodynamic analysis of a solid oxide fuel
cell system with ethanol as fuel. The fuel cell was assumed to be fed with the thermo-
dynamic equilibrium products of ethanol steam reforming, dry reforming and partial
oxidation reactions. For all three reactions, the analysis was done in the region which
carbon formation was thermodynamically impossible (527 — 927°C). It was found
that highest efficiency was achieved with the products of dry reforming of ethanol at
temperatures between 627 °C and 827 °C, whereas at other temperatures steam reform-

ing products gave rise to the highest efficiency. Maximum system efficiency with the

products of DRE was found to be 83.6-89.9% [41].
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Ortiz et al. [42] performed a thermodynamic analysis of dry reforming of ethanol
with CaCOg3. What distinguishes this work from the former publications is the use of
CaCQOgj as a source of carbon dioxide. The authors concluded that highest Hy yield was
achievable at 750 °C and carbon fee syngas could be produced at temperatures above

750°C and CaCO3/EtOH ratios above 2.2 [42].

Kale and Kulkarni conducted a research on the thermoneutral points of DRE
and studied the variation of product yields at thermoneutral temperatures. DRE has a
complex reaction mechanism with many side reactions. Even though the overall reac-
tion is highly endothermic, the system can be thermoneutral at various temperatures
(net AH=0) due to the presence of side reactions. The authors found that thermoneu-
tral temperatures ranged from 495.5 °C to 547.8 °C with COy/EtOH ratios from 1
to 5. They have concluded that complete conversion of ethanol was achieved at the
thermoneutral points, and the thermoneutral temperature of 547.8 °C was the best op-
erating temperature for value added product generation [43]. In a similar study by the
same authors, thermoneutral point analysis of autothermal dry reforming of ethanol
was conducted, with substoichiometric amount of Oy introduced to the system. It was
found that maximum moles of syngas with a ratio of 2.01 is obtained at a pressure of 1
atm, CO9/EtOH ratio of 1, Os/EtOH ratio of 0.5 for the thermoneutral temperature of
603.5 °C, which was selected to be the optimum point for valuable product generation.
Along with 2.58 moles of syngas, 0.82 moles of carbon, 0.20 moles of methane and 0.89

moles of water was produced at this point [44].

2.2.2. Catalysis

Apart from the thermodynamic analyses, a number of experimental studies were
conducted in order to assess the performances of various catalysts in DRE. Being an
active and highly available reforming metal, nickel is tested for DRE by various groups.
Hu and Lu [45] tested the performance of a conventional Ni/Al,O3 catalyst with a rel-
atively high Ni loading (30 wt.%). Effect of temperature was investigated by changing
the temperature between 500-800 °C while the CO5/EtOH ratio was varied between 1
and 5. It was found that at 500°C and CO5/EtOH at 3, conversion of COy was 5.2%
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and significant formation of CH, and acetaldehyde was observed, which showed that
decomposition of ethanol was dominant at lower temperatures. On the other hand,
at 750°C, full stoichiometric conversion of CO, was achieved. Coke formation was
observed at all temperatures, but is found to decrease with increasing temperature
and COy/EtOH ratio. Moreover, significant decrease in the BET surface area of the
catalyst was observed in used samples, which was attributed to the blockage of some
pores of the support due to coke deposition. The authors concluded that the reaction
could selectively produce syngas at temperatures above 700 °C with a COy/EtOH ratio
of 1 [45].

Zawadzki et al. also studied nickel as an active metal and tested the performance
of 5 wt.% nickel supported on Al,O3, CeO,, MgO and ZrO,, prepared by wet im-
pregnation with methanolic solution. It was found that NiAl and NiCe catalysts were
the easiest ones to reduce and highest hydrogen selectivity and CO,y conversion were
achieved over NiCe. Thus, the authors concluded that ceria support showed the best
performance in DRE. XRD analysis of NiCe showed no peaks ascribed to Ni, whereas
Ni peaks were observed for other catalysts. This showed that Ni was finely dispersed
on NiCe. Carbon formation was observed on all samples, but lowest carbon deposition
was observed on NiMg. It was also found that coke deposition decreased when the
temperature was increased from 700 °C to 750 °C, and most of the carbon formed was

of filamentous form [46].

Like MDR catalysis, there are some studies to improve the activity and stability
of nickel based catalysts for DRE with the use of promoters. Ni/Al,O3 catalyst was
promoted with lanthanum by Bahari et al. [47] and the effect of promoter loading on
the activity of catalysts for DRE was observed. 0-5 wt.% La was added on 10 wt.%
Ni/Al,O3 with impregnation method. BET surface area of the samples decreased with
increased promoter addition (108 m?/g for unpromoted sample — 82 m?/g for 3 wt.% La
doped Ni/Al;O3). However, comparison of SEM images of promoted and unpromoted
samples showed that La improved the dispersion of Ni on the support. Increased
activity of promoted catalysts were verified by increased ethanol and CO, conversions.

The improved catalytic activity was explained by excellent mobile oxygen storage and



15

redox properties of LasO3. Effect of CO4 partial pressure was also observed in catalytic
tests and it was found that conversion of both ethanol and CO4 increased with increased
CO, partial pressure. Moreover, a decrease in methane yield was observed as CO,
partial pressure was increased, which the authors attributed to improved methane dry

reforming [47].

Bellido et al. tested the performance of Ni/Y903-ZrO, catalyst for DRE, which
was prepared in one step by the polymerization method and compared with a nickel
catalyst prepared by wet impregnation. Additionally, effect of active metal loading
was observed by testing 5 wt.% and 10 wt.% Ni/Y203-ZrO, (NiYZ) catalysts. It was
found that polymerization led to more finely dispersed Ni particles compared to wet
impregnation that resulted in higher catalyst activity. Maximum CO, conversion (61%)
was achieved with 5 wt.% NiYZ catalyst at 800°C and 1 atm, which was found to be

the one with the lowest carbon deposition as well [48].

Proven to have good coke resistance abilities for dry reforming of methane, noble
metals are promising active metals for DRE as well. Rhodium and iridium are the
two noble metals tested for DRE up to this day. Da Silva et al. investigated the
performance of ceria supported rhodium catalysts with high (275 m?/g) and low (14
m?/g) surface areas, prepared with two different methods, for steam (SRE) and dry
reforming of ethanol. DRE was carried out in a fixed bed reactor at 1 atm, 500 °C and
CO4/EtOH = 1. At this temperature, ethanol conversion decreased from 97-98% to
60-50% in 6 h for both catalysts, indicating significant deactivation. This is expected
considering the low reaction temperature. In addition, CO, conversion remained at
12%, showing that ethanol decomposition dominated at this temperature, which is in
agreement with the findings of Hu and Lu [45]. At 800 °C, conversion of CO, increased
to 88%, catalysts showed very good stability and the produced syngas had a ratio of
0.6. Another finding is that the catalyst with higher surface area showed better sta-
bility and catalyst deactivation in DRE came out to be more significant compared to

SRE [49].
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Hou et al. [50] tested the activity of CeOs supported iridium for dry reforming of
ethanol. The catalytic reactions were carried out in a fixed bed reactor at 1 atm and
at reaction temperatures between 450 and 700°C. Similar to other studies described
above, the authors found that ethanol conversion and selectivity of syngas (with Hy/CO
~ 1) increased with an increase in temperature, and complete conversion of ethanol
was achieved at 700°C. However, it was reported that at reaction temperatures be-
low 600°C, acetaldehyde, ethylene and methane formation was observed. Over a 70
h testing period, no deactivation of catalyst was observed, indicating that Ir/CeO,
catalysts shows superior stability with DRE reaction. The authors explained that the
stability of the catalyst was due to strong metal-support interaction and although a
slight sintering was observed on ceria, this had no effect on the redox capability and

Ir-ceria interaction [50].

Drif et al. [51] studied the performances of rhodium catalysts supported on alu-
mina doped with various metal oxides (Zr, Mg, Ni, Ce and La), prepared by sol-gel
method. After tests at 800°C and 1 atm with a CO5/EtOH ratio of 1, highest Hy
yields were obtained in the order of NiO-Al,O3 > Al,O3 ~ MgO-Al;O3 ~ CeO5-Al;05
> 7Zr09-Aly O3 ~ Lag03-Aly03. Although the catalyst with the best performance was
found to be Rh/NiO-Al,O3, some extent of deactivation was observed due to coke depo-
sition, in the form of carbon nanotube as shown by TEM images. XRD results showed
the presence of spinels for Rh/MgO-Al,O3 and Rh/NiO-Al,O3, which were reported
to provide higher resistance to coking and to avoid migration of Rh in the support,
increasing the stability. Higher activity of NiO-Al,O3 compared to MgO-Al,O3 was
explained by higher content of spinal phase in the NiO-Al,O3 sample [51].

One of the interesting aspects of dry reforming reaction is the formation of carbon
nanofilaments (CNF'), which is a valuable product. There are a number of articles on
CNF formation during methane dry reforming and recently, various authors published
their work on the formation of CNF during ethanol dry reforming. For example, de
Oliveira-Vigiel et al. [52] conducted the reactions in the presence of a 316 stainless steel
catalyst. They have concluded that the catalyst was active since 98% of the theoretical

value of Hy yield was achieved. Moreover, CNF formation was observed, which could
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easily be removed from the catalyst since it does not have a porous form. Abatzoglou
et al. [53] used carbon steel 1008 as the catalyst and conducted the tests at a reaction
temperature of 550 °C. They have reported that 25-29% of the CO, feed is sequestered
as CNF at these conditions. They also performed a preliminary economic analysis and
concluded that although the energetic efficiency of DRE is 50% lower than the steam
reforming route, high value carbon product formed at low temperatures offsets this

drawback [53].

2.3. Glycerol Dry Reforming

Glycerol, a by-product of biodiesel production, has been the focus of attention as
a source of hydrogen and synthesis gas, mainly due to the increase in the production
of bio-diesel. Glycerol steam reforming (GSR) is the main route to produce hydrogen
from glycerol and extensive research is done on GSR from catalyst development to
alternative reactor configurations [3,6,13,14]. As in the case of ethanol and methane,
dry reforming of glycerol is a promising alternative reaction for production of hydrogen
and syngas. Dry reforming of glycerol (GDR) is the reaction of one mole of glycerol

with one mole of CO4 to produce Hy, CO and H,0O, as shown by Equation 2.6.

C3HgO3 + COy = 4CO + 3Hy + H,O AH® =292 kJ mol ™" (2.6)

2.3.1. Thermodynamics

Lin et al. [6] defines steam reforming of glycerol as the combination of glycerol
decomposition and water gas shift (WGS) reactions. In dry reforming conditions (ele-
vated temperature and COy presence in the feed) reverse water gas shift is prevailing
due to its endothermic nature [54]. Therefore, it is safe to say that dry reforming
of glycerol is the combination of glycerol decomposition (Equation 2.7) and RWGS
(Equation 2.8).
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C3HgO3 = 3CO +4H,  AH" =251 kJ mol ™" (2.7)
COy +Hy = CO+H,O  AH’ =41 kJ mol™* (2.8)

Unlike methane, glycerol is a thermally unstable material with three carbons, which
renders the GDR system complex due to occurrence of many side reactions. Dehydra-
tion (Equation 2.9) and dehydrogenation (Equation 2.10) of glycerol are the two main

pathways for glycerol decomposition:

C3HgO3 = C3HgO4 + H,O AHY = 450 kJ mol_l (29)
C3HgO3 = C3HgO3 + Hy AHY = —15kJ IIlOl_1 (210)

3-hydroxypropanal, produced from Equation 2.9 can be further dehydrated to pro-
duce acrolein (Equation 2.11). C3HgOy can dehydrate to produce 2-oxopropanal via

Equation 2.12:

C3H802 — C3H402 + HQO AHO = —-36 kJ IIlOl_1 (211)
C3H603 — C3H402 -+ HQO (212)

At high temperatures, decomposition reactions, such as decomposition of glycerol
to ethylene, 2-oxopropanol decomposition and acetaldehyde decomposition reactions,

(Equations 2.13, 2.14 and 2.15, respectively) are likely to occur [55]:

C3HgO3 = CyHy + CO + 2H50 (213)
CH,CHO = CH, + CO (2.15)

Valliyappan et al. [56] summarizes glycerol decomposition reactions with a scheme

shown in Figure 2.1.
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Gas(CO,, CH,, C.,H,, hydrocarbons, and H,)

| 4 L S I

6

Glycerol >  Char

Liquid(acetaldehyde, acrolein, acetone, methanol
ethanol, acetic acid, and water)

Reactions 1, 2, and 3 are concurrent dehydration
Reactions 4, 5, and 6 are consecutive thermal cracking

Figure 2.1. Glycerol decomposition scheme [56].

Other side reactions include methanation (Equations 2.16 and 2.17), methane
dry reforming (Equation 2.18), and reactions that are responsible for coke formation

(Equations 2.19-2.22), including methane decomposition and Boudouard reactions [9]:
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2C0 = C(5) + CO,  AH’ = —172 kJ mol

Although there is a huge lack of information regarding catalysis of GDR in the litera-
ture, a number of thermodynamic analyses have been carried out in order to determine

the optimum operating conditions. A thermodynamic analysis of the dry reforming
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of glycerol was published by Wang et al. [9], where Gibbs free energy minimization
method was utilized. It was concluded that the optimum condition for maximizing
H, yield was at 727°C and a carbon dioxide-to-glycerol ratio (COy/G) of 1. It was
claimed that changing the operating conditions could alter the syngas ratio. No carbon
formation was obtained thermodynamically above 677 °C with a CO5/G ratio of 1. Ac-
cording to Equation 2.6, the syngas produced by dry reforming of glycerol has a ratio
less than 1. However, depending on the operating conditions, produced syngas ratio
may increase or decrease due to the extent of side reactions. According to the analysis
done by Wang et al. [9], thermodynamic Hy/CO ratios produced by dry reforming of
glycerol change between 1 and 2.15 at temperatures between 500 — 700 °C and CO5/G
feed ratios between 1 and 5. The low Hy content of the dry reforming product stream
may not be suitable for direct use in fuel cells, but a low syngas ratio is required for the
production of long chain hydrocarbons via Fischer-Tropsch synthesis by the Equations

2.23 and 2.24 [22]:

When this reaction is combined with WGS to produce the needed hydrogen, the overall

stoichiometry becomes:

Moreover, production of carbonyls (Equation 2.25) and carboxylic acids (Equation

2.26) via Fischer-Tropsch also require syngas ratios close to 1 [12]:

nCO + (2n — 1)Hy = (CHy),0 + (n — 1)H,0 (2.25)

Other than utilization of CO,, this is another advantage of dry reforming reactions.
Steam reforming reactions generate syngas with higher H,/CO, which is not suitable

for use in F'T synthesis processes.
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Another thermodynamic study on dry autothermal reforming of glycerol suggests
that with a combination of dry reforming and partial oxidation of glycerol, thermoneu-
tral conditions can be achieved where no external heat supply is needed [57]. From a
temperature range of 327 — 727°C, Oy /C range of 0.1-0.5 and CO,/G range of 1-5, the
optimum thermoneutral point was detected at a temperature of 653 °C, O,/C ratio of
0.3 and CO4/G ratio of 1. Additionally, carbon formation was found to be less in the
case of autothermal dry reforming, compared to the cases where there is no oxygen
feed [57]. Freitas and Guirardello [7] carried out a comparative study between several
glycerol reforming methods (steam reforming, partial oxidation, autothermal reform-
ing, dry reforming and supercritical water gasification) for Hy and syngas production,
via performing a thermodynamic analysis by the method of Gibbs energy minimiza-
tion in combination with the virial equation of state. It is found that, for all methods,
higher temperatures and lower pressures result in higher Hy production. At 800°C,
resulting syngas had a ratio of unity for dry reforming, whereas it was close to 2 for
steam reforming, and molar fraction of produced syngas in the product stream was
higher in DR compared to SR (92.7 and 88.4, respectively). Highest amount of coke
formation was observed in dry reforming at a temperature of 600 °C. In addition, in-
crease in pressure resulted in significant coke formation in partial oxidation and dry
reforming reactions, whereas no carbon formation was observed in any of the other

methods [7]

2.3.2. Catalysis

Nickel based catalysts are the prevailing catalysts for reforming reactions, due
to lower price of nickel compared to the noble metals. Thus, there are a number of
publications regarding the use of nickel based catalysts in dry reforming of glycerol.
Siew et al. [10] conducted several studies on nickel based catalysts promoted with
lanthanum. In one of their studies, they tested the performance of 3 wt.% La promoted
Ni/Al, O3 catalyst on dry reforming of glycerol. They have concluded that lanthanum
provided better metal dispersion, thus finer crystallite size and higher BET surface

area. Catalytic reaction tests were performed in a stainless steel fixed bed reactor at
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temperatures between 650 and 850 °C and CO4/G ratios between 0 and 5. Maximum
glycerol conversion of 96% was achieved with a CO5 /G ratio of 1.67 and further increase
of this ratio led to a decrease in Hy production rate. They have reported that although
nickel based catalysts were prone to carbon deposition, addition of lanthanum as a
promoter significantly reduced carbon deposition. In 72 h long stability tests, no
significant deactivation of the catalyst was observed. The authors also conducted a
kinetic study and reported the rate of glycerol consumption in power-law form as given

in Equation 2.27 [10]:
ry = Ae T (Poyuy0,)" (Poo,)? (2.27)

where 7, is the rate of glycerol consumption, A is the exponential factor which is
calculated as 2.6 x 1074, E, is the activation energy, calculated as 34.9 kj mol™* and ~

and ¢ are reaction orders calculated as 0.72 and 0.14, respectively [10].

In another study by the same authors, characterization of 2 wt.% La-promoted
Ni/Al,O3 catalyst was done and compared with non-promoted nickel catalyst, both
of which prepared by co-impregnation procedure. The authors found that promoted
catalyst had a larger BET surface area compared to that of the non-promoted one (98
and 85 m?/g, respectively) due to better dispersion. However, increasing the weight
of lanthanum over 2 wt.% caused a decrease in the surface area. Dry reforming reac-
tion was carried out with the promoted catalyst at 600 °C and glycerol conversion was
found to be 24.5% [11]. Additionally, a longevity study for La-Ni/AlyO3 catalyst was
carried out in another article by the same authors. In this study, 3 wt.% La-Ni/Al,Ol3
catalyst was found to have the largest BET specific surface area (97 m?/g). Thus, this
catalyst showed the best longevity performance, with a glycerol conversion of 90% even
after 72 h of reaction time. Catalytic tests were performed in a fixed bed reactor, at
750 °C temperature and 1 atm pressure. Reduced CO generation was observed at lower
CO/G ratios. In addition, they have concluded that presence of CO, was essential in

reducing carbon deposition and attributed this to the gasification reaction [58].
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Lee et al. [59] published a series of papers on the performance of nickel catalysts
supported on cement clinker in glycerol dry reforming. This has been done with the
intention of using the carbon dioxide emitted in the cement production process and
thus, providing a solution to the environmental issues involved in the cement industry.
It was reported that cement clinker (CC), an intermediate product of the cement
industry, is rich in terms of CaO and MgQO, which have improved resistance against
carbon formation. In one of their studies, the authors prepared CC supported nickel
with loadings of 5 wt.%, 10 wt.%, 15 wt.% and 20 wt.% and tested their performance in
glycerol dry reforming. The results showed that addition of Ni significantly increased
the BET specific surface area (from 0.55 to 17.83 m?/g). The catalytic reactions were
carried out in a fixed bed reactor at 750 °C and CO,/G ratio of unity. It was found
that 20 wt.% Ni/CC catalyst showed the best performance with the highest Hy yield
and least deactivation. The produced syngas was reported to have a ratio of ~ 1.5,
which was suitable for FT synthesis [60]. In another study by the same authors, a
parametric study was conducted with 20% Ni/CC, which gave the best performance
in GDR. Temperatures between 650 °C and 750 °C and CO,/G ratios between 0.6 and
5 were tested. It was found that the optimum conditions for GDR with this catalyst
was at 700°C and at a CO5/G ratio of unity. In addition, 70-80% glycerol conversions

were reached, with produced syngas ratios below 2.0 [59].

Arif et al. [61] compared CaO and ZrO, supported Ni catalysts with different Ni
loadings prepared by wet impregnation for dry reforming of glycerol. It was observed
that at a temperature of 700°C and a COy/G ratio of 1, Ni/CaO gave higher H,
yield and glycerol conversion compared to Ni/ZrO,. XRD patters of prepared samples
showed that ZrO, supported samples had sharp and intense peaks, whereas CaO sup-
ported samples had shorter and broader diffraction peaks. The authors attributed this
to fine dispersion of NiO on CaO, which also lead to higher surface area of the catalyst
as revealed by BET analysis. Superiority of the CaO supported samples over ZrO,
supported ones was attributed to higher metal dispersion and consequently, smaller

NiO crystallite size. No information on deactivation or stability was provided.
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Harun et al. [62] tested the activity of Ag- promoted Ni/SiO, catalysts for GDR
and observed the effect of promoter loading by changing the Ag loading between 0-5
wt%. It was revealed by XRD analysis that addition of Ag does not change the metal
size significantly. It was observed that the sample with the highest Ag loading (5 wt%
Ag — 15 wt% Ni/SiO,) gave the highest Hy yield and glycerol conversion. The syngas
produced had a Hy/CO molar ratio always less than 1. Two types of carbon was found
to deposit on the catalysts upon SEM analysis of spent samples: solid carbon that

covers the active sites of the catalyst and filamentous type carbon.

Dry reforming can also be coupled with steam reforming and partial oxidation for
increased hydrogen yield and energy efficiency. Kumar et al. [63] performed a catalytic
study for tri-reforming of glycerol for hydrogen generation. Tri-reforming reaction was
carried out in the presence of CO,, HoO and O,, so that dry reforming, steam reforming
and partial oxidation could take place simultaneously. The reactions were carried out in
the presence of CeO,, ZrO, and CeOq- ZrO, supported 10% Ni catalysts in a fixed bed
microreactor at atmospheric pressure and temperatures between 400 — 800°C. BET
surface areas of the prepared catalysts changed between 3.5 and 4.3 m?/g. Complete
conversion of glycerol and 95% of the theoretical Hy yield was obtained. The authors
found that at 600°C, CeOy - ZrO, supported catalyst gave the highest Hy yield and
COg conversion. Moreover, lowest carbon deposition was observed on this catalyst (2.3

mg), whereas the highest amount of coke was found to deposit on Ni/CeO, [63].

It has been proposed by Mortensen et al. [54] that only the CO5 adsorption and
dissociation steps deviate when the mechanism of MDR is compared to that of MSR.
The same can be proposed for GDR and GSR, since steps like glycerol decomposition,
dehydration or dehydrogenation, Hy and CO formation and methanation are seen in
both cases. Moreover, RWGS takes place in dry reforming conditions, which results in
the production of HyO. Thus, dry reforming reactions can be considered as a combina-
tion of dry reforming and steam reforming to some extent. Catalysts that are active in
glycerol steam reforming can be expected to perform well in GDR as well. Therefore,
a short survey of GSR catalysis is made in order to identify catalysts that may have

potential for high activity in GDR:
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Nickel based catalysts supported on TiOy, CeOy and MgO were prepared and
tested for catalytic activity in dry reforming of glycerol by Adhikari et al. [64]. Cat-
alytic tests showed that Ni/CeOy was by far the best performing catalyst for GSR
with a maximum hydrogen selectivity of 74.7% at an S/C of 4 and a temperature of
600 °C, whereas Ni/MgO and Ni/TiO, gave hydrogen selectivities of 38.6% and 28.3%,
respectively. Surface characterization revealed that Ni/CeO, had the highest BET
surface area, metal dispersion and metal surface area. The authors suggested that the
high metal surface area could be due to the better interaction of CeOy with nickel.
Moreover, highest amount of coke deposition was observed on Ni/TiO,, followed by
Ni/MgO and Ni/CeO,. Higher coke deposition on TiO, was attributed to the higher
acidity of TiOy compared to MgO and CeO, supports [64].

A similar study was conducted by Nichele et al. [65], where Ni supported on TiOs,
ZrO5 and SiOs (in the form of SBA-15 and amorphous dense nanoparticles) were pre-
pared by impregnation and their catalytic activity in hydrogen production via GSR
was observed. Extensive characterization on the samples were done in order to investi-
gate the effect of structural and morphological properties on catalyst performance. It
was concluded that activity of the Ni based catalysts were strongly dependent on the
support. It was proposed that the reducibility of the sample is an important indicator
of metal-support interaction and low reducibility of the active phase indicates a strong
interaction with the support. The reducibility of the samples decreased in the order of
SiOy > ZrOy > TiO,. Moreover, results obtained from both XRD and TEM analyses
suggested that metal dispersion increased in the order of TiOy < SiOy < ZrO,. In the
catalytic activity tests, Ni/ZrOy gave the best results without showing deactivation at
650°C. It was revealed that the structure of zirconia was completely preserved after
20 h on stream and no change on the dispersion of Ni was observed among fresh and
used catalysts. TGA results revealed that highest coke deposition was in fact on ZrO,
supported sample, but coke formation occurred on the support and did not deactivate
the active species both on TiOs and ZrO,. It was observed that Ni/TiOy showed the
highest CO selectivity and lowest CO, selectivity at both temperatures tested, which
shows that TiOy supported sample has the lowest activity in WGS. SiOy supported

sample suffered from severe deactivation, which was attributed to coke deposition since
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this sample was characterized by the presence of silanols and Lewis acid sites. It was
concluded that Ni/ZrOs was the most promising catalyst for GSR among the samples
tested, metal-support interaction was very important for determination of catalytic
activity and though carbon formation was observed on all samples, this led to poor

access to the metal sites only in the case of Ni/SiO, samples [65,66].

Cobalt is another active metal that is advantageous due to its low cost and high
availability. There are a number of studies aiming to evaluate the activity of Co
based catalyst in GSR processes. A 15 wt.% Co/Al,O3 catalyst prepared by impreg-
nation method was tested by Cheng et al. [67]. They provided information on the
physicochemical properties of the catalyst, which revealed the formation of Co3O4 and
CoAlyO3 in the calcined catalyst. Moreover, TPD method showed that impregnation
of Co resulted in an increase in the acid site concentration of the sample, whereas no
significant change was observed in the basic site concentration. The acidic/basic site
ratio was increased to 5.5 from 4.6 upon impregnation of cobalt. Parametric studies
revealed that conversion of glycerol increased with increased steam partial pressure
but decreased as the glycerol partial pressure increased. The produced syngas had a
relatively high Hy/CO ratio (between 6 and 12) and high amount of COy production
was observed (Hy/COy = 2-2.3). Inevitable carbon formation was observed even at
excess steam-to-carbon ratios [67]. Zhang et al. compared the activities of ceria sup-
ported Ir, Co and Ni catalysts in ethanol steam reforming and glycerol steam reforming
reactions. In both reactions, Ir/CeOy was the best performing catalyst, followed by
Co/Ce0y and Ni/CeOy. Temperature programmed reduction studies on the prepared
catalysts showed strong interaction between iridium and ceria, which is revealed by
the decrease in the reduction temperature of CeOy in the presence of iridium. The
strong interaction between Ir and ceria was shown previously by Hou et al. [50] as an
Ir/CeO; catalyst was tested for DRE. As a result of the stability tests performed in
ethanol steam reforming conditions, Ir/CeOy showed no deactivation, whereas Co and

Ni based samples slightly deactivated [68].

Among noble metals, Ru, Pt, Rh and Ir are the prevailing metals for GSR. Suzuki

et al. performed a catalyst screening and tested various Lay,Os supported Group 8-10
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metals for activity in GSR. At a reaction temperature of 600 °C, a S/C ratio of 3.3 and
a W/F of 13.4 gcat h mol ™, the order of activity was found to be as: Rua Rh > Ni > Ir
> Co > Pd > Fe (activity is based on H, yield). It was observed that CO, selectivity
was high over all catalysts, which was attributed to the use of basic supports that
promote WGS. Finding that Ru is the most active metal in GSR among other tested
metals, the authors prepared Ru on Y503, ZrO,, CeO,, LayO3, SiOs, MgO and Al,O3
supports. The comparison of supports showed that Y,03 and ZrO, supported catalysts
were the most active with high glycerol conversions and Hs yields, whereas Al,O3 and
MgO supported catalysts showed the lowest glycerol conversions [69]. Chiodo et al.
compared the activities of Aly,O3z, MgO and CeOs supported Ni catalysts to that of
Rh/Al,O3. It was observed by the authors that Rh was more active and stable than
Ni based catalysts. Ni loading was quite high (30 wt.%), whereas Rh loading was 5
wt.%. Before conducting catalytic tests, the authors performed a blank test to see
the extent of homogeneous glycerol decomposition and observed the formation of CO,
COs., olefins (ethylene and propylene), CH, and Hs. Glycerol conversion was around
65% at a temperature of 800°C, which shows that glycerol decomposes significantly
before reaching the catalyst surface. Coke formation was evident on all samples, but on
Rh/Al,O3 lower rate of coke deposition was observed compared to Ni catalysts. It was
discovered that hydrogen yield over Rh/Al,O3 increases with increasing temperature
up to a temperature of 700 °C, but a further increase in temperature results in a sudden
decrease in hydrogen yields, a trend not seen thermodynamically. This was attributed
to sintering of Rh particles that took place at higher temperatures, as revealed by TEM
analysis [70].
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3. EXPERIMENTAL WORK

3.1. Materials

3.1.1. Chemicals

All chemicals used in the preparation of catalysts are listed in Table 3.1:

Table 3.1. Chemicals used for catalyst preparation.

Chemicals Specifications Supplier Molecular Weight
(g/gmol)
Cerium(III) nitrate | Ce(NO3)3-6H2O | Sigma-Aldrich 434.22
hexahydrate
Cobalt(II) nitrate | Co(NOj3)2-6H20 | Sigma-Aldrich 291.03
hexahydrate
Rhodium(III) nitrate Rh(NOs3)s Sigma-Aldrich 288.92
solution 10 wt.% Rh
Zirconium oxide, 710, Alfa-Aesar 123.22
catalyst support
Aluminum oxide, a-Al, O3 Alfa-Aesar 101.96
catalyst support 3/16” spheres

3.1.2. Gases and Liquids

The gaseous and liquid feeds that are used in the experimental system with their
applications are listed in Table 3.2 and Table 3.3, respectively. All gases are of high
purity and supplied by The Linde Group. From the gases listed in Table 3.2, Ny, COs,
Hs, He and Ar are directly used in the experiments, whereas the others are used in the
calibration of gas chromatographs. The deionized water is used in the preparation of

precursor solutions and it is obtained from Zeneer Water Purification System with a
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conductivity less than 0.1 xS cm™. Glycerol is fed to the reaction system as a reactant

and is supplied by Sigma-Aldrich with 99.5% purity.

Table 3.2. Gases used in the experimental system.

Gas Specifications Application
Argon 99.998% GC carrier gas
Carbon dioxide 99.995% GC calibration, reactant
Carbon monoxide 99.90% GC calibration
Cy mixture 2% CyHg, 2% CyHy, GC calibration
5% CHy, balance Ny

Helium 99.99% GC carrier gas
Hydrogen 99.99% GC calibration, reducing agent

Methane 99.50% GC calibration

Nitrogen 99.998% GC calibration, inert

Table 3.3. Liquids used in the experimental system.

Liquid Specifications Application
Glycerol >99.5% Reactant
Deionized water - Catalyst preparation

3.2. Experimental System

The experimental system that is used in this study consists of four main parts:

e Catalyst Preparation System: The incipient-to-wetness impregnation system is

used for the

preparation of all catalysts tested in this study.

e (Catalyst Characterization System: The structural properties of the catalysts that

are prepared are analyzed by Scanning Electron Microscopy (SEM) integrated

with Energy Dispersive X-ray Spectroscopy (EDX) and X-ray Diffraction (XRD).
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Surface area characterization of the prepared supports are done by BET suface
analysis method.

e Catalytic Reaction System: The prepared catalysts are tested for activity in a
system consisting of mass flow controllers for gaseous feed, an HPLC pump for
liquid glycerol feed, a three chambered furnace with programmable temperature
controllers, a packed bed reactor and two cold traps.

e Product Analysis System: The composition of the product gas is analyzed by two

on-line gas chromatographs.

3.2.1. Catalyst Preparation System

All catalysts used in this study are prepared by using the incipient-to-wetness
impregnation system illustrated in Figure 3.1. The system is composed of a Retsch UR1
ultrasonic mixer for continuous mixing of the support, a Buchner flask for containing
the support, a vacuum pump for evacuating the pores of the support and a peristaltic
pump for controlled feed of the active metal solution. Details of catalyst preparation

and pretreatment procedures will be provided in the coming sections.

3.2.2. Catalyst Characterization System

3.2.2.1. BET Surface Analysis. BET isotherms were obtained by using Quantachrome

Nova 2200e automated gas adsorption system with liquid nitrogen at a temperature
of 77 K. Specific surface areas of the samples were determined using multi-point BET
analysis. Pore sizes and pore diameters were calculated by the BJH method of adsorp-

tion.

3.2.2.2. X-Ray Diffraction Analysis. X-ray Diffraction (XRD) analysis of the catalysts
was carried out by Bogazi¢i University Advanced Technologies R&D Center using a
Rigaku D/Max-Ultima+/PC X-ray diffraction equipment having an X-ray generator
with Cu target operated at 40 kV and 40 mA. The scan speed was 2° min.
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Figure 3.1. Schematic representation of the impregnation system. 1. Ultrasonic
Mixer, 2. Buchner Flask, 3. Vacuum Pump, 4. Peristaltic Pump, 5. Aqueous Active
Metal Solution, 6. Silicon Tubing [71].

3.2.2.3. SEM/EDX Analysis. SEM/EDX analysis was carried out in Kog¢ University
Surface Science and Technology Center (KUYTAM) by a Zeiss Evo LS 15 scanning

electron microscope coupled with Bruker XFlash 5010 EDX detector with 123 eV res-

olution.

3.2.3. Catalytic Reaction System

The catalytic reaction system can be divided into three parts as feed, reaction

and product analysis sections. A detailed schematic representation of the system is

provided in Figure 3.2.

3.2.3.1. Feed Section. The feed section is composed of pressurized gas storage tanks

containing purified Ar, He, dry air, Hy, Ny and CO,, Brooks Model 5850E Series Mass

Flow Controllers and a Shimadzu LC-20AT HPLC pump, all of which are connected
with Swagelok tubing and fitting of sizes 1/4”, 1/8” and 1/16”.
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Figure 3.2. Schematic representation of the experimental system. 1. Gas regulators,
2. Mass flow controllers, 3. HPLC pump, 4. Heating lines, 5. Quartz reactor,

6.Injection nozzle, 7. Dewar flasks.

Gaseous feed leaves the pressurized gas tanks via regulators (marked as 1 in
Figure 3.2), which keep the pressure at the outlet of the tanks at 2 atm. The gases
then enter, via 1/8” tubing, their own individually calibrated mass flow controllers
(MFC) where their volumetric flow rates are regulated in order to achieve desired feed
ratios. Calibration curves for each mass flow controller can be found in Appendix A.
On-off valves are installed to the outlets of the MFCs in order to prevent back flow
and to decrease the dead volume caused by the unused gas lines. Downstream of the
MFCs are connected as a single 1/8” line, where a 3-way valve is installed so that the

feed gas can be directed either to the reactor or to a line which by-passes the reactor
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and goes directly to the gas chromatographs for feed analysis.

Liquid glycerol is fed to the reactor by an HPLC pump through 1/16” tubing.
Due to the high viscosity of glycerol at room temperature and the low inner diameter of
the tubing, the pressure at the outlet of the pump tends to increase. At high flow rates,
pressure exceeds the pressure limit of the pump, which leads to shut down. To avoid this
situation, viscosity of glycerol is aimed to be decreased by increasing the temperature
of the tubing to 100°C with the use of heating lines and ENDA ET4420 type digital
PID temperature controllers. The gaseous feed consisting of Ny and CO; meets the
liquid glycerol feed at a T-junction slightly above the reactor, and enters the reactor
through 1/16” tubing. How the glycerol is fed to the reactor is of great importance in
terms of maintaining the desired feed ratio. Two different feeding configurations that

are tested are given in Figure 3.3 as configuration (a) and (b).

Figure 3.3. Different feeding configurations.

In configuration (a), glycerol leaves the 1/16” tubing slightly above the inlet of the
reactor furnace, where the temperature is at room conditions. Thus, glycerol leaves the
tubing in the form of liquid drops. As the liquid drop leaves the tubing, it starts falling
down through the first zone of the furnace, where the temperature is above 400°C,

and it vaporizes before reaching the catalyst bed. This configuration is proven by our
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group to be advantageous when there is any other condensable material in the feed, such
as water. In that case, this configuration prevents the water from vaporizing before
glycerol, and sustains the desired steam-to-carbon ratio over the catalyst bed [72].
Without the presence of water in the feed, however, this configuration turned out
to be problematic. Low volumetric flow rate of the liquid feed combined with the
high viscosity and surface tension of glycerol caused the accumulation of glycerol as a
large drop around the tubing, while gaseous CO, flowed continuously and this created
unsteady feed ratios throughout the experiment. Gaseous and liquid flow rates are
altered in order to minimize the time between the drops as shown in Table 3.4, but
even with the best conditions, the irregularity in the results could not be avoided. In
some cases, it was observed that the gas-liquid feed mixture formed bubbles, which is

unwanted since glycerol is lost on the sides of the reactor as the bubbles break.

Table 3.4. Time between glycerol drops with different feed flow rates.

Liquid Flow . .
3 NmL min! | 4 NmL min™!
Gas Flow
37 NmL min! 62 s* -
47 NmL min™! 52 g* 39 s*
57 NmL min! 528 50 s
67 NmL min! 62 s 55 s

*Cells marked with a star indicate bubble formation.

In the second configuration (configuration (b)), the 1/16” tubing extends until 10
cm below the furnace entry, where the temperature is above 400 °C. This enables com-
plete evaporation of glycerol before leaving the tubing, preventing any drop formation.
Both glycerol and COs is fed continuously in gaseous form and the desired COs-to-
glycerol (CO2/G) ratio is sustained on the catalyst bed. Trials done with configuration

(b) yielded steady results; thus, it is decided to move on with this configuration.



35

3.2.3.2. Reaction Section. The reaction section consists of a quartz reactor surrounded

by a tube furnace, followed by two cold traps. The furnace used in the system is
PROTHERM PZF 12/50/500, which includes three zones with PC442 type individual
PID programmable temperature controllers. As explained in detail in Section 3.4, the
quartz reactor is loaded with the catalyst bed, which is placed in the middle of the
tube. The middle zone of the furnace is set to reaction temperature, whereas the upper
and lower zones are set to 310°C in order to ensure complete vaporization of glycerol
and other condensable products throughout the furnace. However, due to the heat
dissipation from the hot center of the furnace, the observed temperatures at the upper

and lower zones are always above 400 °C.

The product stream leaves the reactor in 1/4” tubing, installed with a three-way
valve that directs it either to the bubble meter connected to vent, or to two consecutive
cold traps. The bubble meter can be used to measure the flow rate of the product
stream or to check for any leakage in the reactor. It was also used for the calibration
of mass flow controllers. The cold traps are placed in Dewar flasks filled with ice to
ensure that all of the unreacted glycerol and other condensable products are separated
from the gaseous products, which are sent to the product analysis system. A heating
line is installed between the cold traps and the temperature is kept at 120 °C to make
sure that any condensable materials that escape the first cold trap are brought to the

second cold trap in gaseous form, and no condensables are left in the line in between.

3.2.3.3. Product Analysis Section. The product analysis section consists of two gas
chromatographs equipped with Molecular Sieve 5A and Porapak Q type columns. The
product and feed analysis lines are merged as a single line, where a three-way valve
is installed to direct the stream either to the first or the second GC. Details of the

analysis system will be provided in Section 3.2.4.



3.2.4. Product Analysis System

The feed and product stream compositions are analyzed by two online gas chro-
matograms equipped with different columns. Shimadzu GC-2014 is equipped with a
Molecular Sieve 5A column, which detects hydrogen, nitrogen, methane and carbon
monoxide. Agilent 6850N is equipped with Porapak Q type column, which detects car-
bon dioxide, ethane and ethlyene. Stream compositions are determined via calibration
curves, provided in Appendix A, that convert peak areas to compositions. Calibrations
are done for each gas with GC operating conditions specified in Table3.5. The product
stream is sent continuously to GC-2 (Agilent) and diverted to GC-1 (Shimadzu) after

each sampling.

Table 3.5. Operating parameters of gas chromatographs.

GC Parameter

Shimadzu GC-2014

Agilent 6850N

Detector Type

Thermal conductivity

Thermal conductivity

Column oven temperature 50°C 40°C

Injector temperature 80°C 90°C

Detector temperature 150°C 80°C
Carrier gas Argon Helium

Carrier gas flow rate

25 mL min

20 mL min!

Detector current

50 mA

Set by GC

Column packing material

Molecular Sieve 5A
(60-80 mesh)

Porapak Q
(80-100 mesh)

Column tubing material

Stainless steel

Stainless steel

Column ID & length

21 mm & 2.0 m

2.1 mm & 1.82 m

Sampling loop

1 mL

1 mL
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3.3. Catalyst Preparation and Pretreatment

Four different catalysts, namely Rh/ZrOy, Rh/CeOy, Co/ZrO, and Co/CeO4 are
prepared by incipient-to-wetness impregnation method. The steps of catalyst prepara-

tion include support preparation, active catalyst preparation and pretreatment.

3.3.1. Preparation of Support

3.3.1.1. Preparation of CeQ,. Ceria precursor cerium(III)nitrate (Ce(NOj3);3-6H20) is

first calcined in air at 600 °C for 4 hours so that it thermally decomposes to ceria. The
calcination temperature is selected based on the work of Zheng et al.. They performed
the calcination at four different temperatures (400, 500, 600, and 700 °C) and concluded
that 600 °C was the optimum temperature which enabled better dispersion of the active

metal on ceria and increased catalytic activity [73].

After thermal decomposition, the obtained powder is again calcined at 800 °C in a
muffle furnace for 4 hours. Thermal stability of the catalyst is an important property in
dry reforming reactions due to the high temperatures required by the thermodynamics
of the reaction (In this study, the maximum reaction temperature tested is 750°C). It
is reported that Hiittig and Tamman temperatures are good semi-empirical measures of
the temperature at which sintering may occur. When Ty (identified as 0.3 T pelting)
is reached, atoms at defects become mobile; whereas when Tramman (0-5Tmelting) 1S
reached, atoms from the bulk become mobile [74]. CeO, has a relatively high melting
point (2,400°C), but its Hiittig temperature (720 °C) is still lower than our studied
reaction conditions [75]. Thus, calcination is necessary to enhance the thermal stability

of the support at studied reaction conditions.

3.3.1.2. Preparation of ZrQO,. ZrOs support is first sieved to get 45-60 mesh size (250-

354 pm), which is the particle size used for packed bed configuration. Afterwards,
sieved particles are calcined at 800°C in a muffle furnace for 4 hours. ZrO, can be

identified as a thermally stable material since it has high Hiittig and Tamman tem-
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peratures (812.7°C and 1,354.5°C, respectively [75]), which are both higher than the
operating temperatures. Nevertheless, the same calcination procedure is followed for

both zirconia and ceria since a comparison between the supports is aimed to be done.

3.3.2. Preparation of Active Catalysts

All catalysts used in this study are prepared by the method of incipient-to-wetness
impregnation.The basic steps of preparation are the same for all catalysts except for
the preparation of precursor solutions. Thus, the impregnation procedure that will be

described for 1 wt.% Rh/ZrO applies to all of the prepared catalysts.

For the preparation of 1 wt.% Rh/ZrOs, a solution containing rhodium precursor
is prepared. The precursor is available in the form of a 10 wt.% stock solution. The
amount of stock solution that will provide the necessary amount of rhodium is first
weighed (0.2 g of stock solution for preparing 2 g of catalyst), then the solution is
diluted with deionized water to obtain approximately 0.6 mL of solution per gram of
ZrQ4, which is the necessary amount to completely wet the support. 1.98 g of prepared
ZrQs is placed in a Biichner flask and mixed ultrasonically under vacuum for 30 min.
Then, the prepared precursor solution is impregnated on the support with the help of
a peristaltic pump as shown in Figure 3.1. The resulting slurry is left in the ultrasonic
mixer for 1.5 h under vacuum to ensure complete mixing. Afterwards, the catalyst is
dried overnight in an oven at 110 °C. Lastly, the catalyst is calcined in a muffle furnace

at 800°C for 4 hours.

Same rhodium solution is prepared for the preparation of 1 wt.% Rh/CeOs, except
this time the solution is diluted with less water since CeOs can be completely wetted
with approximately 0.55 mL g of support. Then, the solution is impregnated on the

support by following the same procedure described above.

For the preparation of 5 wt.% Co/ZrO,, the necessary amount of cobalt precursor
(Co(NO3)2-6H50) is weighed (0.494 g for 2 g of catalyst) and dissolved in 0.6 mL water

per gram of support. Lastly, same amount of cobalt precursor is dissolved in 0.55 mL
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per gram of CeO, for the preparation of 5 wt.% Co/CeOs.

3.3.3. Pretreatment

It is necessary to reduce the oxidized metal sites of the catalysts in order to
activate the catalysts. All catalysts are reduced in situ in the presence of 40 NmlL
min' H, flow at 800°C for 2 hours prior to the reaction tests. After reduction, N is

flowed over the catalyst bed until the reaction tests to prevent exposure to air.

3.4. Reaction Tests

The reaction tests are carried out in a quartz packed bed reactor (L = 80 cm,
di,=10 mm). As shown in Figure 3.4, approximately 1 cm in height quartz wool is
placed in the middle of the reactor and catalyst bed is placed on the quartz wool. 20 mg
of catalyst is used in the reactions and the catalyst bed is diluted with approximately
700 mg of a-alumina (45-60 mesh size) in order to achieve a bed length of 1 cm. This
provides Lped/dparticle and dgube/dparticle ratios close to 35, which are acceptable for

ignoring diffusive transport terms and assuming plug flow behavior, respectively [76].

3.4.1. Activity Tests

Activity tests are conducted in order to compare the catalytic activities of sup-
ported Rh and Co catalysts and to observe the effects of reaction temperature and
molar COy/glycerol (CO2/G) ratios in dry reforming of glycerol. All catalytic tests are
conducted in gas phase with a total flow rate of 40 Nml min™ and a fixed glycerol feed
of 4 Nml min™!. Nitrogen is used as an inert balance gas. Flow rate of Ny is adjusted so
that total flow rate and glycerol flow rate are fixed while changing CO,/G ratios. At
changing temperatures, CO2/G ratio is kept at 1, which is observed to give the highest
glycerol conversion and Hy yields. At changing CO,/G ratios, temperature is kept at
750°C, at which coke formation is found to be negligible. Details of the experiments

are given in Table 3.6.
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Figure 3.4. Diagram of the packed bed reactor.

Table 3.6. Reaction conditions for catalytic tests (Default values of reaction

temperature and CO,/G ratio are shown in boldface).

Parameter Value

Reaction Temperature (°C) 600, 650, 700, 750

Glycerol Flow Rate (Nml min) 4
CO,/G 0,1,2.3.4

Catalyst Amount (mg) 20

Total Flow Rate (Nml min™) 40

W/F (mg min Nml?) 0.5
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3.4.2. Blank Tests

Blank tests are carried out in order to observe the extent of homogeneous glycerol
conversion and to verify that the glass wool, quartz reactor and the a-alumina used
as bed diluent are inert towards the reaction. The tests were conducted at different
temperatures (600, 650, 700 and 750°C) and CO,/G ratios (1,2,3,4) to observe the
effects of these parameters on the homogeneous reaction. As done in the catalytic
tests, total flow rate and glycerol feed flow rates are kept constant at 40 and 4 Nml

min!, respectively.

3.4.3. Experimental Procedure

A step-by-step walk through of the experimental procedure is provided as follows:

e Catalyst bed is loaded into the reactor, which is then attached to the experimental
system by the use of stainless steel couplings.

e After verifying that there is no leakage, the furnace is turned on and the reactor is
brought to the reduction temperature (800 °C) in one hour under Ny flow. Reactor
effluent is sent to ventilation by utilizing the 3-way valve installed between the
two cold traps.

e When the reactor reaches the reduction temperature, Hy with a flow rate of 40
Nml min is sent to the reactor and Ny flow is turned off.

e About 25 minutes before the end of reduction, the carrier gases and the GCs are
turned on consecutively. Temperatures of the ovens and detectors of the GCs are
brought to the analysis conditions by turning the systems on.

e Reduction is stopped after two hours by turning the Hy, flow off and turning the
Ny flow back on. Furnace is turned off and the reactor is left to cool down to
the reaction temperature. Furnace is set to the reaction temperature afterwards.
Currents of the GCs are turned on provided that the analysis conditions are
reached.

e Heating lines are turned on 30 minutes prior to the start of the experiment. Ny

flow is set to the value required by the experiment.
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e The cold traps are packed with ice 10 minutes prior to the start of the experiment.
The pump is turned on and glycerol is sent to purge by utilizing the 3-way valve
installed on the glycerol line.

e Glycerol flow is directed to the reactor. After two minutes (the time that takes for
glycerol to reach the injection nozzle), CO; feed is turned on and the experiment
is started. The reactor effluent is sent to product analysis by utilizing the 3-
way valve installed between the two cold traps. The flow is directed to GC-2
throughout the experiment, except for when sampling is done with GC-1.

e Product stream is analyzed by two GCs at the 30", 75", 120", 165", 210", 250"
and 300" minutes of the experiment. The analysis is always done with GC-2 first,
then the flow is directed to GC-1 and sampling is done after two minutes. Then,
the product stream is directed back to GC-2.

e After the last sampling is done, the furnace, heating lines and the glycerol feed
are turned off.

e N, flow rate is adjusted to feed analysis conditions and feed stream is sent to feed
gas analysis.

o After feed gas data is taken, GC detectors are turned off and GCs are left to cool
down. After the GC detector temperatures fall below 100°C, GCs and carrier
gases are turned off consecutively.

e N is sent through all lines and then directed to the reactor, which is left to cool

down to room conditions under Ny flow.
3.4.4. Measurement of Catalytic Activities
Activities of the tested catalyst can be evaluated by looking at various parame-

ters, namely glycerol conversion (X¢), COs conversion (X¢p,) and product yields and

selectivities. Conversion of CO, is calculated using Equation 3.1.

F mn T F 2,0U
Xco,(%) = CO%FCO 02 5 100 (3.1)
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where Fro, i and Fro, out are molar inlet and outlet flow rates of COq, respectively in

mol min!.

Since product analysis is done on the basis of gaseous products, it is not possible
to calculate the conversion of glycerol by using the molar flow rate of glycerol in the
product stream. In this case an atomic balance over hydrogen is conducted to calculate
the amount of converted glycerol. In dry reforming conditions, it is not possible to make
a carbon balance due to the presence of CO5 in the feed, so hydrogen balance is utilized
in various studies [10,11,47,58,60]. Molar flow rates of all gaseous products that contain
H atoms are used in the calculation, as shown in Equation 3.2. It should be noted,
however, that condensible species containing H atoms (water, acrolein, acetaldehyde,
etc.) can not be included in the calculation. Thus, X is more correctly defined as
conversion of glycerol into gaseous products.

2Fy, +4Fcp, +4Fc,n, + 6Foym,

Xe(%) = SE x 100 (3.2)

where F; is the molar flow rate of species 7 in the outlet stream and Fg , is the molar

flow rate of species glycerol in the feed stream, both in mol min.

In order to see the amount of condensed products that are not taken into account
in the calculations, a mass balance is done over the inlet and outlet streams. Inlet
and outlet mass flow rates of the gaseous components are calculated by multiplying
the molar flow rates with their molecular weights. Mass flow rate of liquid glycerol is
calculated by multiplying the volumetric flow rate of glycerol with its density (p = 1.25
g mI'!). The resulting mass balance is defined as the ratio of the mass flow rate of the
analyzed products stream over the mass flow rate of the inlet stream as shown in
Equation 3.3:

mass flow rate of product stream

Mass balance (%) =

x 100 (3.3)

mass flow rate of inlet stream
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The mass balances change between 0.75% and 92.5% depending on the catalyst used
and operating conditions. It is an important indicator of the amount of condensible
products that are produced in the reactions. For example, mass balances are closer to
100% for the tests conducted at higher temperatures, which indicates that more glycerol
is converted into gaseous products. Moreover, tests conducted at higher CO5/G ratios
give lower mass balances, since more H, is produced at these tests, which cannot be

included in the mass balance.

Product yields and selectivities are other important measures of catalytic activity.

Product yield (Y;) and selectivity (5;) are calculated by using Equations 3.4 and 3.5.

Moles of species i in gaseous products

Y, =

4
moles of glycerol fed (34)

Moles of species 7 in gaseous products

S; = (3.5)

moles of glycerol converted



45

4. RESULTS AND DISCUSSION

4.1. Effect of Temperature

Considering that dry reforming of glycerol is an endothermic reaction, temper-
ature is an important parameter that affects the extent of the reaction. Effect of
temperature on reactant conversions and product distributions were observed by con-

ducting experiments at temperatures of 600, 650, 700 and 750 °C.

Effect of temperature on glycerol conversion over Rh/ZrO, (RhZr), Rh/CeO,
(RhCe), Co/ZrOy (CoZr) and Co/CeOy (CoCe) catalyst samples as well as in the
blank tests can be seen in Figure 4.1. Glycerol is a thermally unstable chemical, which
decomposes at high temperatures. In order to see the extent of glycerol decompo-
sition, a set of blank tests are conducted at four temperatures under dry reforming
conditions (COy/G = 1). The results show that homogeneous thermal decomposition
of glycerol takes place significantly at high temperatures. 9% of fed glycerol is decom-
posed at 600°C, whereas glycerol conversion increases up to 48% at 750°C. In the
activity tests, it is observed that regardless of the catalyst used, glycerol conversion in-
creases with increased temperature. This is expected since, as mentioned before, both
glycerol decomposition (Equation 2.7) and dry reforming (Equation 2.7) reactions are
endothermic, which are favored both kinetically and thermodynamically at elevated

temperatures.

At lower temperatures, presence of catalyst does not have a significant effect on
glycerol conversion compared to blank tests. At 600°C, highest glycerol conversion
is observed over RhZr, which differs from the blank test only by 5%. Similarly, at
650°C, all samples yield similar glycerol conversions that change between 26-30%,
whereas conversion from the blank test is ~22%. However, at higher temperatures,
a clear effect of catalyst on glycerol conversion can be seen. When the catalysts are
examined individually, it is observed that samples that are supported on the same

support exhibit similar glycerol conversion trends. Over ZrOg supported samples, there
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Figure 4.1. Glycerol conversions with respect to temperature at CO9/G = 1.

is a sharp increase of glycerol conversion (54% and 40% increase over RhZr and CoZr,
respectively) when the temperature increases from 650 to 700 °C. A jump in glycerol
conversion with temperature is observed over CeO, supported samples as well, but
unlike ZrO, supported samples, this jump is seen when the temperature increases
from 700 to 750°C. At 700°C, CeOy supported samples exhibit glycerol conversions
still comparable to the blank test (43% and 45% over RhCe and CoCe, respectively,
39% in the blank test) but almost 40% increase in glycerol conversion is observed
over both samples at 750 °C. At the highest tested reaction temperature, all catalysts
show glycerol conversions much higher than the blank test, which shows that catalytic

activity is enhanced at elevated temperatures.

Figure 4.2 represents the changes in COs conversions with increasing tempera-
ture over all samples. No COs conversion is observed in the blank tests at any of the
temperatures tested. In fact, CO, conversions are found to be negative and decreasing
negatively with increased temperature, showing that CO, is a product of homogeneous
glycerol decomposition. Other detected gaseous products of glycerol decomposition
are Hy, CO, CHy, CoHg and CyH,. These results are in accordance with the results
of Chiodo et al. [70], who additionally reported the presence of acetone, acetaldehyde,
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Figure 4.2. Carbon dioxide conversions with respect to temperature at CO5/G = 1.

ethanol and propanol upon analyzing the condensed phase stream. In the activity
tests, no COy conversion is observed up to the temperature of 750 °C. At this temper-
ature, RhZr and RhCe samples show CO, conversions of 12.6% and 7.1%, respectively,
whereas no conversion is observed over Co based samples. It should be noted here
that the default CO,/G ratio is selected as 1 while reaction temperature is studied.
However, COy conversion is observed over these samples at increased CO,/G ratios,
which will be discussed in detail in Section 4.2. CO, conversions can occasionally be
seen over RhCe and CoZr at temperatures below 700°C (Figure 4.2), but these are

very low (1-3%) and do not follow a trend with temperature, so they are neglected.

A thermodynamic analysis is done in order to determine the thermodynamic
limits of reactant conversions and product distributions at studied reaction conditions.
The thermodynamic analysis is done with the Gibbs Free Energy Reactor Unit-Op
(GIBS) of CHEMCAD 7.1.0 chemical process simulation software. GIBS utilizes the
Gibbs free energy minimization method provided that the inlet stream is identified. H,
CHy, CO, COg, glycerol, H,O, C(s), Ny, CoHy and CoHg are the components that are
taken into consideration in the thermodynamic calculations. Feed compositions and

reaction temperatures tested in the activity tests are mimicked in the thermodynamic
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analysis. Thermodynamic limits of COy conversion at the studied reaction conditions
are presented in Figure 4.3. It can be seen that at temperatures below 650°C, COq
conversion cannot be achieved thermodynamically and COy is produced. This is in
accordance with the results of Wang et al. [9], who pointed out that conversion of CO,
is possible at temperatures over 677°C. It can be said that CO, producing reactions
such as CO decomposition (Equation 2.22) or carbon gasification with steam (Equation
2.20) are dominating at lower temperatures, whereas CO, spending reactions such as
RWGS (Equation 2.2) and methane dry reforming (Equation 2.1) are favored at higher
temperatures owing to their endothermic nature. Even though it is thermodynamically
possible to convert COy at 700°C, no CO,y conversion is achieved experimentally at
this temperature, which may be attributed to kinetic limitations, considering that CO,

feed is also low (COy/G = 1).
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Figure 4.3. Thermodynamic limits of carbon dioxide flow rate in the product stream

with respect to temperature (CO2/G = 1).

Product distributions are important as much as reactant conversions when eval-
uating catalytic activity, since it is desired to maximize the yield of syngas while
minimizing unwanted products such as methane, ethylene and ethane. Product dis-
tributions over the samples and in blank tests at four temperatures are tabulated in

Tables 4.1 - 4.5. Analyzing the product distributions, it is observed that both Hy and



49

CO production increases with increasing temperature, as their yields increase continu-
ously with temperature over all samples and blank tests. The increase in syngas yields
with temperature can be explained with favored decomposition (Equations 2.7-2.15),
dry reforming (Equations 2.6 and 2.1) and steam reforming reactions (reverse of Equa-
tion 2.16) that produce Hy and CO. Similar to glycerol conversion, it is noticed that
H, yields increase drastically (almost quadruple) with a temperature increase from 650
to 700 °C over ZrOs supported samples. A similar jump in Hs yields are observed over

CeQOs supported samples when the temperature is increased from 700 to 750 °C.

Syngas ratio (Hy/CO) is also an important parameter, since product selectivi-
ties of Fischer-Tropsch reactions depend on the Hy/CO ratio of the syngas used. As
mentioned earlier, long chain hydrocarbons, carbonyls and carboxylic acids require low
syngas ratios close to 1 [12,22]. In the blank tests, syngas ratios are not affected signif-
icantly by the temperature. At low temperatures, syngas ratio changes between 0.48
and 0.86 depending on the catalyst used. As the temperature increases, syngas ratio
also increases and reaches 1 at 750 °C over all catalysts (Tables 4.1 - 4.5). Dry reform-
ing of glycerol (Equation 2.6) inherently produces a syngas ratio of 0.75. Observation
of syngas ratios that exceed this value suggest the presence of hydrogen producing side
reactions, such as glycerol dehydration, methane steam reforming or methane decom-
position. Moreover, low COs conversions suggest that RWGS reaction does not take

place to its full extent and this results in less Hy converted to CO and H,O.

Table 4.1. Product distributions over Rh/ZrO, at COy/G = 1.

Product Yields (mol/(mol of glycerol fed))
H, | CO| CHs | C;Hy | C;Hg | H,/CO
600 0.42 | 0.49 | 0.082 | 0.018 | 0.0032 0.86

T (°C)

650 0.62 | 0.98 | 0.22 | 0.052 | 0.010 0.63
700 2.58 | 2.38 | 0.36 | 0.0067 | 0.013 1.08
750 2.82 1 2.79 | 0.40 | 0.0015 | 0.0036 1.01
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Table 4.2. Product distributions over Rh/CeO4 at COy/G = 1.

Product Yields (mol/(mol of glycerol fed))
H, | CO| CH; | C;H,; | C;Hg | H,/CO
600 0.19 | 0.39 | 0.078 | 0.019 | 0.0034 0.48
650 0.44 1 0.99 | 0.24 | 0.053 | 0.012 0.44
700 0.70 | 1.44 | 0.42 | 0.073 | 0.016 0.49
750 2.51 | 2.51 | 0.48 | 0.0041 | 0.0069 1.00

T (°C)

Methane, ethane and ethylene are unwanted byproducts that decrease the syngas
yield and may generate the need of separation processes that are costly in industrial
production. Thus, their yields should be minimized by adjustment of operating con-
ditions and employment of a selective catalyst. CH, yield increases with increasing
temperature mainly due to the production of acetaldehyde that further decomposes
to CHy; by Equation 2.15. Since glycerol conversion increases with temperature, CH,
yields also increase. However, when CH, selectivities are examined (Product selec-
tivities over all catalysts and blank tests are presented in Table 4.6), it is observed
that CHy selectivity increases up to a temperature of 650-700°C, depending on the
catalyst used, and then decreases upon further increase in temperature. This shows
that at lower temperatures, CH4 producing reactions such as acetaldehyde decomposi-
tion are dominant, whereas at higher temperatures, CHy is consumed by steam (MSR)
and dry (MDR) reforming reactions as well as methane decomposition. Once methane
is produced, high temperatures are needed for converting it due to its stable nature.
Thermodynamically, MSR and MDR do not take place at temperatures below 620 and
650 °C, respectively [18]. Methane selectivity in the blank tests continue to increase
at higher temperatures (Table 4.6), showing that MSR and MDR cannot take place
homogeneously. Similarly, ethane and ethylene yields peak at 700 °C over all samples,
but start to decrease at higher temperature due to further decomposition or reforming.
The same trend is observed in the blank tests as well, which shows that unlike methane,

decomposition of CoH, and CyHg can take place homogeneously.



Table 4.3. Product distributions over Co/ZrO, at COy/G = 1.

] Product Yields (mol/(mol of glycerol fed))
T o H, | CO | CH, | C;H, | CoHg H,/CO
600 0.29 | 0.42 | 0.074 | 0.017 | 0.0032 0.67
650 0.53 1091 | 0.20 | 0.048 | 0.010 0.58
700 1.66 | 1.91 | 0.42 | 0.050 | 0.017 0.87
750 233231 049 | 0.016 | 0.012 1.01

Table 4.4. Product distributions over Co/CeQOq at COy/G = 1.

] Product Yields (mol/(mol of glycerol fed))
T 0 H, | CO| CH; | C;H, | C;Hg | H,/CO
600 0.17 | 0.31 | 0.054 | 0.016 | 0.0023 0.54
650 0.47 1098 | 0.24 | 0.054 | 0.012 0.48
700 0.80 | 1.44 | 0.41 | 0.072 | 0.016 0.55
750 1.95{11.99| 049 | 0.030 | 0.013 0.98

Table 4.5. Product distributions in the blank tests at CO5/G = 1.

] Product Yields (mol/(mol of glycerol fed))
T 0 H, | CO | CH, | CoH, | C;Hg | H,/CO
600 0.14 | 0.41 | 0.09 | 0.017 | 0.0034 0.34
650 0.37 | 0.81 | 0.19 | 0.044 | 0.0093 0.46
700 0.60 | 1.36 | 0.39 | 0.073 | 0.014 0.44
750 0.72 | 1.52 | 0.51 | 0.079 | 0.012 0.47
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Table 4.6. Product selectivities over all samples and in the blank tests with varying

temperature (COy/G = 1).

T Q) Product Selectivities (mol/mol of glycerol converted)
H2 CO CHs C2oHg4 C2Hs
| 600 2.66 3.11 0.52 0.11 0.020
Q1 650 2.08 3.27 0.74 0.17 0.035
N1 700 3.07 2.84 0.43 0.0080 0.015
© 750 3.10 3.06 0.44 0.0016 0.0040
| 600 1.94 4.01 0.79 0.19 0.034
Q1 650 1.67 3.75 0.90 0.20 0.045
21 700 161 3.31 0.97 0.17 0.036
o 750 2.87 2.87 0.55 0.0047 0.0079
| 600 2.39 355 0.62 0.14 0.027
Q1 650 2.00 3.45 0.77 0.18 0.038
5| 700 2,50 2.87 0.64 0.075 0.025
O 750 2.76 2.75 0.58 0.019 0.014
| 600 2.13 3.95 0.69 0.20 0.030
Q1 650 1.71 3.59 0.88 0.20 0.044
g1 700 1.76 3.18 0.91 0.16 0.035
Ol 750 257 261 0.65 0.039 0.017
600 158 4.60 0.96 0.19 0.038
L1 650 1.71 3.75 0.88 0.20 0.043
S| 700 153 3.48 0.99 0.19 0.036
750 1.49 3.17 1.05 0.16 0.024

Reaction temperature is also an important factor for catalyst deactivation mech-
anisms. Thermodynamically, carbon formation is inhibited at high temperatures as
shown in Figure 4.4. At CO5/G ratio of 1, coke is thermodynamically not observed
at temperatures over 700°C, due to favored carbon gasification reactions (Equations
2.19, 2.20 and reverse of Equation 2.22), which are endothermic. A visual proof of
decreased carbon formation is presented in Figure 4.5. Images of the catalyst beds
including RhZr and a-Al,O3 as diluent were taken after testing at varied operating

temperatures. It can be seen that as the operating temperature is increased amount of
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coke deposited on the catalyst bed decreases as well, as verified by the lighter color of
the bed at elevated temperatures. Moreover, activity loss of the tested samples were
found to be less at higher temperatures as can be seen in Table 4.7, which may stem
from decreased coke deposition. Activity loss is quantified by Equation 4.1, where

1

Fu, 055 1s the molar flow rate of Hy at the first 0.5 hour of the reaction in mol min™,

whereas Fp, 55 is the molar flow rate of Hy after the 5% hour of reaction.
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Figure 4.4. Thermodynamic limits of carbon production with respect to temperature

(CO,/G = 1).

Figure 4.5. Visuals of the spent catalysts at varying reaction temperatures.

Analysis of Table 4.7 shows that acitivity loss of the tested catalysts decrease
as the operating temperatures increase. For example, there is a 37.6% activity loss
over RhZr at 600 °C, whereas no deactivation is observed at 700°C. However, further

increase of the temperature to 750 °C creates an activity loss of 11.7%, which may be
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attributed to sintering of the active metal. Acitivity loss of RhCe also decreases as the
operating temperature increases and at 750 °C, final activity is higher than the initial

activity.

FHQ,O.EJ}Z - FH2,5h

Activity Loss(%) = x 100 (4.1)

Fu,05n

Table 4.7. Activity losses observed over tested samples at varied operating

temperatures (CO2/G = 1).

Activity Loss Based on H2 production (%o)
T (°C
catait CO 600 650 700 750
RhZr 37.6 44.8 0.3 11.7
RhCe 325 17.5 7.4 -7.5
CoZr 61.7 53.5 39.4 -8.2
CoCe 54.1 28.3 45.6 -47.8

The aforementioned results suggest that higher temperatures are favorable for
glycerol dry reforming. Among the temperatures tested, 750°C is the optimum tem-

perature both in terms of glycerol and CO, conversion and synthesis gas production.

4.2. Effect of CO,/G Ratio

Feed composition is another important parameter that affects the reaction mech-
anism and consequently, product distributions. In order to observe the effect of COq
composition in the feed, different CO5/G ratios between 1 and 4 have been tested at
750 °C, which is the optimum temperature for syngas production. Experiments with no
COs in the feed (CO,/G = 0) were also conducted to see the extent of catalytic glycerol
decomposition over all catalyst samples. Effect of CO5/G ratio on glycerol conversions
can be seen in Figure 4.6. A clear trend can be observed over all catalysts showing that

glycerol conversion decreases with increased COs in the feed. This finding is in contrast
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with the published work on methane and ethanol dry reforming reactions that report an
opposite effect [46,77,78]. On the other hand, Siew et al. [10,79] worked on GDR and
reported that glycerol conversion peaked at a CO2/G ratio of 1.67 (98.7%), but then
decreased with increasing CO./G ratio (68.8% at CO,/G = 5), which is comparable
to the results of this study. Interestingly, as shown in Figure 4.6, glycerol conversion
is not affected by the COy composition in the feed in the blank tests and remains at
~48% at all COy/G ratios tested. Thus, the hindering effect of COy presence in the
feed on glycerol conversion is only seen in the presence of catalyst. This result may be
attributed to two things: First, there may be a competition between glycerol and CO4
on the active sites of the catalysts. Second, the decreasing trend of glycerol conversion
with increasing CO5/G may possibly stem from the definition of glycerol conversion
(Equation 3.2). Conversion of glycerol is calculated by applying a hydrogen balance
over the gaseous products, as described in Section 3.4.3 in detail. This definition is
prone to be erroneous since condensable products cannot be included in the calcula-
tions. An increase in COy composition in the feed results in less Hy production, due to
its conversion to HyO via favored RWGS reaction (see Table 4.8). Since the flow rate
of HyO cannot be included in the calculation of glycerol conversion, this may result
in decreased conversions. In order to offset this effect, it was assumed that all of the
converted COy is spent in RWGS reaction to produce HoO and “corrected” glycerol
conversions were calculated. Figure 4.7 shows the “corrected” vs. “original” glycerol
conversions with respect to CO,/G ratios over RhCe sample, which is selected as a
representative of the behavior that is observed over all samples. As can been seen from
the graph, there is a less steep but still decreasing trend of glycerol conversion with

respect to CO2/G ratio. Therefore, the second proposition is ruled out.

Effect of COy/G ratio on COy conversion can be seen in Figure 4.8. Similar
trends are observed over all samples, where there is a steep increase in CO, conver-
sion up to a COy/G of 2, and then it flats out at higher COy/G ratios. A similar
trend of CO4 conversion with respect to COy/G ratio was obtained by Bej et al. [78],
who studied EDR and reported that CO5 conversion increased up to a COy/G of 1.4,
and then decreased with increasing COy/G. According to thermodynamic calculations,

thermodynamic limit of CO, conversion decreases continuously with increasing COy/G
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ratios as shown in Fiugre 4.8. The increase in CO, conversion at lower ratios can be
attributed to the elevated reaction rate due to increased concentration of CO5. How-
ever, at higher ratios, COq conversions approach the thermodynamic limit (especially
in the case of RhZr), which slows down the reaction rate and COy conversions cannot
increase any further. In fact, a small decrease in CO4 conversion over RhZr is visible as
CO4/G is increased from 3 to 4 (3% decrease) and it should be noted that RhZr gives
CO; conversions closest to thermodynamic limits among the other samples. CoZr and
CoCe give the lowest CO, conversions which are ca. 35% lower than the thermody-
namic limit and COq conversions continue to increase slightly (1% increase) at CO,/G

ratio of 4 over these samples.
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Figure 4.8. CO4 conversions with respect to COy/G ratio at T=750°C.

Product distributions with respect to COy/G ratios over RhZr, RhCe, CoZr and
CoCe catalysts and results of the blank tests are presented in Tables 4.8-4.12, respec-
tively. A decrease in hydrogen yields and an accompanying increase in CO yields are
observed with increased CO5 in the feed over all samples. This trend can be observed
for RhZr sample in Figure 4.9. The simultaneous decrease in Hy and increase in CO
can be attributed to the presence of RWGS reaction, which shifts towards products
side with increased COy composition in the feed due to Le Chatelier’s principle. It can

be concluded that lower CO,/G ratios are favorable for hydrogen production, whereas



58

higher CO4/G ratios should be applied for CO production.
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Figure 4.9. Hy and CO yields over RhZr with respect to COy/G ratio at T=750°C.

Behavior of methane and C, hydrocarbons depend on the catalyst that is em-
ployed. Over Rh based samples, it is observed that CHy and Cs, yields decrease as
COy feed increases. The decrease in CH, yields can be explained with favored MDR
reaction (Equation 2.1). Similarly, Cy hydrocarbons seem to be further decomposed
into hydrogen and CO at higher CO, composition in the feed. This can be attributed
to the increased oxygen in the system that is provided by CO,. It has been shown
by many studies that increased CO; in the feed helps gasification of deposited carbon,
since COy is reduced to CO and the released oxygen oxidizes the surface carbon [22].
Similarly, the released oxygen may help in the oxidation of Cy hydrocarbons. On the
other hand, yields of methane, ethane and ethylene does not show a clear decreasing
trend over Co based catalysts. Moreover, CoZr and CoCe samples give methane yields
that are always higher than RhZr and RhCe samples. This shows that Co based cat-
alysts are not as active as Rh based catalysts in methane dry reforming. This result
is in accordance with the findings of Ferreira-Aparicio et al. [80], who tested various
transition metals including Rh and Co supported over alumina and silica, and reported
that activity of Rh based samples were higher than Co based samples supported on

both alumina and silica.



Table 4.8. Product distributions over Rh/ZrO, at T=750°C.

Product Yields (mol/(mol of glycerol fed))
CO,/G

H2 CcO CH4 CzH4 C2H6 Cz
0 3.34 | 2.46 | 0.33 0 0.0021 0.0021
1 2.82 279 | 0.40 | 0.0015 | 0.0036 0.0051
2 2.64 | 3.16 | 0.32 | 0.00018 | 0.0025 0.0027
3 2.50 | 3.47 | 0.28 | 0.00038 | 0.0012 0.0016
4 2.24 | 3.55 | 0.28 | 0.00063 | 0.0013 0.0020

Table 4.9. Product distributions over Rh/CeO4 at T=750°C.

C0,/C Product Yields (mol/(mol of glycerol fed))
H, | CO | CH, | C;H, | C;Hg C,
0 291 |2.09 | 0.47 | 0.0041 | 0.0070 0.011
1 2.51 | 2.51 | 0.48 | 0.0041 | 0.0069 0.011
2 224|274 | 0.45 | 0.0025 | 0.0072 0.0097
3 2.02 | 2.84 | 0.44 | 0.0023 | 0.0068 0.0091
4 1.77 1293 | 0.38 | 0.0025 | 0.0046 0.0071

Table 4.10. Product distributions over Co/ZrO, at T=750°C.

Product Yields (mol/(mol of glycerol fed))
CO,/G
H2 CcO CH4 C2H4 C2H6 Cz
0 2.55 | 2.11 | 0.45 | 0.0090 | 0.0093 0.018
1 233 (231|049 | 0.016 | 0.012 0.028
2 2.17 1 2.35| 0.46 | 0.0081 | 0.0095 0.018
3 203 |235] 045 | 0.011 | 0.0089 0.020
4 1.93 | 2.44 | 0.44 | 0.0090 | 0.0094 0.018
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Table 4.11. Product distributions over Co/CeO4 at T=750°C.

Product Yields (mol/(mol of glycerol fed))
CO,/G
H2 CcO CH4 CzH4 CzHG Cz
0 2.63 194 | 047 | 0.012 | 0.011 0.023
1 1.95 1199 | 0.49 | 0.030 | 0.013 0.042
2 1.96 | 2.16 | 0.46 | 0.020 | 0.011 0.031
3 1.77 1 218 | 0.45 | 0.032 | 0.013 0.044
4 1.61 | 2.47 | 0.47 | 0.022 | 0.010 0.033

Table 4.12. Product distributions in the blank tests at T=750°C.

Product Yields (mol/(mol of glycerol fed))
H, | CO | CH, | C;H, | C2Hg C,

0 0.73 | 1.55 | 0.48 | 0.081 | 0.012 0.092

1 0.72 | 1.52 | 0.51 | 0.079 | 0.012 0.091
0.75 1 1.60 | 0.48 | 0.082 | 0.012 0.095
0.73 | 1.54 | 0.46 | 0.081 | 0.012 0.094
0.74 | 1.54 | 0.47 | 0.079 | 0.012 0.091

CO,/G

W | N

4.3. Effect of Active Metal

Two active metals, namely rhodium and cobalt, are tested for their activity in
glycerol dry reforming. Since highest CO, conversion is observed at the COy/G ra-
tio of 4 and temperature of 750°C, comparison of these catalysts are done at these
conditions. Figures 4.10 and 4.11 give glycerol and COs conversions over Rh and Co
catalysts supported on ZrOy and CeQO,, respectively. When the figures are observed,
an interesting trend stands out such that glycerol conversions stay almost unchanged

regardless of the active metal, whereas COy conversions change drastically. RhZr gives
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a COy conversion of 20.1%, whereas CO, conversion over CoZr is 6.2%. The same
trend is observed on both supports. Thus, it can be suggested that glycerol conver-
sion depends on the type of support, whereas CO, activation takes place on the active
metal and Rh is better in COy activation compared to Co. However, there is a strong
agreement in the literature that activation of CO5 occurs not only on the active metal,
but rather on the support or the interfacial sites of the catalyst [81,82]. It is possible
that Rh is better dispersed on the studied supports compared to Co, which may result
in increased number of interfacial sites between the active metal and support. In ad-
dition, CO4 conversion capability of Rh has been proved by Puolakka et al. [83], who
studied dry reforming of n-heptane over noble metal catalysts and reported the highest

COy conversions over Rh based samples compared to other noble metals.
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Figure 4.10. Glycerol and CO, conversions over Rh and Co supported on ZrO,
(T=750°C, CO5/G = 4).

A comparison of product distributions over Rh and Co based samples can be
seen in Table 4.13. At nearly same glycerol conversions, Hy and CO yields observed
over RhZr are greater compared to CoZr. On the contrary, CHy yields given by RhZr
are remarkably lower. This is an indication of higher performance of Rh in methane

activation, either by dry reforming or steam reforming reactions. Superior activity of
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Figure 4.11. Glycerol and COs conversions over Rh and Co supported on CeO,
(T=750°C, CO2/G = 4).

Rh in MDR was also mentioned in Section 4.2. It has also been reported that Rh is
more active compared to Co in methane steam reforming and glycerol steam reforming
reactions [69]. Moreover, Liao et al. [84] studied the total dissociation enthalpy of
methane on various metals and reported that total dissociation enthalpy of methane
was the lowest on Rh compared to other noble metals. It is also noticeable that
formation of C, hydrocarbons are much less over Rh supported samples compared to
Co supported samples (tenfold difference between RhZr and CoZr). This is an expected
result considering the C-C and C=C bond breaking capacity of Rh [70]. Both methane
and Cs hydrocarbons are actively converted over Rh based catalysts, which results in
higher Hy and CO yields. Although total moles of syngas are higher over Rh based
catalysts, syngas ratios are lower over these samples compared to Co based catalysts.
This is due to lower CO5 conversions observed over Co based samples, which indicates

that RWGS took place at a lower extent and less H is converted CO.

In the light of these findings, it can be concluded that Rh is superior to Co in

glycerol dry reforming reaction both in terms of CO, conversion and syngas yield.
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Table 4.13. Product distributions over tested catalysts (T=750°C, CO,/G = 4).

Product Yields (mol/(mol of glycerol fed))
H, | CO | CH,| CoH, | C;Hg | C; | H;/CO
RhZr 2.24 1 3.55 | 0.28 | 0.00063 | 0.0013 | 0.0020 0.63
CoZr 1.93 | 2.44 | 0.44 | 0.0090 | 0.0094 | 0.018 0.79
RhCe 1.77 1293 | 0.38 | 0.0025 | 0.0046 | 0.0071 0.60
CoCe 1.61 | 247 | 0.47 | 0.022 0.010 | 0.033 0.65

Catalyst

4.4. Effect of Support

Rh and Co metals are supported on two different supports, namely ZrOs and
CeOs in order to compare the effects of these supports on catalytic activity. Glycerol
and CO, conversions given by ZrO, supported and CeOs supported samples are pre-
sented in Figures 4.12 and 4.13, respectively. It is observed that both glycerol and COq
conversions are higher over Rh supported on ZrOs, compared to RhCe. As mentioned
earlier, glycerol conversions are not affected significantly by the type of active metal,
but the type of support has a significant effect on glycerol conversion as X decreases
from 70.4 to 63.6% over RhZr and RhCe, respectively. Observing Co based samples,
Figure 4.13, the same can be said about glycerol conversions. However, changing the
support has no effect on CO4 conversions over these samples. Combined with the fact
that effect of temperature on glycerol conversion changed based on the type of support
as mentioned in Section 4.1 (Figure 4.1), these findings suggest that activation of glyc-
erol is affected significantly by the type of support, whereas COs conversions depend

on the type of active metal.

A glance over the product distributions given in Table 4.13 confirms the superi-
ority of ZrOy over CeQOs. It can be seen that, regardless of the active metal, both Hy
and CO yields are higher over samples supported on ZrO,. This may be attributed
to higher glycerol conversion over these samples. Additionally, yields of CH; and C,

hydrocarbons are lower over ZrOs supported samples although glycerol conversion is
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Figure 4.12. Glycerol and CO, conversions over Rh catalysts supported on ZrO, and
CeOs (T=750°C, COy/G = 4).
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Figure 4.13. Glycerol and CO, conversions over Co catalysts supported on ZrO, and

CeO, (T=750°C, CO,/G = 4).
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higher, which suggests that conversion of these products into Hy and CO is promoted

over these samples.

Both ZrOy and CeO4 are promising supports for dry reforming reactions, due to
their good O-transfer properties. The oxygen deficiencies on ZrO, helps dissociation of
CO4 into CO and O, which oxidizes the surface carbon [31-33]. Moreover, monoclinic
phase of ZrO, is thermally stable up to a temperature of 1200°C [85]. CeO; is a
support with excellent oxygen storage capacity, which creates an oxygen reservoir that
helps gasification of deposited carbon [30,86]. The difference between the activities of
the supports may be attributed to the difference in the level of dispersion of the active
phase. It has been reported by Yokota et al. [34] that dispersion of Rh on ZrO, was
higher compared to Rh/CeQO,. Similarly, it was reported by Wang and Ruckenstein
that for the same metal loading, metal surface area of Rh on ZrO, was [35] higher
compared to Rh on CeO,, which also resulted in higher conversions and yields obtained

over Rh/ZrOs,.

4.5. Stability Tests

Dry reforming reactions typically operate at harsh conditions (like high temper-
atures to overcome thermodynamic restrictions and high carbon content in the feed).
Therefore, catalyst deactivation due to carbon deposition and sintering is a major is-
sue in dry reforming reactions. Coke deposition is the primary challenge in glycerol
dry reforming reaction, since glycerol decomposition, dehydration and dehydrogena-
tion as well as CO disproportionation and CH,; decomposition can all be responsible
for coke accumulation on the catalyst. It is shown by thermodynamic calculations
that carbon formation decreases at increased temperatures (Figure 4.4). Amount of
carbon deposition can also depend on the characteristics of support and active metal.
To observe the extent of deactivation on the catalysts in an extended reaction period,
24 h time-on-stream (ToS) tests have been performed over RhZr, RhCe, CoZr and
CoCe samples. The tests have been conducted at the harshest conditions (T=750°C,
CO2/G = 4). Higher CO5/G ratios may be good for gasification of the deposited

carbon, but higher amount of COy in the feed results in more H,O production due
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to RWGS and presence of Hy,O is known to promote metal sintering. The change in
COg conversions with respect to TOS is presented in Figure 4.14. Conversion of COq
drops significantly over the first 5 hours over RhZr where it decreases from 29% to
20%, but then remains constant throughout the reaction period. A similar initial drop
is apparent over CoZr, where conversion changes from 9.7% to 6.5% over the first 3.5
hours. No such initial deactivation is observed over the CeO, supported samples. It is
possible that the active metal is getting partly encapsulated by ZrO, in the first few
hours. It has been reported that partial encapsulation of the metal is observed over
highly reducible supports such as TiOg, ZrOy and LayOg, especially when the metal
is highly dispersed [87]. Another possibility is metal sintering, which is promoted at
high temperatures. Going back to Table 4.7, it can be seen that RhZr suffers from
some activity loss at 750°C with a CO4/G of 1, whereas no deactivation is observed
at 700°C. The degree of initial deactivation is higher in the stability test, in which
the CO4/G ratio is also higher. The initial deactivation can also be attributed to coke
deposition, but this is unlikely considering that there is no significant change in CO4

conversions after the initial deactivation period over RhZr sample.
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Figure 4.14. CO4 conversions over tested samples with respect to ToS. (T=750°C,
CO;/G =4).
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Table 4.14. Resuts of time-on-stream tests over the tested samples (T=750°C,

CO,y/G = 4).
Time (h) Product Yields (mol/(mol glycerol fed)) Xco, X,
H2 CO CHa C

i 0.5 2.61 3.94 0.11 0.00 29.0 69.7
= 7 2.12 3.41 0.34 0.0024 20.2 69.8
- 23 2.11 3.37 0.34 0.0024 18.2 69.9
o 0.5 1.79 2.99 0.45 0.011 13.5 67.7
Q 7 1.90 3.21 0.45 0.0088 14.5 70.4
o 23 1.94 3.02 0.45 0.010 13.1 717
_ 0.5 1.86 2.72 0.42 0.012 9.7 68.1
S 7 2.12 2.74 0.47 0.016 5.9 77.4
© 23 2.01 2.49 0.46 0.024 5.3 74.5
o 0.5 1.48 2.27 0.43 0.044 2.1 52.6
Q 7 1.64 2.28 0.46 0.046 4.1 69.2
© 23 1.44 2.07 0.46 0.059 0 62.2

It can be seen from the CO, conversion trends that Rh based samples show higher
stability compared to Co based samples. Approximately 2% drop in CO, conversion
is observed over CoZr after the initial deactivation period. A more significant deac-
tivation is observed over CoCe sample, where COy conversion drops from 4.2% to 0
in the last 14 hours of the reaction. Similarly, glycerol conversions show a 3% and
7% decrease over CoZr and CoCe, respectively, in the last 16 hours of the reaction,
whereas no change is observed over Rh based samples. The deactivation of Co based
samples can be attributed to coke formation or sintering of the metal particles. It
is known that noble metals are more resistant to carbon deposition than non-noble
metals. It has been shown by Hou et al. [23] that significant amount of coke was ob-
served on Co/Al,O3 catalyst, whereas there was no carbon deposition on Rh/Al,O3
DRM at 800°C. Moreover, Cheng et al. [67] reported that acidic/basic site ratio of
the catalyst increased upon impregnation of cobalt on Al,O,. Acidity can be a cause
of carbon formation, since it is known that carbon formation is favored on the acid

cites of the catalyst [22]. Another possibility is sintering of the active metal, which is
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likely considering that operating temperature is high. Table 4.14 shows the product
yields and reactant conversions over the samples at the 0.5, 7 and 23" hours of the
reaction. It is evident from the table that, both in terms of Hy and CO yields and

reactant conversions, highest deactivation is observed over CoCe sample.

4.6. Catalyst Characterizations

Fresh reduced and spent catalysts are characterized with SEM and XRD analyses
in order to have an insight on the physical and chemical characteristics of the samples.

Moreover, surface areas of the supports have been determined via BET analysis.

4.6.1. Results of BET Analysis

Results of the BET analysis on prepared supports are given in Table 4.15. It is
revealed that both ZrO, and CeO, have low surface area, which is expected consider-
ing the high calcination temperature (800°C). Our results are similar to the results
published by Zhao et al. [88], who reported that surface area of ZrO, depended sig-
nificantly on the calcination temperature. According to their results, ZrO, calcined at
800°C had a BET surface area of 15 m?/g [88]. Moreover, da Silva et al. [49] used the
same method for preparing CeOs that is used in this study and reported the surface
area of the support as 14 m?/g. The results show that ZrO, has a higher surface area,
though slightly higher, compared to CeO,, which may result in enhanced dispersion of

the active metal on ZrOs.

Table 4.15. Results of BET analysis on prepared supports.

Support | Surface Area | Pore Volume | Average Pore Size
(m?/g) (cc/g) (A)
AL 16.3 2.59 x 1072 16.2
CeO, 10.2 1.76 x 1072 15.0
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4.6.2. Results of SEM Analysis

SEM images of reduced and spent samples are taken to observe any physical
changes that may occur during the course of reaction. The active metal could not be
detected in the reduced and spent samples of RhZr, RhCe and CoZr. Moreover, no
visible change on the surface of the catalysts is observed between reduced and spent
samples, such as coke deposition, as shown in Figure 4.15. Co particles, however,
can be observed on both reduced and spent samples when supported on ceria, as can
be seen in Figure 4.16. Particle diameters are measured as 47.01 and 47.40 nm in
reduced and spent samples, respectively, which suggests that no apparent sintering or

agglomeration of the active phase took place during the tests.

4.6.3. Results of XRD Analysis

X-ray diffraction analysis is performed on fresh and reduced samples of CoZr and
CoCe and the diffraction peaks of the samples are given in Figures 4.17 and 4.18. Rh
based samples are not objected to XRD analysis since the low lading of Rh (1 wt.%)
results in very small particle sizes that are invisible to XRD [86,89,90].

The zirconia used in this study exhibited peak characteristics of monoclinic struc-
ture, whereas ceria exhibited peak characteristics of cerianite structure. The diffraction
peaks at 260 of 44.2°) 51.5° and 75.9° belong to metallic cobalt, and other peaks belong
to supports. No additional peaks are observed on the spent samples, which shows
that no new phases appeared during the reaction. Moreover, it is observed that cobalt
stayed in metallic phase and was not oxidized throughout the reaction, as no peaks

that belong to Co3Qy is observed on the spent samples.

Crystallite sizes (7) of the detected cobalt phase is calculated by using Scherrer
Equation as given in Equation 4.2, where K is the shape factor (0.9 for spherical
crystals), A is the wavelength of the x-ray (1.54 A), 3 is the full width at half maximum
(FWHM) and 6 is the angle in radians. Calculated average crystallite sizes for Co from
the diffraction peaks of the (1 1 1) plane are presented in Table 4.16. The results suggest
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Figure 4.16. SEM images of reduced (al) and spent (b1) Co/CeO5 samples ((a2) and

(b2) are close-ups of reduced and spent samples, respectively).
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Figure 4.17. X-ray diffraction peaks of reduced and spent Co/ZrO, samples (Peaks

marked with 4 are diffraction peaks associated with metallic cobalt).
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Figure 4.18. X-ray diffraction peaks of reduced and spent Co/CeO, samples (Peaks

marked with 4 are diffraction peaks associated with metallic cobalt).
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that average crystallite size of cobalt supported on zirconia is lower compared to ceria
suported samples. This may indicate some sort of interaction between Co and ZrO,
leading to smaller crystallite size. Xiong et al. [91] studied the effect of metal loading
of Co on the dispersion and crystallite size of Co/AlyO3 catalysts and reported that
increasing Co loading resulted in increased crystallite size. A simultaneous decrease
in dispersion was observed in the study with increased metal loading. Their findings
suggest that there may be a relationship between metal crystallite size and metal
dispersion.
KX\ 180°

~ Beos(9) T (42)

T

Table 4.16. Results of XRD analysis on Co based samples.

Sample 20 Crystallite
Size (A)
Co/Zr0Os, reduced 44.26° 175
Co/ZrOs, spent 44.32° 152
Co/CeOy, reduced 44.26° 217
Co/Ce0q, spent 44.30° 277
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5. CONCLUSION

5.1. Conclusions

The objective of this study is to synthesize and test the activity of Rh and
Co based catalysts supported on ZrO, and CeOs; in glycerol dry reforming. 1 wt.%
Rh/ZrO, (RhZr) and, 1 wt.% Rh/CeOs (RhCe), 5 wt.% Co/ZrO, (CoZr) and 5 wt.%
Co/Ce0y (CoCe) catalysts have been prepared by the incipient-to-wetness impreg-
nation method. An experimental system has been constructed in order to test the
synthesized catalysts at varying temperatures and COs/G ratios. The effect of opera-
tional parameters as well as type of active metals and supports has thus been observed.

The main conclusions drawn from the results of the study are listed as follows:

e Rh/ZrO, shows the best performance among the prepared catalysts, both in
terms of reactant conversions and syngas yield.

e Maximum COy conversion (23.1%) is observed over Rh/ZrO, at 750°C with a
CO4/G ratio of 3. Maximum Hjy yield (2.82 mol of Hy per mol of glycerol fed)
in dry reforming conditions is observed over the same catalyst at 750 °C with a
CO/G ratio of 1.

e Activities of the tested catalysts based on COs conversion are decreasing in the
order of: RhZr > RhCe > CoZr ~ CoCe. If syngas production is taken as the
basis, CoZr is more selective towards syngas than CoCe and the order becomes:
RhZr > RhCe > CoZr > CoCe.

e Rh based catalysts show considerably higher CO, conversions, while glycerol
conversions do not change significantly upon changing the active metal.

e Over the same support, Rh based catalysts are more selective towards Hy and
CO but less selective towards CH4 and Cy hydrocarbons compared to Co based
catalysts.

e Changing the support does not have a significant effect on COs conversions,
but glycerol conversions change based on the type of support. Higher glycerol

conversion are observed over ZrOy compared to CeO,. The effect of support on
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glycerol conversion is also observed upon examining the temperature trends. A
jump in glycerol conversion is observed at 700°C over ZrOs supported samples,
whereas a similar jump is observed over CeO, supported samples at 750 °C.
71O, supported samples are more selective towards Hy and CO compared to CeOq
support samples if the same active metal is used.

Reaction temperature has a significant effect on the extent of reaction. Both
glycerol and CO, conversions increase with increasing temperature.

Conversion of glycerol is observed in the blank tests, reaching 48% at a tempera-
ture of 750 °C. This shows that homogeneous glycerol decomposition takes place
to a significant extent. Detected products of glycerol decomposition are Hy, CO,
CHy, CyH, and CoHg.

No CO; conversion is observed over any catalysts at temperatures below 750 °C
at a CO2/G ratio of 1. COq conversion is not observed over Co based samples at
any of the temperatures tested at a CO5/G ratio of 1.

Syngas yields increase with increasing temperature over all catalysts and in the
blank tests.

CH, yields increase with increasing temperature over all catalysts and in the
blank tests. However, selectivity towards CHy first increases, then decreases with
increasing temperature. This shows that methane is converted via MDR or MSR
at elevated temperatures.

Both thermodynamic studies and visuals of the spent catalysts show that coke
deposition decreases with an increase in the reaction temperature. Moreover,
percent activity loss of the catalysts commonly decrease at higher temperatures.
Molar Hy/CO ratio of the produced syngas changes between 0.5 and 1. It is
observed that syngas ratio increases with increasing temperature and decreases
with increased CO,/G.

Increasing the CO5 content in the feed by increasing the CO,/G ratio results in
a decrease in glycerol conversions.

COs conversion increases with CO,/G ratios up to 2 over all samples. At higher
ratios, COy conversion plateaus and a slight decrease in COy conversion is ob-

served over RhZr catalyst as the CO5/G is increased to 4.
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As the CO2/G ratio increases, Hy yields decrease, whereas CO yields increase.
This suggests that RWGS reaction is favored with increased COs content in the
feed.

CH, yields decrease as COy/G increases over RhZr and RhCe samples. However,
no such trend is observed over CoZr and CoCe samples. This suggests that MDR
is catalyzed by Rh based catalysts, whereas activity of Co for MDR is low.
BET analysis revealed that surface area of the prepared supports are 16.3 and
10.2 m?/g for ZrOy and CeO,, respectively.

24 h time-on-stream tests revealed that Rh based samples do not lose their activity
after an initial deactivation period. Co based samples are less stable compared
to Rh based samples, but no significant deactivation is observed on any of the

samples.

5.2. Recommendations

Effect of COy/G ratios can be observed at lower temperatures (such as 700 °C)
to see if CO4y conversion is possible at lower temperatures.

Metal loadings of the prepared catalysts can be varied to see its effect on catalytic
activity.

Effect of catalyst preparation parameters such as preparation method or calci-
nation temperature can be studied to find the optimum parameters for catalytic
activity.

Nickel is known to be a good reforming catalyst, which is also cost effective.
Ni can be used as an active metal and its activity can be compared with the
tested catalysts. Among noble metals, ruthenium is a promising active metal for
reforming reactions. Ru can also be tested as an active metal.

Effect of a promoter can be evaluated by addition of small amount of various
promoters on the tested catalysts. K, Mn, Ca, Mg, La are commonly added
promoters in dry reforming reactions. Besides, Rh can be used as a promoter on
the supported Co catalysts and their activity can be compared with monometallic

Rh catalysts.
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e More characterizations can be done in order to gain more insight about physical
and chemical properties of the prepared and tested samples. TEM analysis can
be done to measure the metal particle sizes before and after the reaction, which
could not be detected with SEM analysis except for Co/CeOs. Moreover, TGA
analysis can be done to quantify the amount of coke deposited on the samples
during the reaction.

e Effect of reactor configuration can be observed by conducting tests with packed

and coated microchannel reactors.
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Figure A.2. MFC calibration curve for COs.
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APPENDIX B: CALIBRATION CURVES OF GCs
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Figure B.2. GC calibration curve for nitrogen.
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Figure B.5. GC calibration curve for carbon monoxide.

B.2. Calibration Curves for Agilent GC - 6850
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Figure B.6. GC calibration curve for carbon dioxide.
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Figure B.7. GC calibration curve for ethylene.
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Figure B.8. GC calibration curve for ethane.





